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Abstract:

In this project, a point-source hot potas-
sium carbonate (HPC) carbon capture sys-
tem, based on CapSol’s End-of-Pipe sys-
tem was modelled in Aspen Plus V12.1.
The aim of the project was to find the oper-
ating conditions in which the HPC system
performs the best, as well as publicise in-
formation that enables easier comparison
of this system to similar carbon capture
systems.

The model was a rate-based, steady state
model and was validated by comparing
the reaction equilibrium to experimental
data. The model diverged by 14% to 17%
from the data and had a maximum tem-
perature of 120 °C at places reactions are
simulated.

It was concluded that the HPC system can
function on electric power and cold utility,
along with some makeup water and ab-
sorbent, with an efficiency at 24 wt.% CO
(approx 16 mol%) flue gas of 915 kJ/kg
CO; power and 993 kJ/kg CO> cold util-
ity, with significant efficiency drops at low
CO; concentrations.

Other investigations include how the re-
generator, absorber and lean flash box
pressure affect the system, as well as the
sensitivity of the flash box pressures with

regards to the system capture rate.
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Chapter 1

Introduction

Since the first Industrial Revolution, the global output of greenhouse gases, espe-
cially carbon dioxide, has been increasing each decade [1]. This almost continuous
increase has resulted in the current output of carbon dioxide (CO,), currently be-
ing estimated to be over 700 times higher than it was just 200 years ago [2]. This
is a troubling trend, as it is well documented that CO,, along with other green-
house gases, are responsible for climate change [3][4][5]. Curbing this increase in
emissions is, therefore, necessary if the effects of climate change are to be limited.
This is further outlined by the international treaty on climate change named The
Paris Agreement [6], which is currently signed by 196 parties, that concludes that
the global temperature increase, compared to before the first Industrial Revolution,
shall be "well below 2 °C" and preferably below 1.5 °C [7].

One method of reducing emissions is point source carbon capture (PSC), which
captures CO, before it leaves the chimney of the factories and power plants that
produce it. This is particularly important in industries, that cannot remove CO,
emissions by electrifying the process or where electrification is impossible, such
as cement plants, chemical plants and power plants. Once captured, the CO; can
either be stored to directly prevent it from entering the atmosphere or utilized for
green fuels or in chemical plants, as a replacement for fossil fuels, to indirectly
prevent further emissions.

However, carbon capture (CC) is currently a highly energy consuming process,
making it both expensive and less climate friendly. New CC technologies that have
higher efficiencies are, therefore, desirable, to reduce the carbon footprints of the
systems and to incentivize companies to invest in carbon capture technologies. The
aim of this report will be to investigate one such upcoming technology and provide
insight into its workings, energy and capture efficiency, and discern in what use
cases this system might outperform comparable state of the art CC technologies.



Chapter 2

State of the Art

As there are large differences in how different carbon capture technologies func-
tion, a single technology will be chosen for analysis in this report. To select a
technology a state of the art analysis is made to ascertain what technology would
be most relevant.

2.1 Liquid Chemical Absorption Technologies

Liquid chemical absorption technologies are mostly identical in function, with an
absorber utilizing a gas-liquid contactor for absorption and a separate tank with
either higher temperature or lower pressure for desorption. These technologies are
currently the most widely used in point source carbon capture, with amine sor-
bents making up the majority of plants. But other liquid chemical carbon capture
technologies are now reaching maturity, some with advantageous properties when
compared to amine sorbents.

211 Liquid Amine Technologies

Liquid amine sorbents are chemical sorbents that often operate using a tempera-
ture swing, meaning the difference between absorption and desorption is caused
by a temperature change. Advantages of amine technologies are the maturity of the
technology and high capture rates even at low CO, weight percentages (wt.%). But
downsides include high energy requirements, due to a strong chemical amine-CO,
bond and the temperature swing, along with most types of amines forming air-
borne carcinogenic compounds when exposed to oxygen, resulting in additional
cleaning requirements for the flue gas, increasing the total cost of the plant [38].
Furthermore, amines are corrosive[9] and often expensive, increasing the OPEX as
constant sorbent makeup is needed. Some of these issues have been attempted
mitigated, by designed various types of amine sorbents that can have properties
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such as weaker amine-CO; bonds to lessen the energy consumption, less evap-
oration to lower the cleaning requirements or lower solvent degradation rates to
lessen the replenishment rate. So while amine plants using amines such as mo-
noethanolamine (MEA) have a theoretical minimum consumption of about 3 GJ/-
tonne CO, captured [10], plants with new types of amine sorbent have reached a
theoretical consumption of only 2 GJ/tonne CO; [11], making them competitive
with many emerging CC technologies. MEA amine technologies have a technol-
ogy readiness level (TRL) of 9, according to EU’s Horizon 2020 definition [12],
whereas the new generation of amine processes with lower energy consumption,
often named advanced amine systems, have a TRL of 8 [13].

2.1.2 Potassium Carbonate Technologies

Potassium carbonate has wide use cases in new carbon capture technologies, being
used both as an absorbent and as a product when potassium hydroxide is used
as absorbent. In point source capture, potassium carbonate is most often used as
the absorbent, as potassium hydroxide has strong binding force to CO,, requiring
large amounts of energy and high temperatures to desorb again. In contrast, the
weak binding energy of potassium carbonate, allows for low energy desorption of
CO; [14], at the cost of a low rate of reaction, which means potassium carbonate
systems tend to be larger than those of other carbon capture technologies. Further-
more, potassium carbonate can be considered corrosive to steel and some other
common building materials, increasing the importance of material considerations
when designing such a system. This can, however, mostly be negated by using
corrosion inhibitors [15].

Due to the low rate of reaction, companies utilizing potassium carbonate tech-
nologies have to find ways to increase the capture rate in the absorber, in order
to decrease the system size and make potassium carbonate viable as an absorbent,
while also ensuring the absorbent does not destroy the system.

One such company is Capsol with their Capsol End-Of-Pipe system, which use
pressure swing absorption to capture CO, using potassium carbonate. This system
has internal heat generation, making it use only electricity and reportedly consume
between 0.7 and 1.2 GJ/tonne CO; depending on the CO;, wt.%[16], though this
is electrical energy instead of heat energy. Their first large scale plant is currently
being built in Sweden, which would bring their TRL to a 9 [17].

Another solution is proposed by the company Saipem called Bluenzyme, that
use an enzyme named "Carbonic Anhydraze" to decompose the CO, molecules.
This changes the the chemical equilibrium so that CO, can be absorbed by the
potassium carbonate at low pressures and temperatures [18]. If this manages to
achieve high capture rates at low pressure and temperatures, it could potentially
become a leading capture technology in terms of energy efficiency. They have a
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medium scale plant designed, bringing it to a TRL of 7, but nothing but test sites
are yet to be built and larger scale systems are still being designed [13].

Lastly, some solutions use potassium hydroxide as a sorbent. While it is primar-
ily used in direct air capture due to its high reaction rate with CO; at atmospheric
conditions, it is also seeing use in experimental point source capture by the group
ConcenCUS. ConcenCUS is funded by EU’s Horizon 2020 Research and Innova-
tion program and aims to negate the high temperature requirement of calcining
potassium carbonate by using electrochemical desorption [19]. The first test of this
technology in a relevant environment is currently being built, which will bring it
to a TRL of 6.

2.1.3 Chilled Ammonia Technologies

Carbon capture using chilled ammonia as a sorbent is another emerging technol-
ogy. It often relies on a temperature swing for absorption/desorption, by cooling
the ammonia down to 2-10 °C before entering the absorber and then subsequently
heating it, before it enters the desorber to release concentrated CO,, much akin
to amine processes, but with different temperature ranges. Chilled ammonia can
allegedly reach higher efficiencies than classic amine technologies, as the chemical
bond between ammonia and CO, is weaker than many amine-CO, bonds, with a
specific heat duty of 2.46 GJ/tonne CO, [20] compared to approximately 3 GJ/-
tonne CO; for classic amines such as MEA [10]. But as mentioned earlier, new
types of amines are being developed, some of which report specific heat duties
below 2 GJ/tonne CO; [11], making chilled ammonia less efficient comparatively.
But according to Baker Hughes, a company currently designing a chilled ammonia
capture plant, chilled ammonia is very efficient at low mass percentages of CO,
[21], something many new types of amines struggle with, potentially creating a
niche for chilled ammonia to fill.

Other advantages for chilled ammonia include lower sorbent cost, potentially
lower CAPEX due to lower temperatures and pressures, no toxic emissions and
high CO; output pressure and concentration, reducing requirements for subse-
quent CO; cleaning and pressurisation/liquefaction [13]. Baker Hughes currently
has the technology at a TRL of 7 [21].

2.2 Solid Adsorption Technologies

Solid adsorption technologies have been under development for several decades,
but have suffered from low capture rates, low outputted CO, concentrations and
fast sorbent degradation. But recently, advances in material sciences have led to
materials with very advantageous properties, that may make solid adsorption a vi-
able contender, often through materials such as zeolite 5A, zeolite 13X and metal-
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organic framework (MOF), by having very selective and efficient adsorption, that
can use a pressure swing for desorption [22]. Both zeolites and MOF’s are microp-
orous structures, that instead of reacting chemically with CO,, selectively captures
the CO, molecules perfectly within its structure. This means there is no chemical
bond that has to be broken, potentially making desorption very efficient. Fur-
thermore, as no toxic chemicals are involved it is non-toxic and the entire adsorp-
tion/desorption sequence could happen in a matter of minutes instead of hours,
possibly allowing for smaller system sizes, as much less sorbent is needed [23]][24].

No sources could be found on the efficiency of said systems, making the alleged
"high efficiency" difficult to compare, but the new generation of this technology
appear to be at a TRL of 5-6.

2.3 Cryogenic Technologies

Cryogenic technologies function by cooling or depressurising the flue gas till the
CO; condenses or freezes, allowing for easy and highly selective separation. Cryo-
genic capture is known for being energy intensive, but saves energy on liquefaction
and can achieve capture rates above 99%, several companies are therefore investi-
gating this technology. Some companies, such as Chart Industries, are designing
plants using only cryogenic capture. In Chart Industries Cryogenic Carbon Cap-
ture (CCC) system, the entire flue gas stream is cooled till the CO, condenses,
allowing for separation, which they allege is energy efficient due to their heat in-
tegration [13].

But other companies, such as Air Liquide with their Cryocap system and Linde
with their HISORP system, use a combination of carbon capture technologies to
reduce the energy consumption. Their systems are designed to first capture a high
percentage of the CO, using a pressure swing adsorption system using solid sor-
bents. The output concentration of this first step is expected to be 40-50% CO,,
which is then put into a cryogenic capture system [13]. Cryogenic systems of-
ten have high energy requirements, as the entire flue gas stream has to be cooled
down, but by pre-filtering the CO,, this energy requirement can be lowered while
still maintaining a capture rate and output concentration above 95% and 99% re-
spectively. Solid sorbents are ideal for this, as they are often energy effective and
can capture high percentages of CO,, but have issues with outputting high con-
centrations of CO,. Using a combination could, therefore, alleviate issues that the
individual technologies face. As an alternative to solid sorbents, both companies
have also proposed using the pre-combustion capture technology called oxy-fuel
combustion as the first step, which will result in similarly high concentrations of
CO, after combustion [25][13].

Cryogenic technologies are still under development, the systems begin de-
signed by Linde and Air Liquide currently appear to be at a TRL of 6.
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24 Membrane Technologies

Membrane technology is an emerging carbon capture field, where membranes that
selectively allow CO; to pas through is used for capture. This technology requires
high pressures to force the CO, through the membranes and membranes that are
both very selective with letting CO, through and are capable of withstanding high
pressures are still being developed. Despite this, systems utilizing the technol-
ogy are already being developed, by companies such as CO2CRC, Honeywell and
Linde, often utilizing many small membranes to prevent breakage[13].

While current membrane technologies mainly focus on cleaning acid gases, as
many other carbon capture systems can struggle with this, it is also being de-
signed for post-combustion carbon capture. Some companies, like Honeywell, are
designing systems that solely rely on membranes to capture the CO,, but as the
membranes often require a flue gas pressure of about 200 bar to operate, mem-
brane technology can easily face the same issue as cryogenic technologies does,
which is having high energy requirements. Some companies, such as CO2CRC,
therefore attempt to solve this in the same way as some companies designing cryo-
genic capture do, by adding a filter step before the membrane capture, to decrease
the amount of gas that has to be pressurised [13].

This technology is still under development, but companies such as CO2CRC
reports a TRL of 6 using a small scale system. They report that they can upscale
with current technology, but larger membranes would be very beneficial to the
scalability of the technology [13].

2.5 Pre-Combustion Technologies

The main pre-combustion technology currently being developed is oxy-fuel com-
bustion, which consist of filtering oxygen out of atmospheric air before the com-
bustion, so that the combustion is made in a highly oxygen-rich atmosphere. This
means there is less nitrogen and other atmospheric gases in the flue gas, leading to
high CO; concentrations. This flue gas can, therefore, either be cleaned and used
directly, or be used in combination with other capture technologies that benefit
from the higher CO, concentrations. On top of higher CO concentrations, oxy-fuel
combustion also saves fuel in many processes, as there are less atmospheric gases
to absorb the produced heat, ensuring more of the heat is used for its intended pur-
pose. Oxy-fuel combustion systems are designed by companies such as Babcock &
Wilcox and has a TRL of 9 [13].
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2.6 Conclusion to State of the Art

To compare the outlined technologies for the purpose of selecting one for analy-
sis, two key points have to be considered. First is how relevant the technology
is for commercial use, that is how efficient it is, how mature it is and whether it
has some other advantages compared to current technologies. The second point of
consideration is how relevant further research would be to the advancement of the
technology. If a technology has already been extensively researched with multi-
ple publications, any further research may yield diminishing returns, technologies
with few publications or other public information are therefore more desirable to
focus on.

When only considering the first point, amine technology appear to be an ob-
vious choice, while it does have drawbacks compared to other carbon capture
technologies, such as having a corrosive solvent and carcinogenic fumes, the new
generation of amine plants have high efficiencies, with energy consumptions of ap-
proximately 2 GJ/tonne CO,, while also being a very mature technology. But due
to the maturity of amine plants, research on these systems have been done many
times before [26][27], lessening the relevance of subsequent reports on the subject.

Solid adsorption, cryogenic and membrane technologies all have high efficien-
cies and advantageous traits compared to existing technologies, while also having
fewer existing reports on its function. But lower maturity means they are further
from the commercial market and the systems may change drastically before becom-
ing commercially available, which would make the analysis in this project irrele-
vant. The choice is, therefore, between potassium carbonate and chilled ammonia
technologies. It is currently unclear whether chilled ammonia will stay a relevant
technology, as its currently reported energy consumption of 2.46 GJ/tonne CO; is
higher than that of the new advanced amine technologies, while having a lower
TRL. Furthermore, while it does not have toxic emissions the sorbent, ammonia, is
very toxic, increasing the hazard of leaks and other issues [28]. Potassium carbon-
ate on the other hand has, as mentioned earlier, a projected power consumption
between 0.7 and 1.2 GJ/tonne CO;[16], albeit electrical energy, while also being
non-toxic. While it does have other issues, such as low rate of reaction and poten-
tial corrosiveness, its high potential and low amount of publications make it ideal
for the topic of this project, and is therefore chosen. Of the potassium carbonate
technologies, Saipem’s Bluenzyme and Capsol’s End-Of-Pipe systems exist. Due
to the lack of public information on the design of Saipem’s Bluenzyme, making
it difficult to recreate accurately, Capsol’s hot potassium carbonate system called
End-Of-Pipe (EOP) is chosen for further analysis. This system has high efficiency,
no toxicity, high TRL and few publicly available reports on the system as a whole,
making it highly relevant for a full system analysis.



Chapter 3

Problem Statement

The state of the art analysis in Section [2, gave an overview of upcoming carbon
capture technologies and their current estimated relevance for this project. In that
section, the technologies utilizing potassium carbonate as an absorbent are picked
as the focus of this project, specifically the system called End-of-Pipe by Capsol.
This technology was picked due to a high technology readiness level, alleged com-
petitive efficiency and a lack of publicly available publications on its overall func-
tion. The aim of this project will, therefore, be to investigate various use cases for
this system, with the aim of determining under what conditions it would excel.
Based on this a problem statement was formed:

What is the performance of a hot potassium carbonate carbon capture
system under varying operating conditions and under what condi-
tions would the system perform the best.

To answer the problem statement, a numerical model of the End-of-Pipe system by
CAPSOL will be made based on publicly available information. This model will
be made in the modeling software Aspen Plus and using this model a sensitivity
study will be made, to better understand various flue gases effect on the system.
To supplement this, some system parameters will be explored to investigate how
best to adjust the capture rate of the system to account for changing flue gases.
Finally, the system’s energy efficiency will be compared to that of a similar system,
to determine what flue gas compositions this system would perform the best in,
when compared to a similar system.

10



Chapter 4

Model Setup

In this chapter the chosen system will be described, in order to then set up a
numerical model of said system. The description will be based on the patent
filed by CAPSOL [29] and the report "Heat Integration and Optimization of Post-
Combustion Hot Potassium Carbonate Carbon Capture" by M. B. Jeppesen [30],
which is also the basis of the model used in this project.

4.1 System Overview

The Hot Potassium Carbonate (HPC) system utilizes a chemical reaction between
potassium carbonate and carbon dioxide at high pressure, to separate CO, from
the flue gas. the reaction is an ionic reaction as the the potassium carbonate is
dissolved in water, but is here written with whole compounds for clarity. The
reaction can be seen in Equation [31]

Ky,CO3 (aq) + COg(aq) + H,O (1) 2 KHCO3(aq) 4.1)

The chemical equilibrium of the equation can be controlled either by tempera-
ture or the concentration of CO; in the HPC solvent, consisting mainly of water and
dissolved K>CO3. Pressure swing absorption functions by varying the pressure, as
higher pressure will increase the solubility of CO; in the solvent, increasing the
concentration of dissolved CO,. This affects the absorbent reaction equilibrium,
allowing for CO; absorption. Likewise, lowering the pressure will decrease the
solubility of CO,, decreasing the concentration and allowing for CO, desorption.
Using a pressure swing can be advantageous compared to temperature swing, as
the enthalpy released by the desorption reaction is mainly released as heat. In a
temperature swing system this energy is deposited on the low temperature side,
due to the absorption reaction being exothermic, making it difficult to recover.
Comparatively in a pressure swing system the column temperatures can be very
similar, as it is mainly the pressure and not the temperature difference driving the

11
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reaction, this means heat recovery is often simpler if at all necessary. This can
reduce the total energy consumption of the system [31].

Below, an overview of the system can be seen in Figure with numbering
used in the following paragraph to describe the system. The overall system setup
is very similar to other liquid chemical absorption technologies, like liquid amine
systems. But HPC systems, as mentioned previously, utilize a pressure swing
instead of a temperature swing and in CAPSOLS EOP technology, which is the
basis of this project, the heat production is integrated through the so-called "flash
boxes", which electrify the systems heat production, and will be explained later in
Section These flash boxes are, however, not exclusive to HPC technology and
could also be use for other carbon capture technologies [30].

Expansion

3

Compression 4

Compression

5

Figure 4.1: Flowchart of HPC process with flash boxes for integrated heating, based on figure from
[30]. Numbers designate transitional areas between components.

As can be seen, the rich flue gas is pressurized (point 1 on Figure and en-
ters the absorber, where the CO; is filtered by a solvent, after which the now lean
flue gas is heated using excess heat from the flue gas compression, and expanded
through a turbine to recover energy (2). After the absorber, the solvent, now rich
in CO,, is decompressed (3) and enters the regenerator, where the low pressure
causes the CO», to be desorbed. Then the now lean solvent flows into the flash box
(4), where some of its heat, along with external power, is used to produce steam
to supply heat to the regenerator, to make up for heat losses in the system. After
the flash box, the remaining lean solvent is recompressed and lead back into the
absorber to repeat the loop (5). After the CO; is desorbed in the regenerator, the
resulting gas stream contains mainly water vapor. To increase the CO, concentra-
tion of the gas stream and recoup some of this water vapor, the stream is cooled in
the recuperation cooler (6) and CO; cooler (7) and the condensate from the recu-
peration cooler is used to run a secondary flash box, that also feeds steam to the
regenerator (8).
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4.1.1 Flash Boxes

The heat generation in the system is, as mentioned, mainly from the so-called "flash
boxes", which are an integrated heating solution seemingly named by CAPSOL
[17]. A flash box’s main operation is identical to a standard mechanical vapor
recompression (MVR) unit. A standard MVR unit consists of a separating tank
(or flash drum), in which liquid close to its boiling point will enter and partly
evaporate with no additional energy added. This is followed by a compressor that
recompresses the produced steam, so it can be used for heating. The difference
between an MVR system and a flash box system, is that a reduction valve is added
before the separation tank, allowing for a compressor to lower the pressure in the
tank further. By operating the separation tank at reduced pressure, the amount of
steam produced increases, as decreasing the internal pressure decreases the boiling
point.

A flash box is a heat recuperation technology, as the evaporation heat for the
produced steam stems solely from the heat energy in the solvent. The increased
steam production, therefore, results in increased heat recuperation, as each unit
of steam produced yields a fixed amount of energy recuperated. But in return,
the lower pressure in the separation tank results in a higher pressure difference
over the compressor, leading to a higher power consumption per unit of steam
and decreasing the coefficient of performance (COP). The advantage of flash boxes
when compared to standard MVR systems, is increased steam production as well
as higher resulting steam temperatures. This allows for all heat in the system to be
generated by these mechanisms.

Figure 4.2: Figure displaying layout and function of a flash box.

A figure of a flash box system can be seen above in Figure with solid blue
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representing liquid, light blue low pressure steam and red high pressure steam. On
the figure the reduction valve is denoted 1, separation tank denoted 2, low pressure
steam stream denoted 3, leftover solvent leaving flash box denoted 4, compressor
denoted 5 and high pressure/temperature steam leaving flash box denoted 6.

4.1.2 Absorber

The absorber consists of a packed column using vertical cross flow, with solvent
entering at the top of the column and flue gas entering at the bottom. The packing
ensures large surface area between the flue gas and solvent, which reduces the nec-
essary size of the column and causes the flue gas and solvent to be approximately
equal temperatures. The absorber is at a pressure of approximately 5 bars, which
means both the solvent and flue gas has to be pressurized previous to entering it.
The pressurization is, as mentioned earlier, necessary for the absorption of CO,
into the solvent. The main chemical reaction occurring in the absorber is, as men-
tioned at the beginning of Section K>CO;3 + CO,; + H,O = 2KHCO3 and due
to the high pressure in the absorber, the point of chemical equilibrium is towards
the right side of the equation, making it absorb the CO,. This is an exothermic
reaction and in this case occurs at approximately 90 °C.

Due to the large surface area between solvent and flue gas, the temperatures of
the fluids are approximately equal at a set location, but will vary along the height
of the column, as heat is transferred between streams. The exception to this is at
the end of the column where the fluid with lowest heat capacity rate, that is heat
capacity per second, enters, as this stream is unable to completely cool/heat the
other fluid stream to its own initial temperature. In a liquid-gas column, the lowest
heat capacity rate stream will often be the gas stream, which means in the end of
the column where the gas stream enters, a larger temperature difference between
the incoming and outgoing streams can be observed than the opposite end, where
the streams will likely be very close in temperature.

4.1.3 Regenerator

The regenerator is similar to the absorber, in it being a packed column of approx-
imately equal size and temperature, with the same rules for temperature distribu-
tion. But the internal pressure in the regenerator is approximately 1 bar, which
reverses the reaction in the absorber, now releasing the CO, and regenerating the
solvent. This reaction is, of course, endothermic, which means heat is required
to sustain the reaction. The regenerator is therefore where heat is added to the
system to make up for heat losses. This is done by two means, one is steam from
the flash boxes and the other is steam from a reboiler attached to the regenerator.
This reboiler is driven solely using heat from the rich flue gas after it is pressur-
ized, but before it enters the absorber (see point 1 on Figure . This cooling is
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advantageous, as the absorber temperature should be kept below a certain level,
as the equilibrium of the absorbent reaction changes with increasing temperatures,
reducing the capture rate and rate of reaction if temperatures are too high. Cooling
the flue gas stream by heating the reboiler is also advantageous, as it increases the
temperature in the regenerator, where the rate of reaction goes up with tempera-
ture due to it being an endothermic reaction.

Due to the higher temperature and amount of steam in the regenerator, the out-
putted gas stream is, as mentioned earlier, mainly water vapor by weight. As the
output stream is desired to be approximately 95% CO, by weight, the recuperation
cooler and CO, cooler are added.

4.1.4 Recuperation Cooler

The recuperation cooler is a condensation tank, solely utilizing water from the
condensate flash box and CO; cooler to cool the CO; gas stream, in order to con-
densate part of the water vapor in the stream. This works, as the water from the
condensate flash box have a lowered temperature, due to some of its heat energy
having been used to produce steam in the flash box, and the water from the CO,
cooler have been cooled using external cooling to force further condensation.

The heat equation of the recuperation cooler is:

0 = ot - (Thot - Tcombined) *Cp,hot — Mol - (Tcombined - Tcold) " Cp,cold + tilcond - AHvap@T
(4.2)

Which simply describes the energy balance between the incoming gas stream
(hot) and incoming liquid stream (cold) when mixed and reached thermal equi-
librium (combined), with the last term describing the energy added from steam
condensation.

4.1.5 CO2 Cooler

Once the CO, stream exits the recuperation cooler, external cooling is required to
cool the stream sufficiently to condense enough water vapor to reach a CO, con-
centration of 95%. This cooling can be achieved using either utility or by producing
district heating, if the temperatures are sufficient. The amount of cooling required
depends on the vapor content of the CO, stream once it exists the recuperation
cooler.

The heat equation of the CO; cooler is similar to that of the recuperation cooler,
except it is cooled by an external source.

0 = ot - (Thot - Tcombined)  Cp,hot — Qcooling + Mleond - AI_Ivap@T (43)

Which similarly to Equation states the energy balance, although now be-
tween a gas stream and an unknown cooling stream (cooling).
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4.2 Chemistry

The overall reaction mentioned in Equation 4.1} can be separated into five reactions,
represented by the following equations, of which the first two are dissociation
reactions, as they are dissolved in water:

K>CO3 — 2K ' + CO3%~ (4.4)

KHCO3; — KT + HCO;~ (4.5)

And the other three are equilibrium equations that cause the capture of CO,.

2H,0 <+ OH™ +H307 (4.6)
CO, +OH™ +» HCO3~ 4.7)
CO32~ + H;0" +» HCO;™ + H,O (4.8)

As seen by these reactions, the sorbent does not absorb the CO, directly, but is
dissociated into K* and CO3?~ in Reaction Here the CO5%~ is used to react
with the H30" produced in the autoionization of water in Reaction to reduce
the concentration of H3O". This is important as the other product of Reaction
is OH™, which is used in Reaction to react with, and thereby capture, CO;
in the form of HCO3;~. While this capture reaction would happen on its own
with no sorbent added, Reaction [4.6) would quickly reach equilibrium due to the
H30" concentration and the overall capture would be minimal, the absorbent is
therefore added as it reacts with, and thereby lowers the concentration of, H;O" in
the solution, allowing for more OH™ to be produced and consequently react with
CO; to capture it.

What reaction limits the overall rate of reaction depends on the pH of the solu-
tion, but it is generally agreed upon that above a pH of 8, it is reaction 4.7, meaning
Reaction {4.6{and {4.8| are significantly faster [32]. As these reactions are often faster
than the rate of CO, mass transfer into the solvent, their rates of reaction are often
considered negligible and, therefore, set as equilibrium equations. But due to the
lower reaction rate of Reaction[4.7] it it not necessarily faster than the mass transfer
of CO; into the solvent, and therefore its kinetics cannot be ignored [33].

Reaction 4.6/ and 4.8/ can be expressed through an equilibrium reaction, as seen

in Equation

aneq:A—l—?—i—ClnT—i—DT 4.9)
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In which K, is the equilibrium constant, T is the temperature in Kelvin and A,
B, C, D are reaction specific constants.

For reactions requiring kinetics to be simulated, the rate based reaction has to
be defined. The rate of reaction can be calculated using Equation in which r
is the reaction rate, k; and k_; the rate coefficients, [HCO3;™ ], [CO;] and [OH™] the
molar concentrations and the exponents a, b and c are the partial reactions orders.

r =k [CO,)*[OH™ )" — k_1[HCO;7 | (4.10)

The rate coefficients k are found experimentally, but vary depending on tem-
perature. The correlation between rate coefficient and temperature can be approx-
imated using the modified Arrhenius Equation, as seen in Equation [34].

k= Ay T" e (4.11)

In which Ay, is the pre-exponential factor, E is the reaction’s molar activation
energy, R is the ideal gas constant, T is temperature, and n is a fit constant, to
compensate for non-ideal behavior. This can be further expanded by adding a ref-
erence temperature, which compensates for a difference between the temperature
in the simulation and the temperature at which the expression was found.

k= Ape <£)ne(f)[%%] (4.12)

Where Tj is the reference temperature [34].

4.3 Model setup in Aspen Plus

In this section, a steady-state, full system, Aspen model of the CAPSOL carbon
capture plant will be designed. The model will be set up in Aspen Plus V12.1 and
will be built to explore the behavior and functions of the system, with a focus on
comparing various use cases of the system, to discover what scenarios this specific
system would be optimal in, potentially making it easier to compare the usefulness
of various carbon capture systems in specific circumstances.

4.3.1 Basis of the Model

As the model is based on a real system, it will have approximately the same layout
as shown in Figure and the reactions shown in Section The model was
first attempted made in Aspen Hysys V12.1, but was due to difficulties with im-
plementing the solvent instead made in Aspen Plus V12.1. The initial values of the
model were mainly from the report by M.B. Jeppesen (2024) [30], both for system
sizing and initial mass flows, as the values of that report are based on the values
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of CAPSOL’s patent on the system. But that report used the integrated "acid-gas"
package in Hysys V14, which automatically implements chemical reactions, mass
flow ratios and fluid properties for the potassium carbonate solvent, as well as rec-
ommend solvers and what thermodynamic models to use. This package does not
exist in neither Aspen Hysys V12.1 or Aspen Plus V12.1, nor does all the solvers
used, which meant these values and new solvers had to be found and implemented
manually. As these values govern how accurate the model will be compared to real
life systems, implementing correct values and approximations is paramount for the
model to produce useful data.

4.3.2 Model Chemistry

To model the chemical reactions in the system, an electrolyte-NRTL (eNRTL) ther-
modynamic model is used, as it is proven to be one of the most accurate models for
liquid-liquid and gas-liquid reactions [35] and is especially applicable for CO; cap-
ture as it is good at correcting non-ideal behavior [36]. The eNRTL model functions
by calculating close range molecular interactions using a non-random two liquid
(NRTL) model and long range inter-molecular forces using the Pitzer—-Debye-Hiickel
formula [36]. To calculate gas properties for the vapor phase, a Soave-Redlich-Kwong
equation of state is used [37].

In this project, the reactions will be fully rate based to investigate how accurate
a fully rate based model is, as a fully rate-based model is often necessary for the
creation of dynamic models.

To accomplish this six kinetic equations are necessary, two for each equilibrium
model. The forwards reaction for Reaction 4.7 can be found in an article by Pinsent
et al. [38], which is proved in an article by Savage et al. [32] to be applicable for
temperatures up to 110 °C, and the backwards reaction can be found in an article
by Borhani et al. [33].

The reaction rates for Reaction [4.6] and 4.8 were not able to be found. This is
likely due to both reactions being ion exchange reactions, which tend to have rates
of reaction magnitudes higher than most other reactions, causing them to rarely be
the limiting reaction. This is, of course, also true in this case as Reaction is the
limiting reaction [33].

To approximate Reaction[4.6/and 4.8 a forward rate of reaction will be manufac-
tured. As the reactions are near instantaneous and limited by the rate of reaction
of Reaction [4.7] the rates of reaction for Reaction 4.6 and [4.§] simply need to be
sufficiently higher, to ensure Reaction 4.7 remains the limiting reaction. Once a
sufficiently high forward rate of reaction have been found, the backwards rate of
reaction can be found by calculating the ratio between the forward and backwards
rate of reaction, using the equilibrium equation. The activation energies of the
reactions can then be approximated based on the difference in enthalpy between
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reactants and products, assuming the entropy is negligible, this is shown below.
Starting with the Arrhenius equation from Equation with a temperature
exponent b equal to zero, as shown in Equation

k= App e (4.13)

Where k is the rate coefficient, Ay is the pre-exponential factor, E is the acti-
vation energy, R is the universal gas constant and T is the temperature.

Then using an equilibrium equation, as seen in Equation the equilibrium
constant is calculated at a set temperature and used in Equation[#.14to calculate the
rate coefficient k, of the backwards reaction, by knowing the equilibrium constant
K¢; and forward rate coefficient k;.

ki

Keq:FZ

Then, assuming there is no entropy, the activation energy of the backwards
reaction E; can be found, by knowing the activation energy of the forwards reaction
E; and the change in enthalpy between reactants and products AH, as seen in
Equation below. If no forwards activation energy is known, it too can be
approximated by adding the enthalpy of its reactants.

(4.14)

E,=AH+E (4.15)

And then Equation can be set up for the backwards equation and solved
for the pre-exponential factor A.

Finally, a test can be done to calculate whether the results match the equilib-
rium equation, by checking whether the results of the kinetic reaction and the
equilibrium reactions equal each other. This is done by setting up a forwards and
backwards equation for the rate of reaction, using Equation and inputting
molar reactant and product concentrations that, according to the equilibrium equa-
tion, should be at equilibrium. Then the forwards and backwards rate of reaction
should equal.

r = k[Mol A]* [MolB)" (4.16)

Here, r is the rate of reaction, k is the rate coefficient, MolA and MolB are the
molar concentrations of the reactants and a and b are the partial reaction orders.
The equilibrium equations used for these calculations are from an article by Ed-
wards et al. (1978) [39]]. Below two tables containing the values used in this project
can be found.
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Reaction A B C D | Temperature range
Reaction4.6 | 132.899 -13445.90 -22477 0 0-225°C
Reaction [£.8| | 216.049 -12431.70 -35.4819 0 0-225°C
Table 4.1: Equilibrium equations

Reaction Apre E (kJ]/mol) | Temperature range
Reaction |4.6{ Forwards 3.8-10Y 74.475 -
Reaction 4.6 Backwards | 1-10% 144.117 -
Reaction [4.7|Forwards | 4.315-1013  55.434 0-110 °C
Reaction [4.7| Backwards | 2.38 - 10V 123.223 0-110 °C
Reaction [4.8| Forwards | 3.02-10% 41.20 -
Reaction [4.8| Backwards | 2.26 - 10% 62.91 -

20

Table 4.2: Rate based Arrhenius equations

4.3.3 Aspen model

Below in Figure the Aspen V12.1 model can be seen. The layout is mostly
identical to the flowchart shown in Figure 4.1|in Section The changes made are
mostly miscellaneous additions, such as the makeup stream, water recuperator and
overflow return, which are mainly practical additions to aid the system’s function.

To elaborate, the makeup stream, located between the lean flash box and ab-
sorber, adds water and absorbent as needed, ensuring a constant solvent flow and
concentration. The water recuperator, placed on the flue gas stream after the
absorber, reduces the amount of needed makeup water and allows for more ex-
pansion of the flue gas stream without condensation. The overflow recirculation,
placed between the recuperation cooler and the condensate flash box, controls the
amount of water entering the condensate flash box, to ensure water does not accu-
mulate in the condensate flash box and recuperation cooler loop.

It is also worth noting, that the flue gas "compression" step is separated into two
compressors, this is to better simulate the mechanical connection between the flue
gas expander and compressor, as all energy recovered in the "Flue gas expansion"
step is, in this project, used to power part of the compression. In a real system
it could, however, be beneficial to separate the flue gas compressor into two and
adding an intercooler between them, as this could increase the system efficiency
by several percentage points at the cost of lower heat production in the system.
The lowered heat production would have to be compensated for by lowering the
flash box pressures, but as the flash boxes are energy recuperation systems, unlike
compressors, this will likely still net energy savings. But, as the goal of this project
is to focus on the effects of various flue gas compositions on the system, as well
as the flash boxes effect on the system as a whole, changes to the system layout
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will not be made to other parts of the system and the effects of an intercooler will,
therefore, not be investigated further in this project.
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Figure 4.3: Overview of the model in Aspen Plus V12.1, with text designating various parts of the

Condensate flash box

system
System Specifications

Absorber height 25 meters | Absorber width 10 meters
Regenerator height 25 meters | Regenerator width 10 meters
Lean flash box height 10 meters | Lean flash box width 10 meters
Absorber pressure bot 5 bar Regenerator pressure bot 1.31 bar
Lean flash box pressure 0.62 bar | Cond. flash box high pressure 0.424 bar
Cond. flash box low pressure 0.374 bar | Flow into condensate flash box 500 kg/s
Regenerator reboiler duty 38 MJ/s | Capture percentage wt.% 90%
Flue gas in 235.8 kg/s | flue gas CO; conc. wt.% 22.65%
Lean absorbent flow rate 2400 kg/s | Lean K,COj3 conc. wt.% 25%

Table 4.3: Overview of the specifications used for the initial system

4.4 Validation of Model

To validate the accuracy of the model, experimental data on the partial CO; pres-
sures and mole loading of the absorbent at various temperatures by Tosh et al. [40]
is used. To ease the comparison, a report by Anusha Kothandaraman [41] is used,
as the experimental results by Tosh et al. are in this work summarized, converted
from psi into atmospheric partial pressure and used to adapt a vapor-liquid equi-
librium model that fits the experimental data. The results from this vapor-liquid
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equilibrium model will be used to validate the model of this project for a clearer
comparison.

Below in Figure {4.4 the experimental data from Tosh et al. and the model data
of Kothandaraman is shown, with the horizontal axis being the mole loading of the
absorbent, which is moles of absorbent saturated with CO, divided by total moles
of absorbent, and the vertical axis being the partial pressure of CO, in atmospheres
of pressure (atm). The data points are sorted by temperature, each interval being
differentiated by change in color and marker shape.
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Figure 4.4: Figure showing the experimental results of Tosh et al. compared to the simulated results
of Kothandaraman, data taken from [41]

As can be seen, the model by Koshandaraman is very well fitted to the experimen-
tal data, and can, therefore, be used with decent accuracy to represent the exper-
imental data in a comparison between this projects model and the experimental
data of Tosh et al.

In Figure [4.5|the results of this projects model and the model of Anusha Kothandara-
man can be seen. The axes are the same units as the previous figure, with the hor-
izontal axis being the mole loading and vertical axis being partial CO, pressure.
The data points marked "Model" in the legend are results from this projects model.

It can be seen in the figure, that at 90 °C and 110 °C the model of this project
diverges with 14% to 17% from the model of Kothandaraman, while the slopes and
ratios between different temperature levels remain approximately equal. While
loading for a set partial CO, pressure is of import, the most important part is the
ratios between various temperature levels being correct. As these ratios are very
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similar to the results of Kothandaraman, a divergenge of approximately 15% is
deemed acceptable for the purposes of this project.

It is, however, important to note that the highest temperature for each model is
not equal, this is due to the model of this project not converging at temperatures
above 128 °C in the absorber, which is where the results have been measured. As
can be seen in Figure the partial CO; from this project’s model at 125 °C are
higher than that of Kothandaraman’s model at 130 °C, and appear higher than they
should be, when compared to the results at 90 °C and 110 °C. This may be caused
by the model diverging from expected results at higher temperatures, possibly due
to the rate-based reactions being too far from their reference temperatures.
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Figure 4.5: Figure showing the results of this projects model, taken in the absorber, compared to the
model of Kothandaraman

To more accurately assess the boundaries of the model and whether it is viable
to remain within them for the purposes of this project, the maximum temperature
of the model is found. This is done by measuring the partial CO; pressure in
the model every 5 °C from 90 °C to 110 °C at a constant absorbent loading. This
temperature range is chosen as it is the range in which the model is validated.
The measurements are used to predict the expected partial pressure at higher tem-
peratures than 110 °C, by fitting a function to the five known points, the results
of this can be seen below in Figure In this figure, the horizontal axis is the
temperate in celsius and the vertical axis is the partial CO; pressure. The results
have a constant absorbent loading of 30% and has the points within the validated
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range shown as blue, the points outside this range shown as orange and the fitted
function shown as a blue dashed line.
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Figure 4.6: Figure showing the measured partial CO, pressures at various temperatures and constant
absorbent loading, with a fitted function to estimate the expected partial pressures at temperatures
beyond what is validated.

Based on the data from Figure it can be calculated that the partial CO,
pressure at 115 °C is 2.2% higher than expected, at 120 °C 5% higher than expected,
and at 125 °C 8.3% higher than expected. To remain within a 5% uncertainty,
in order to maintain the ratio between temperature and partial pressure at a set
loading, the model’s maximum temperature is set to 120 °C at locations where
reactions are simulated, which is the absorber, regenerator and lean flash box. As
the temperatures at these locations are unlikely to exceed 115 °C, it is viable to
remain within the boundary of 120 °C, and the model is therefore acceptable for

this project.



Chapter 5

Results and discussion

In this chapter the results of the model will be presented, analyzed and discussed,
in order to answer the question asked in the problem statement.

5.1 Utility Requirements

In this section the potential utility requirements of the system will be explored,
to investigate what additional requirements the systems may have. This is espe-
cially important for this system, as a potential benefit of an electrified system with
integrated heating is its low infrastructure requirements, which could increase its
viability in areas that are remote, therefore having increased utility costs, or ar-
eas that are completely lacking in the necessary infrastructure, resulting in new
infrastructure having to be built to facilitate a carbon capture system.

To analyse the heat consumption, a pinch point analysis of the system is made,
and can be seen below in Figure On this figure, the required cooling is dis-
played with a blue line and the heating as an orange line, with the horizontal axis
being the enthalpy per kg CO, captured and the vertical axis the temperature at
which the heating or cooling is required. The pinch point is set to be 10 °C.

25



5.1. Utility Requirements 26

—e— C(Cooling Required
250 Heating Required

Temperature (°C)
p— it ()
S W (o]
(e S (e

W
S
L

0 400 800 1200 1600 2000 2400
Enthalpy per kg CO; captured (kJ/kg)

Figure 5.1: Pinch point analysis of the system, with a blue line designated required cooling and
orange line designating required heating.

On Figure it can be seen that while some heat exchange can take place,
both hot and cold utility is still required with the current system configuration.
The required hot utility is about 80 kJ/kg CO, at over 110 °C and is needed for the
regenerator reboiler. The required cold utility is about 1450 kJ/kg CO, of cooling,
and is needed to cool streams in the temperature range of 35 °C to 90 °C. This
cooling is used to cool the flue gas stream and CO; stream at various places to, for
example, reduce the flue gas temperature previous to it entering the absorber or
to remove water vapors previous to the flue gas being compressed or expanded.
For the CO; stream, cooling is used to dry the gas stream, to ensure it is outputted
with at least 95% CO, in mass.

The heat balance in the system can, however, quite easily be manipulated. The
heating requirement can, for example, be changed by varying the reboiler duty
and then changing the flash box pressure to compensate, although this would
likely also change the power consumption of the system, as the flash box depends
on a compressor to upscale the recuperated heat energy. Alternatively the cool-
ing could be changed by, for example, changing the absorber pressure, this would
change how much the flue gas is compressed and, therefore, change the high tem-
perature cooling requirements. But this would, of course, also change the power
consumption along with the rate of reaction in the absorber, as higher pressures
increase the partial pressure of CO,, thus facilitating faster rates of reaction and
potentially better capture rates.

This will be demonstrated in order to remove the heating requirement. The
result of this adjustment can be seen below in a new pinch point analysis in Fig-
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ure The adjustment mainly consist of reducing the heating requirement, by
reducing the regenerator reboiler’s heating duty by about 52 k] /kg CO, and com-
pensating for the lower heat production, by lowering the flash box pressure. As
the flash box is an energy recuperation system, this also reduces the overall cool-
ing requirement of the system and the increased power consumption from the
lowered flash box pressure is, in this case, completely offset by increasing the heat
exchanged at the flue gas heater, to increase power recuperation in the flue gas ex-
pander. This works as the flue gas heater is the last heat exchanger before the flue
gas expander, and increasing its heating duty increases the flue gas” temperature,
and thereby volume, previously to it being expanded.
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Figure 5.2: Pinch point analysis of the system, with a blue line designated required cooling and
orange line designating required heating.

To explain what exactly can be seen on this figure, the high temperature cool-
ing requirements are from the post compression flue gas cooling, to reduce the
flue gas temperature before it enters the absorber. The lower temperature cooling
requirements (below 90 °C), are mainly from the condensation of water vapor in
the flue gas and CO, streams as mentioned previously. The heating requirements
largely stem from the reboiler in the regenerator, the remainder being the flue gas
heater pre-expansion, to increase the energy recuperation from the expander, and
the heater attached to the steam output of the lean flash box, to increase the heat
recuperation of the system.

As can be seen on the figure (Figure [5.2), all heating requirements can now be
covered by the cooling requirements, but all the lower temperature cooling, from 35
°C to 90 °C, requires external cooling, this amounts to approximately 1330 kJ/kg



5.2. Sensitivity Analysis 28

CO;. In this interval, approximately 87.5% of the cooling energy requirement is
between 50 °C and 90 °C and approximately 96.5% between 40 °C and 90 °C.
This means the system would be a great candidate for district heating production,
particularly for 4th generation district heating, as 4th generation district heating
operates between 30 °C and 70 °C [42]. This temperature interval means the system
could convert almost all excess heat to district heating without requiring a heat
pump, which would remove almost all cooling requirements. Alternatively, 3rd
generation district heating could also be produced, but this would require a heat
pump, but could still potentially reduce or completely remove the utility costs
associated with cooling, if the district heating can be sold.

It does, however, also mean that for real world applications, access to cost-
effective cooling would be important to the construction of this plant, as a relatively
large amount of cooling is required.

5.2 Sensitivity Analysis

A carbon capture system’s capture efficiency tends to be affected by a number of
external and internal variables, one such variable that tends to have a big effect
these systems, is the composition of the incoming flue gas stream. This compo-
sition can, for example, affect the amount of make-up water needed, the rate of
sorbent degradation due to impurities and, the focus of this section, the capture
rate of the system. The flue gas parameter that affects the capture rate the most is
the CO, concentration. This is because a decrease in CO, concentration of the flue
gas, means the system either captures less CO; overall at approximately the same
energy requirement, lessening it's energy efficiency, or the flue gas flow rate has
to be increased to match the high concentration CO, flow, in which case more flue
gas has to go through the system which increases the energy consumption.

The degree to which this affects various carbon capture systems is, however, not
necessarily equal. This means a system can specialize in operating under certain
conditions, by being more energy efficient than similar systems when scrubbing a
flue gas with a certain CO, concentration.

In this section, the characteristics of the HPC carbon capture system with vary-
ing flue gas compositions will, therefore, be investigated, to compare to similar
systems and discover potential trends.

5.2.1 Effects of Various Flue Gas Compositions on System Efficiency

While the flue gas composition can vary due to many reasons, the most influential
reason is likely the source of the flue gas changing. Below, in Figure the power
consumption and cooling requirements can be seen from three of the highest CO,
producing sources, which are coal power plants, natural gas power plants and
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cement plants. The mass flow, initial temperature and initial pressure of all three
flue gas streams are equal and the capture rate have been adjusted to 90% for all
cases by varying the lean flash box pressure.
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Figure 5.3: Comparison of power and cooling requirements per kg CO, captured for flue gases of
various origins. With red bars (leftmost) being from a cement plant, the green bars (center) being
from coal power, and the blue bars (rightmost) being from natural gas power.

As can be seen on the leftmost part of the figure, which displays the CO, per-
centages of the flue gases, there is a large variation in the CO; content of the three
flue gasses. When comparing the CO, percentages with the power consumption
and cooling requirements, shown on the right side of the figure, the aforemen-
tioned correlation between CO, concentration and efficiency can be seen, with
lower CO, percentages leading to higher power consumption. It can also be seen
that the cooling requirements follow the increase in power consumption fairly well.
This is interesting, as the highest cooling requirements in the system, are cooling
the rich flue gas after compression, which is only marginally affected by varying
the CO, percentage, and drying the CO, stream after the regenerator, which could
be reasoned would require less energy as the CO, mass flow is lower. But the
reason for increased cooling requirements, is that the power increase is used to
generate more heat, which increases the temperature in the regenerator and ab-
sorber, this increases the amount of water being evaporated, leading to the gas
streams from both having much higher moisture contents, both of which then re-
quire more cooling to dry the streams. That also mean that this cooling is below
90 °C, where it is unusable for heat exchange with other parts of the system and,
therefore, has to come solely from external cooling.
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Below in Table 5.1 the flue gas compositions of the three streams can be seen,
the coal flue gas is the same as used in the rest of the project and is similar to the
coal power flue gas reported by other sources, such as Giileg et al. (2020) [43] and
Schakel et al. (2018) [44].

Flue Gas H,O O, N> CO, | Temperature
Coal Power wt.% 75 55 6435 22.65 70 °C
Coal Power mol% 1225 505 6756 15.14 70 °C
Cement Plant wt.% [45] 11.18 8.18 5395 26.7 70 °C
Cement Plant mol% [45] 18.2 75 56.5 17.8 70 °C
Natural Gas Power wt.% [43] | 555 13.68 745 6.29 70 °C
Natural Gas Power mol% [43] | 8.67 12.09 752 4.04 70 °C

Table 5.1: Flue gas compositions used in Figure

To put the performance shown in Figure into perspective, the performance of
the HPC capture system is compared to that of an amine MEA capture system,
by varying the CO, concentration of the coal power plant flue gas, measuring the
power consumption, and comparing it to the energy consumption of a numerical
model of an MEA system by Husebye et al. (2012) [46]. This can be seen below
in Figure in which the CO; concentration of the flue gas of both systems are
varied with a constant capture rate of 90%. The capture rate of the HPC system
was kept constant by adjusting the flash box pressures.

It is important to note, that the energy consumed by the HPC system is solely
electrical power, whereas the energy for the MEA system is 90% heat energy, with
the remaining 10% being electrical power. The magnitudes are, therefore, not
directly comparable and instead the point of interest is their slope, to ascertain
whether they are comparatively more efficient at certain CO, percentages. Fur-
thermore, the CO; percentages are in mol% instead of wt.% unlike the rest of the
project, as these are the units used by Husebye et al. [46]. The range in which
theCO, concentration in the flue gas is varied here for the HPC system, is from 2.1
mol% to 18.5 mol%, in wt.% this equals a range of 3.4 wt.% to 27.2 wt.% CO, in
the flue gas. This also equals 15% to 120% of the original CO, mass concentration
of 22.65 wt.%. The change in CO, was offset by a change in N concentration.



5.2. Sensitivity Analysis 31

7000

(o)
(=]
(=
(=]

5000

4000 A

30001 -

2000 1

Energy consumption (kJ/kg CO>)

—

(=]

(=]

S
L

(e

4 8 12 16 20 24
CO; percentage in flue gas (mol%)

(e

Figure 5.4: Energy required per kg CO» captured for HPC and MEA systems as a function of CO;
concentration at 90% capture rate.

It can be seen in Figure that the HPC system generally has a much steeper
slope, the import of which is further increased when the difference in magnitudes
are considered. It is particularly noticeable at the very lowest CO, percentages,
where the HPC system consumes a large amount of power per kg CO,, likely
due to it being on the verge of no longer being able to capture 90% of the CO,
content with this system configuration. This could likely be mitigated to some
degree by increasing the pressure difference between the absorber and regenerator,
to increase the concentration difference between rich and lean absorbent in the
absorber and regenerator, as this would skew the equilibrium difference between
them further and increase the rates of reaction. Furthermore, an increase in the
absorber pressure would increase the partial CO, pressure, increasing the amount
of CO, dissolved in the solvent and thus increasing the rate of reaction.

Overall, it appears that the HPC system is more efficient comparative to the
MEA system at higher CO, percentages, although they both retain good perfor-
mance over most of the range.

To investigate whether the cooling requirements of the HPC system, which
are not included in Figure |5.4| above, could have an effect on the range in which
the HPC system appears to perform the best, the cooling requirements are shown
below in Figure 5.5 alongside the power consumption.
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Figure 5.5: Power and cooling required per kg CO; captured as a function of CO; concentration at
90% capture rate.

As can be seen, the cooling requirements appear to follow the power consump-

tion fairly well. This fits what was also observed previously in this section in Figure
5.3

5.2.2 Effect of Absorber and Regenerator pressure on System Efficiency

To ascertain whether a higher pressure difference between the absorber and regen-
erator would be beneficial for the system, both are tested individually. The tests are
at a 90% capture rate, and utilize the coal power flue gas shown in Table [5.1|above.
The results can be seen below in Figure [5.6|and Figure both of which have two
y-axes, the leftmost axes along with the green lines being the power consumption
per kg CO;, while the rightmost axes along with the blue lines being cooling per
kg CO, consumed. Both y-axes on each of the two figures are equal in scale, but
have shifted ranges. The pressures are meassured at the gas outlets of the columns.
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Figure 5.6: Power and cooling per kg CO> captured, as a function of regenerator pressure at 90%
capture rate, with the blue line being power and green line being cooling

On Figure 5.6 the power and cooling requirements can be seen as a function
of the regenerator pressure. As can be seen on the axes, the overall impact on the
efficiency from varying the regenerator pressure is very low, but it does appear
that there would be a small benefit of lowering it slightly. The change in the
graphs below 1.15 bar, are likely due to the system having to be tweaked at 1.1 bar
to ensure the CO, output stream did not fall below 1 atm from pressure loses. This
was done by adding a compressor to the CO, outlet of the system, to increase the
pressure by 0.05 bar, which offset any power savings. Overall, the biggest benefit
over lowering the absorber pressure would likely be a higher rate of reaction within
the regenerator.
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Figure 5.7: Power and cooling per kg CO; captured, as a function of absorber pressure at 90%
capture rate, with the blue line being power and green line being cooling
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On Figure 5.7/ the power and cooling requirements can be seen as a function of
the absorber pressure. It can be seen that both the power consumed and cooling
required increase with increasing absorber pressure, this is likely due to the flue
gas being compressed additionally to reach the higher pressures. This shows that,
at higher CO, concentrations, it is beneficial for the system efficiency to minimize
the absorber pressure. Lesser pressure does, however, also increase the size of the
system, as it decreases the rate of reaction. It may, therefore, in reality be beneficial
to increase the pressure to lessen the absorber footprint and CAPEX. This could,
as mentioned previously, especially be true for lower CO, concentrations, as the
system at 5 bar had difficulty reaching 90% capture rate at lower concentrations.
This can be seen in Figure where the power consumption increases drastically
at low concentrations. This high power consumption could potentially be lowered,
if the absorber pressure was higher, as this would increase the partial CO, pressure
in the the absorber. This is therefore tested, as can be seen below in Figure
which is made using a CO; concentration of 6 wt.% in the flue gas, similar to the
natural gas power flue gas.
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Figure 5.8: Power and cooling per kg CO; captured, as a function of absorber pressure at 90%
capture rate and low CO» concentration, with the blue line being power and green line being cooling

As can be seen, even at lower CO; pressures, increasing the absorber pressure
still does not decrease the power consumption as theorized, and the increase in
power consumption is, in fact, larger percentage wise than at the high CO, con-
centration from 5 to 7 bar. Interestingly enough, however, the curve seen in Figure
is much more pronounced here.
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5.2.3 Effect of Flue Gas Mass Flow on System Efficiency

As showcased in Section a change in the amount of CO; that enters the CO;
capture system can affect its efficiency. Another way this can occur is when the
total mass flow into the system changes, such as when the CO; source the system
is connected to changes its load. This will, therefore, be investigated in this section.

Below, in Figure[5.9/and the power consumption and cooling requirements
per kg CO; captured can be seen, both as a function of varying flue gas mass flow
rate. Both figures are taken at a 90% capture rate, which was achieved by adjusting
the lean flash box pressure.
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Figure 5.9: Power per kg CO; captured as a function of changing of flue gas mass flow with constant
CO; concentration at 90% capture rate

It can be seen on Figure that the basis mass flow, which is approximately
1/10 of the solvent liquid flow rate, appears to perform very well with the current
configuration, having almost equal consumption to the case with 105% mass flow,
which is marginally the highest efficiency case. Important to note, however, is the
y-axis on this model, which goes from 1050 to 1095 kJ/kg CO,. This shows, that
the overall efficiency loss when varying the flue gas mass flow is a few percentage
points within the range examined here. Interesting enough, however, the systems
cooling requirements does not seem to fully follow the power consumption in this
case, as it did previously. This can be seen when comparing Figure 5.9|and as
in Figure the flue gas curve does not bottom out until a mass flow of 115%,
which is ten percentage points higher than the power consumption. Furthermore,
as can be seen on Figure the change in cooling requirements per kg CO,
increase magnitudes more than the power consumption does. This is not because
the cooling requirements does not decrease along with the mass flow, simply that
it does not decrease nearly fast enough to retain a constant, or near constant, ratio
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of cooling to incoming flue gas.
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Figure 5.10: Cooling required per kg CO; captured as a function of changing of flue gas mass flow
with constant CO, concentration at 90% capture rate

Overall, Figure and indicate that the current flue gas mass flow, or
potentially a slightly higher one to decrease cooling requirements per kg CO,,
would be optimal. Furthermore, the overall cooling requirements does get reduced
as the mass flow decreases, so running the system despite having a decreased flue
gas mass flow into the system appears to still be viable, which as, mentioned
earlier, is beneficial for power plants or factories that vary their load and thus flue
gas mass flow output.

Another important case, may be industries that vary the overall mass flow of
their flue gas while retaining a constant CO, mass flow. This mainly applies to
systems that control boiler temperatures by varying the air flow into the combus-
tion chamber. This was simulated and the results can be seen below in Figure
and In the figures, the power consumption and cooling requirements
for the system shown as function of the flue gas mass flow at 90% capture rate.
As mentioned above, the overall CO; flow rate into the system was kept constant,
while the total mass flow of the flue gas stream was changed, this was achieved
by increasing CO, and O, concentration in the flue gas as the mass flow increased,
to simulate more atmospheric air entering. The results of this can be seen on the
x-axes of the Figures, where both the CO, wt.% and the percent flue gas mass flow
is shown. The flue gas mass flow is based on 100% mass flow being the flue gas
mass flow at a 10 to 1 solvent to flue gas mass flow ratio.
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Figure 5.11: Power per kg CO» captured as a function of changing of flue gas mass flow with constant
CO; mass flow at 90% capture rate
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Figure 5.12: Cooling required per kg CO; captured as a function of changing of flue gas mass flow
with constant CO, mass flow at 90% capture rate

Figure and show that both the power consumption and cooling re-
quirements increase close to linearly over this range, with a slight curve indicating
the increase in power and cooling required will decrease with decreasing CO, con-
centrations. The contrast between these two figures and Figure and is



5.2. Sensitivity Analysis 38

apparent, as there is no point where Figure and has decreasing power or
cooling per kg CO, captured as a function of increasing flue gas mass flow. This
does, however, showcase the fact that in both cases, the total power consumption
and cooling requirements increase as a function of the flue gas mass flow. The dif-
ference being, that as the CO, mass flow does not increase along with the flue gas
mass flow in this case, the power consumed per kg CO, captured increases pro-
portionally with the total power consumed. The opposite of this can, of course, be
seen in the cases showcased in Figure and where the CO, mass flow does
increase along with the flue gas mass flow, therefore reducing the power consumed
and cooling required per kg CO, compared to Figure 5.9 and

5.2.4 Effects of Flash Box Pressure and Steam Temperature on Capture
Rate and System Efficiency

In the report by M.B. Jeppesen [30], it was proposed that this type of HPC system
could be controlled solely with the pressures in the flash boxes. In the making of
this report this was, however, put to question, as the flash boxes are very sensitive
to changes in pressure, which means that to control the system using flashboxes,
very precise pressure control would be required.

As the flashboxes are a core part of this systems function and energy efficiency,
this could have an impact on the system performance. This issue will, therefore,
be explored along with a potential solution being proposed. below in Figure
the correlation between the pressure in the lean flash box and the capture rate of
the system is shown. As can be seen, a change of 0.005 bars changes the overall
capture rate in wt.% by one percentage point.
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Figure 5.13: Figure showing the wt.% capture rate (vertical axis) as a function of the pressure in the
lean flash box (horizontal axis)
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An alternative solution might, therefore, be to place a heater on the lean flash
box steam output, this heater would operate in the temperature interval of 90 °C
to 110 °C and could be supplied by excess heat in the system, although this will
redirect some energy from the pre-expansion flue gas heater thus reducing the
systems power recuperation. The correlation between the capture rate and lean
flash bot heater temperature increase, can be seen in Figure below.
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Figure 5.14: Figure showing the wt.% capture rate (vertical axis) as a function of the temperature
increase over the lean flash box steam heater (horizontal axis)

As can be seen, an increase in the capture rate by one percentage point requires
a temperature increase of 7.4 °C to 8.7 °C in the flash box steam, increasing as
a function of the temperature over the steam heater. This corresponds with an
energy requirement of 47.4 % in the heater at low temperature increases. If
the heater were to be a heat exchanger exchanging heat with the pressurized rich
flue gas, as seen previously in the pinch point analysis in Figure it can be
calculated how big a change in mass flow is needed to change the capture rate by
one percentage point. Thereby, a comparison can be made between controlling the
system with the flash box pressure, and controlling it using a heater on the flash
box steam output.

The calculations are made using the coal power plant flue gas, which has a heat
capacity of approximately 1 k]g%( at constant pressure at 5 bar [47]. The approxi-

mate mass flow of flue gas per percentage point would, therefore, be 44.7 kgk(*’-‘;(gi%ezc

per percentage point change in capture rate. If the pinch point analysis is taken
into account, where the temperature of the flue gas decreases by approximately
22 °C while exchanging heat with the flash box heater, which increased the steam

temperature by 20 °C, the flue gas mass flow to the heat exchanger becomes 2.15

g Eéloug per percentage point. This is compared to the 0.005 bars change per per-
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centage point in the flash box, which also has a significantly higher mass flow than
the heat exchanger, as the entire lean sorbent flow of the systems flows through
the lean flash box. In return, however, there is a reduction in system efficiency as
mentioned previously, as while the heater allows for higher lean flash box pres-
sures, thereby reducing the pump and compressors power consumption, the flue
gas used to heat the heat exchanger could instead be used to recuperate power in
the flue gas expander. This can be seen below in Figure It is worth noting
that the right and left axis are equal in scale, but have shifted ranges.
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Figure 5.15: Figure showing the change in power consumption (green line, left axis) and cooling

requirement (blue line, right axis) per degree celsius temperature increase over the flash box steam
heater (bottom axis).

As can be seen, both the systems overall cooling requirement and power con-
sumption increase with increased heater duty, which means the potential ease of
control comes at a cost of efficiency, and limiting the heating duty of the heat
exchanger, potentially solely using it for fine control, is desirable.
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5.3 Table of Recommended Settings

In this section, the optimizations found in this project are all gathered and a table
of recommended settings of the HPC system can be seen at various operating
conditions. The table was based on the coal power flue gas at a 90% capture rate
in wt.%, with various CO, concentrations.
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18 0632 04 035 750 5 1.15 1159 1474
16 0667 04 035 750 5 1.15 1268 1636
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5

6 0702 04 035 750 1.15 3277 4298

Table 5.2: Table of recommended system settings for various flue gas CO; concentrations, "low" in
absorber and regenerator pressure refers to it being the lowest pressure in the column (gas outlet)



Chapter 6

Conclusion

The aim of this project, was to investigate the effects of varying operating condi-
tions on a hot potassium carbonate (HPC) carbon capture system, to find the range
of conditions in which this system excels, both in regards to power consumption
and utility requirements. To achieve this goal, a rate based, numerical model of
an electrified HPC system was made in Aspen Plus V12.1, as seen in Chapter
This model was validated by comparing the results of the absorber to experimental
data, with the model results diverging by 14% to 17% from the experimental data
at 90 °C and 110 °C. A divergence from expected results was observed above 110
°C, and the model was determined to have a temperature limit of 120 °C for kinetic
calculations, as higher temperatures would exceed a 5% divergence from expected
results.

In Section it was explored what utility requirements were present for the
system and it was determined that the system does not require any hot utility
if adjusted correctly, but did require 1330 kJ/kg CO; of cold utility in the case
simulated, to cool streams between 35 °C and 90 °C.

In Section the effects of varying flue gas compositions were investigated.
It was discovered that both the power consumption and cooling requirements are
inversely proportional to the CO; concentration in the flue gas and that compared
to an MEA system, the HPC system appears to be more sensitive to changes in flue
gas CO; concentration, having much higher energy consumption increases at low
CO; concentrations. This suggests that the HPC system is more suited to operate
with high CO, concentration flue gas streams.

It was then theorized, that a change in the pressure difference between the ab-
sorber and regenerator may increase the systems performance, particularly at low
CO; concentrations, thus increasing the viable range of the system. An investiga-
tion into the absorber and regenerator pressures’ effects on the system was carried
out in Section Here it was discovered that with a CO, wt.% of 22.65%, lower-
ing the regenerator pressure from 1.28 bar to 1.15 bar slightly decreased the power
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and cooling requirements, whereas increasing the absorber pressure resulted in
both parameters increasing. The absorber pressure variation was then tested at a
low flue gas CO, concentration, but was once again found to increase power and
cooling requirements, disproving the theory that it would be beneficial at lower
CO; concentrations.

In Section varying flue gas mass flow was tested, it was found that a flue
gas mass flow of approximately 1/10th of the total sorbent liquid flow was opti-
mal for power efficiency, with an absorbent concentration of 0.25 wt.%, but slightly
higher flue gas mass flows was optimal for decreasing cooling requirements. Fur-
thermore, with a constant CO, flow but varying total flue gas mass flow, the power
and cooling requirements will increase, as the mass flow increases.

Finally, the flash boxes effect on the systems capture rate and efficiency was
investigate in Section[5.2.4] mainly to investigate the sensitivity of the flash boxes. It
was discovered that a 0.005 bar change to the lean flash box pressure would change
the system capture rate by approximately one percentage point wt.%, whereas a
steam heater attached to the lean flash box steam output, would require a 7.4
°C to 8.7 °C temperature increase for the same change in capture rate. This would
potentially increase the level of control of the system, at the cost of a slight decrease
in system efficiency.

The aim of the project was therefore accomplished, as various operating con-
ditions have been investigated, along with some potential changes to the internal
systems, to find performance of the system under varying operating conditions, as
well as where the system would perform the best. A table was set up in Section
of recommended system settings at various flue gas CO, concentrations, to reflect
the optimizations found in this project.
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