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Abstract:

Decarbonising the maritime sector is a press-
ing challenge in achieving global climate goals,
as shipping faces significant complications to
direct electrification. In response to this, the
production of green ammonia, integrated with
high-temperature (HT) solid oxide electrolysis
cells (SOECs) and low-temperature (LT) proton-
conducting SOECs (P-SOECs), is investigated to
optimise large-scale green ammonia production
for maritime applications. The objective is to eval-
uate the technical and economic feasibility of a
500 MW electrolysis-based ammonia plant with
and without heat integration between the Haber-
Bosch reactor (HBR) and steam electrolysis. The
plant is modelled as three subsystems: hydro-
gen production via steam electrolysis, nitrogen
production via cryogenic air separation, and am-
monia synthesis through the HB process. Pro-
cess simulations in Aspen Plus are coupled with
electrochemical modelling in MATLAB to assess
four case configurations: SOEC and P-SOEC sys-
tems, with and without heat integration. Results
show that heat integration significantly improves
plant performance, with the heat-integrated HT
SOEC case achieving the highest electrical effi-
ciency of 82.3% and lowest levelised cost of am-
monia (LCOA) of 310 - 535 USD/tonNH3 , making
it competitive with other green ammonia path-
ways. While the P-SOEC configuration benefits
most from waste-heat integration, it remains con-
strained by lower Faradaic efficiency and higher
capital costs. These findings highlight the po-
tential of heat-integrated steam electrolysis sys-
tems as a cost-effective pathway to supply green
ammonia for the maritime industrys transition to
carbon neutrality.
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Summary
This thesis investigates the techno-economic feasibility of optimising green ammonia production by in-

tegrating high-temperature (HT) solid oxide electrolysis cells (SOECs) and low-temperature (LT) proton-

conducting SOECs (P-SOECs) with the Haber-Bosch (HB) process. The work is motivated by the pressing

need to decarbonise the maritime sector, a hard-to-abate industry that accounts for approximately 2.3%

of global CO2 emissions. Using ammonia as an e-fuel presents advantages in terms of a high volumetric

energy density, an existing global infrastructure, and potential for fully renewable production without

any CO2 emissions. To accommodate the e-fuel production capacity required for the transition of the

maritime industry, a large-scale green ammonia plant using a 500 MW electrolysis system is considered.

The large-scale green ammonia plant is modelled as three main subsystems: (1) hydrogen production via

steam electrolysis, (2) nitrogen production via a cryogenic air separation unit (CASU), and (3) ammonia

synthesis through the HB process. Emphasis is placed on the integration of waste heat from the HB reac-

tor (HBR), enabled by the exothermic ammonia synthesis reaction, to improve overall plant efficiency and

reduce production costs. When considering heat integration between ammonia synthesis and steam elec-

trolysis, an optimisation problem arises, since ammonia synthesis favours lower operating temperatures

(400-500 °C) to increase the equilibrium conversion and thereby ammonia yield. In comparison, steam

electrolysis favours higher operating temperatures (800-1000 °C) for increased Faradaic efficiency (FE)

and thereby hydrogen production. If a steam electrolyser is operated at a lower temperature, it increases

the percentage of the required heat duty for steam generation that the HBR can cover, thereby reducing

energy consumption. However, this also reduces hydrogen generation from the electrolyser, creating the

optimisation problem. Therefore, four plant configurations are evaluated to analyse the effect of steam

electrolysis operating temperature:

1. HT SOEC without heat integration (SOEC-B)

2. HT SOEC with heat integration (SOEC-INT)

3. LT P-SOEC without heat integration (P-SOEC-B)

4. LT P-SOEC with heat integration (P-SOEC-INT)

Process models of the three subsystems are developed in Aspen Plus, including specified ammonia syn-

thesis reaction kinetics and coupling with electrochemical models in MATLAB. The results show signif-

icant benefits of heat integration. The SOEC-INT case achieves the highest plant energy efficiency by

significantly reducing the external heating requirement, resulting in lower operational costs compared to

the non-integrated cases. While the P-SOEC offers potential improvements in durability due to lower op-

erating temperatures, its lower FE leads to higher electricity and water consumption, and elevated stack

prices lead to higher capital costs and therefore levelised cost of ammonia (LCOA). The techno-economic

analysis indicates that the SOEC-INT configuration is the most cost-effective, enabling ammonia pro-
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duction at a competitive price compared to other green ammonia pathways. The resulting plant energy

efficiency and LCOA across the four cases are seen in Figure 1.
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(b) LCOA after 20 years.

Figure 1: Comparison of the four cases in terms of overall plant energy efficiency and LCOA. An upper and lower
margin for the LCOA is included to illustrate the sensitivity of electricity costs.

Besides the performance presented in Figure 1, the main conclusions can be summarised as follows:

• Heat integration between the HBR and SOEC significantly improves the technical performance of

the ammonia plants by covering 55.2% and 69.7% of the heat required for steam generation in the

SOEC and P-SOEC systems, respectively.

• The HT SOEC cases offer the best balance of efficiency and LCOA for large-scale e-ammonia pro-

duction, although durability challenges remain. SOEC-INT is the most cost-effective configuration

with an electrolysis electrical efficiency of 82.3%.

• The LT P-SOEC cases exhibit the highest relative efficiency gain from adding heat integration,

increasing the electrolysis electrical efficiency from 67.7% to 75.5%. However, challenges in stack

efficiency, prices and scalability must be addressed.

• Green ammonia can play an important role in the transition of the maritime sector to carbon neu-

trality, with integrated systems enabling competitive production costs.
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Nomenclature
Symbol Description SI Unit

a Activity [atm]
d Discount rate [%]
f ◦ Pure component fugacity [atm]
kr Kinetic constant of reverse reaction [mol/(m3·atm · s)]
ṁ Mass flow rate [kg/s]
m Mass [kg]
ṅ Molar flow rate [mol/s]
p Partial pressure [bar]
r Reaction rate [mol/m3−s]
x Mole fraction [-]
y Year [-]

A Area [m2]
C Costs [USD]
D Diameter [m]
E Voltage [V]
E0 Open-cell potential [V]
F Faraday constant [C/mol]
GHSV Has-hourly space velocity [1/h]
HHV Higher heating value [MJ/kg]
Hrxn Heat of reaction [kJ/mol]
I Current density [A/m2]
I0 Exchange current density [A/m2]
Ka Equilibrium constant [-]
L Length [m]
LCOA Levelised cost of ammonia [USD/ton]
LHV Lower heating value [MJ/kg]
N Number of [-]
P Pressure [bar]
Q̇ Heat transfer rate [W]
Ru Universal gas constant [J/(mol · K)]
T Temperature [°C] / [K]
V̇ Volume flow rate [m3/s]
V– Volume [m3]
Ẇ Power [W]

α Charge transfer coefficient [-]
γ Pre-exponential factor [A/m2]
δ Layer thickness [m]
η Efficiency [-]
ρ Density [kg/m3]
σ Activation energy [kJ/mol]
ϕ Porosity [-]
χ Production capacity [kg/h]
ψ Fugacity coefficient [atm]

∆ Change [-]
Φ Electrical resistivity [Ωm]



Sub-/superscript Description

xA Anode
xact Activation (overpotential)
xbed Catalyst bed
xbp Bulk phase
xC Cathode
xcat Catalyst
xcell Electrolysis cell
xconc Concentration (overpotential)
xE Electrolyte
xgen Generated
xohm Ohmic (overpotential)
xi Species
xin Input
xreq Required
xstack Electrolysis stack
xtn Thermoneutral
xtot Total
xtpd Triple phase boundary

x◦ Standard state at 25°C and 1 atm
xop Operational
xcap Capital

Chemical Species Description

Ar Argon
BZY Yttrium-doped Barium Zirconate
CO2 Carbon Dioxide
e– Electron
H+ Hydrogen ion
H2 Hydrogen
H2O Water
KOH Potassium Hydroxide
N2 Nitrogen
NH3 Ammonia
Ni Nickel
O2 – Oxygen ion
O2 Oxygen
OH– Hydroxide ion
YSZ Yttrium Stabilised Zirconia



Abbreviations
Abbreviation Description

AEA Aspen Energy Analyser
AEC Alkaline Electrolysis Cell
APEA Aspen Process Economic Analyser
ASU Air Separation Unit
BAU Business As Usual
CAPEX Capital Expenditures
CASU Cryogenic Air Separation Unit
CCS Carbon Capture and Storage
CCUS Carbon Capture, Utilisation and Storage
EU European Union
FE Faradaic Efficiency
GHG Greenhouse Gas
GHSV Gas-Hourly Space Velocity
HB Haber-Bosch
HBR Haber-Bosch Reactor
HER Hydrogen Evolution Reaction
HEX Heat Exchanger
HHV Higher Heating Value
HP High-Pressure
HPC High-Pressure Column
HT High-Temperature
IPCC Intergovernmental Panel on Climate Change
IRENA International Renewable Energy Agency
LCOA Levelised Cost Of Ammonia
LHV Lower Heating Value
LPC Low-Pressure Column
LT Low-Temperature
MAT Minimum Approach Temperature
MER Minimum Energy Requirement
MILP Mixed-Integer Linear Programming
MSHX Multi-Stream Heat Exchanger
OER Oxygen Evolution Reaction
OPEX Operational Expenditures
PBR Packed-Bed Reactor
PCFC Proton-Conducting Fuel Cell
PEMEC Proton Exchange Membrane Electrolysis Cell
PFD Process Flow Diagram
P-SOEC Proton-Conducting Solid-Oxide Electrolysis Cell
PtX Power-to-X
RES Renewable Energy Source
SMR Steam-Methane Reforming
SOEC Solid-Oxide Electrolysis Cell
SOFC Solid-Oxide Fuel Cell
TRL Technology Readiness Level
WGS Water-Gas Shift



Contents

1 Introduction 1
1.1 Technology Overview . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 4

1.1.1 Water Electrolysis for Green Hydrogen Production . . . . . . . . . . . . . . . . . . . . 4
1.1.1.1 Solid Oxide Electrolysis Cell . . . . . . . . . . . . . . . . . . . . . . . . . . . . 6
1.1.1.2 SOEC Development Perspective . . . . . . . . . . . . . . . . . . . . . . . . . . 7

1.1.2 Haber-Bosch Synthesis for e-Ammonia Production . . . . . . . . . . . . . . . . . . . . 9
1.1.2.1 Synthesis Reaction & Equilibrium Limitations . . . . . . . . . . . . . . . . . 10
1.1.2.2 Case: Large-Scale Production of Marine E-Ammonia . . . . . . . . . . . . . 10

1.2 Literature Review on SOEC Heat-Integrated Systems . . . . . . . . . . . . . . . . . . . . . . . 11
1.2.1 SOEC Temperature Considerations & Faradaic Efficiencies . . . . . . . . . . . . . . . . 12

2 Problem Statement 15

3 Integrated SOEC-HB System 17
3.1 Overall System Configuration . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 17

3.1.1 Aspen Plus Modelling Approach . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 18
3.2 Process Description of Subsystems . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 19

3.2.1 HT SOEC System & Stream Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 21
3.2.2 LT P-SOEC System & Stream Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . 23

3.3 Mathematical Models . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 25
3.3.1 Electrochemical Electrolysis Models . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 25

3.3.1.1 SOEC & P-SOEC Mole Balances . . . . . . . . . . . . . . . . . . . . . . . . . . 26
3.3.1.2 Sizing & Model Inputs . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 27
3.3.1.3 SOEC Model Verification & Results . . . . . . . . . . . . . . . . . . . . . . . . 28

3.3.2 Kinetic Ammonia Synthesis Model . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 30
3.3.2.1 Reactor Sizing & Model Inputs . . . . . . . . . . . . . . . . . . . . . . . . . . 31
3.3.2.2 HBR Performance Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 32

4 Feasibility Study & Results 35
4.1 Economic Feasibility Study . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 35
4.2 Results of Techno-Economic Study . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 36

4.2.1 Electricity Consumption & Plant Efficiency . . . . . . . . . . . . . . . . . . . . . . . . . 36
4.2.2 Levelised Cost of Ammonia . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 38
4.2.3 Comparison to Existing Ammonia Production & Literature . . . . . . . . . . . . . . . 41

5 Discussion 43
5.1 Electrolysis Design & Model Assumptions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 43
5.2 Ammonia Synthesis Operating Conditions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 44
5.3 Validity of Economic Feasibility Analysis . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 44
5.4 The Choice of Ammonia for Maritime E-Fuel . . . . . . . . . . . . . . . . . . . . . . . . . . . . 45

6 Conclusion 47

7 Future Work 49
7.1 Research & Development in P-SOECs . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 49

7.1.1 Faradaic Efficiency & Temperature Relation . . . . . . . . . . . . . . . . . . . . . . . . 49
7.2 Further Optimisation Possibilities . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 49

7.2.1 SOEC & P-SOEC Parameters . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 50
7.2.2 HB Loop Operating Conditions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 50

xi



Contents

Bibliography 51

A Appendix: Definitions 57
A.1 Efficiency Definitions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 57
A.2 Technology Readiness Level Definition . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 58
A.3 Energy & Temperature Relation for The Decomposition of Water . . . . . . . . . . . . . . . . 58

B Appendix: Extended SOEC Model 61
B.1 Diffusion Calculations for Concentration Overpotentials . . . . . . . . . . . . . . . . . . . . . 61
B.2 Mole Balances for SOEC & P-SOEC Systems . . . . . . . . . . . . . . . . . . . . . . . . . . . . 63

C Appendix: Aspen Models 67
C.1 Aspen Flowsheet Diagrams . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 67

C.1.1 CASU . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 67
C.1.2 HB Loop . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 70

C.2 SOEC & P-SOEC System . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 72
C.3 HEX Network Optimisation in Aspen . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 75

C.3.1 SOEC System . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 75
C.3.2 P-SOEC System . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 75

xii



1 | Introduction

In light of the accelerating consequences of climate change caused primarily by anthropogenic greenhouse

gas (GHG) emissions, there is an urgent need for ambitious strategies to support the green transition. To

avoid the most severe effects of global warming, the Paris Agreement aims to keep the global average

temperature increase below 2 °C, preferably 1.5 °C, compared to pre-industrial levels [1]. However, pro-

jections from the Intergovernmental Panel on Climate Change (IPCC) [1] indicate a sharp rise in global

temperatures, increasing the need for bold climate action to accommodate the Paris Agreement and reach

targets like net-zero carbon emissions in 2050 set by the European Union (EU) [2]. This requires a trans-

formation across all sectors. Certain industrial and transport sectors face significant technological and

economic barriers to direct electrification, making decarbonisation more challenging. According to the

International Renewable Energy Agency (IRENA) [3], these hard-to-abate sectors include road freight

transport, shipping, aviation, iron and steel, and chemicals and petrochemicals. Together, these five sec-

tors account for approximately 24% of global energy consumption and 20% of the total CO2 emissions,

distributed as seen in Figure 1.1.

Energy consumption [EJ/year] CO₂ emissions [Gt/year]

Heavy-duty trucks OtherChemicals and
petrochemicals

Iron and steelAviationShipping

311
76%

29
6.5%

35
8.5%

16
3.9%

11
2.7%

11
2.7%

29.4
80%

1.8
4.9%

2.8
7.6%

1.3
3.5%

0.8
2.2%

0.9
2.3%

Figure 1.1: The hard-to-abate sectors distribution regarding global energy consumption and total CO2 emissions.
Data from [3].

Decarbonising these sectors requires a variety of approaches, all related to renewable energy, energy

efficiency improvements, and carbon capture, utilisation and storage (CCUS). According to IRENA [3],

one key approach, particularly relevant in shipping and aviation, is the indirect use of clean electricity via

synthetic fuels and feedstock. This concept, known as power-to-X (PtX), involves indirect electrification

by producing renewable hydrogen [3]. Besides using pure hydrogen, two synthetic fuels, known as e-

fuels, are highlighted in the shipping industry: methanol and ammonia. Hydrogen primarily applies

to short-distance shipping, since it requires frequent refuelling due to a low volumetric energy density,
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Chapter 1. Introduction

leading to storage limitations [4]. The volumetric energy density for various fuels is visualised in Figure

1.2a, distinguishing between carbon-based and zero-carbon fuels. The exception to hydrogen is when it is

liquefied and stored cryogenically, which significantly increases its volumetric energy density. This results

in more compact storage but requires more energy for storage conditioning [5]. Figure 1.2b illustrates

the various energy storage options in terms of storage capacity and duration, highlighting the potential

of long storage periods and a wide range of storage capacities for chemical storage compared to other

storage technologies [6]. This is important to consider for medium to long-distance shipping.
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H₂ (350 bar)

Li-battery (NMC)

Volumetric energy denisty [kWh/L]

Carbon-based fuels
Zero-carbon fuels

(a) Volumetric energy densities of a range of fuel options [7].
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Figure 1.2: Different fuel and energy storage options, highlighting ammonia as a high-energy-density, zero-carbon
fuel, and chemical storage as a long-period, high-capacity energy storage option. Data from [5] and [8].

Methanol, in comparison to hydrogen, is suitable for medium to long-distance shipping, is easy to store,

and can be retrofitted to existing ships. Possibly the most significant challenge facing e-methanol is the

carbon content. A biogenic carbon source is required to produce green e-methanol, thereby necessitating

the addition of potentially expensive carbon capture technologies. Reliance on a biogenic carbon source is

not ideal for long-term decarbonisation, as this resource can become scarce quickly. In contrast, ammonia

is a carbon-free fuel that also has an existing global infrastructure, due to its role in the fertiliser industry.

Ammonia is ideal for long-distance shipping, as it has a higher volumetric energy density than hydrogen,

increasing onboard storage capacities. Although the toxicity of ammonia causes safety concerns, these are

considered manageable given the existing large-scale handling of ammonia [4]. However, when utilising

ammonia in internal combustion engines, other challenges arise regarding nitrogen oxide emissions, high

combustion temperature, and slow flame speed, leading to the use of dual-fuel engines [8]. Still, with

ammonia’s carbon-free composition and role in an already established global economy, it is considered

here as an interesting option for sustainable shipping.

Green ammonia for e-fuel purposes remains in the earlier stages of development (considering both pro-

duction and combustion technologies), while the large-scale production of so-called grey ammonia is

widespread due to its role in the fertiliser industry. Conventionally, ammonia is produced via the Haber-

Bosch (HB) process - an artificial nitrogen fixation process - which accounts for approximately 1.8%

of global CO2 emissions [5, 9]. This stems primarily from the water-gas shift (WGS) reaction and the

energy-intensive steam methane reforming (SMR) process used to produce grey hydrogen. SMR alone

2



Chapter 1. Introduction

accounts for around 80% of the total energy consumption in a conventional fossil-fuel-based ammonia

plant, making ammonia production the most CO2-intensive industrial chemical process in the world [5].

To decarbonise this industry and thereby enable green ammonia production, replacing SMR with renew-

able hydrogen via water electrolysis is currently the most mature and widespread option. To ensure fully

green ammonia production, a renewably powered air separation unit (ASU) is also necessary to produce

nitrogen for the process. The value chain for green ammonia production is illustrated in Figure 1.3.

Direct use

Indirect use
(cracking/
dehydro-
genation)

Power plants
(combustion)

Fertiliser & chemicals

Ship fuel

Fuel cells

Power plants

Electrolysis

Ammonia
Synthesis

Renewable
Energy

Air Separation
Unit

Ammonia storage
and transport

SO/Alkaline
Fuel cellsH₂

N₂

NH₃

Figure 1.3: Overview of the green ammonia value chain from renewable energy to form H2 and N2, synthesised to
NH3 to some possible end-uses, including energy transport, direct use, and indirect use. Figure inspired by [5, 7].

Several technologies for water electrolysis are available, each offering distinct advantages and limita-

tions. The most prominent are alkaline electrolysis (AEC) and proton exchange membrane electrolysis

(PEMEC), both of which are low-temperature (LT) technologies with high technology readiness levels

(TRLs). In contrast, solid oxide electrolysis cells (SOECs) operate at high temperatures and can provide

higher electrical efficiencies if available thermal energy is utilised. [10] However, besides being less ma-

ture than AEC and PEMEC, the SOEC technology also faces durability issues due to high thermal stress.

Therefore, researchers are investigating SOECs operating at lower temperatures to address this issue,

consequently leading to lower efficiencies, creating an operational optimisation problem.

In the context of green ammonia production, coupling a high-temperature (HT) steam electrolysis tech-

nology with the exothermic ammonia synthesis process presents an interesting opportunity for heat in-

tegration. SOECs are particularly relevant in this context, both in the intermediate and high-temperature

ranges. Therefore, this report focuses on investigating the potential synergies and techno-economic ad-

vances arising from the heat integration of a coupled ammonia synthesis and SOEC-based hydrogen

production plant, with an emphasis on enabling the decarbonisation of the maritime industry.
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Chapter 1. Introduction

1.1 Technology Overview

To gain knowledge of how a coupled SOEC-ammonia synthesis plant can help in the decarbonisation of

the maritime industry, it is essential to understand the mechanisms behind the central processes. In this

technology overview, this is achieved through the analysis of SOEC-based water electrolysis and green

ammonia synthesis. The overview will focus on the working principles of the processes and present both

advancements and limitations of the technologies in question.

1.1.1 Water Electrolysis for Green Hydrogen Production

Hydrogen is the most abundant element in the universe, but is not found on Earth in its pure form.

Instead, it is bound into molecules, such as water and hydrocarbons, methane in particular [11]. Free

hydrogen is obtained by splitting these molecules, creating several routes for hydrogen production that

involve various renewable and fossil-based energy sources. In the route of green hydrogen production,

water electrolysis is the most established technology; however, it can also be achieved using technologies

such as thermolysis, photolysis, and biomass gasification. These methods are not yet as developed and are

unavailable on an industrial scale. [12] This report only considers the route of green hydrogen production

through water electrolysis. In water electrolysis, the electrochemical conversion of water and electricity

into hydrogen and oxygen takes place in an electrolysis cell according to the following overall reaction:

[13]

2 H2O ⇌ 2 H2 + O2 (1.1)

An electrolysis cell consists of two electrodes, an anode (positive electrode) and a cathode (negative elec-

trode), separated by an electrolyte. AEC is the most mature technology that utilises a liquid electrolyte,

achieving an electrical efficiency of around 70% based on the lower heating value (LHV), and is generally

the most cost-effective option among the three types. In PEMEC, an acidic ionomer electrolyte is used,

and is more expensive than AEC due to the use of platinum-group metal catalysts, but has a higher

electrical efficiency of around 80%. It is predicted that this efficiency can increase up to 94% as this tech-

nology advances [10]. The SOEC uses a ceramic oxide electrolyte material and operates at around 700

to 1100 °C using steam instead of liquid water, reaching cell efficiencies close to 100% [14], but with a

lower electrical efficiency of around 55%, since this technology is less developed [10, 13]. The electrical

efficiency of an SOEC can be increased significantly if freely available heat is supplied to the process [15].

The general process is the same in all three types of electrolyser cells: Water is fed into an electrochemical

cell where a sufficiently high voltage is applied, forming hydrogen at the cathode and oxygen at the

anode through the so-called hydrogen evolution reaction (HER) and oxygen evolution reaction (OER),

respectively. A comparison of both the technical and application aspects of the three electrolysis types is

provided in Table 1.1. The different efficiencies used in this report are defined in Appendix A.1, while

the TRL definitions are given in Appendix A.2.
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Table 1.1: Comparison between the general AEC, PEMEC and SOEC technologies in terms of both technical and
application aspects. *TRL 3-4 in nuclear applications [14].

AEC PEMEC SOEC

Technical Aspects

Efficiency (LHV) [10] 62-82% 67-82% 50-60%

Operating temp. [10] 40-90 °C 20-100 °C 700-1100 °C

Operating pressure [10] 1-30 bar <70 bar Atmospheric

Stack lifetime [14] 60,000-100,000 h 50,000-90,000 h 20,000-50,000 h

Electrolyte [14] Aqueous KOH (20-40 wt%) Solid acidic polymer Solid ceramic oxide

Charge carrier [10] OH– ions H+ protons O2 – ions

HER [10] H2O + 2 e– → H2 + 2 OH– 2 H+ + 2 e– → H2 H2O + 2 e– → H2 + O2 –

OER [10] 2 OH– → 1
2 O2 + H2O + 2 e– H2O → 1

2 O2 + 2 H+ + 2 e– O2 – → 1
2 O2 + 2 e–

Application Aspects

TRL [12, 14] 9 9 5-8*

Advantages [10, 15]
• Well-established tech

• Cheapest and cost-

effective

• Long-term durability

• Simple design

• High voltage efficiency

• Compact (high current

density)

• High-purity H2

• Fast response times

• Potential for near-100%

voltage efficiency

• Non-noble catalyst

• Fast response times

Challenges [10, 15]
• Large footprint

• Low current density

• Gas crossover

• Caustic environment

• Expensive components

• Corrosive environment

• Membrane degradation

• Limited lifetime

• Less mature tech

• Lower durability

• Thermal cycling issues

• Complex system design

Typical Application

[15]

Industrial H2 production On-site H2 production, lab

and military use.

Coupling with nuclear/-

solar/industrial thermal

power.

Besides a high cell efficiency, SOEC offers other advantages compared to the LT technologies. Regarding

material costs, the ceramic oxide electrolyte contains inexpensive and readily available materials, such

as zirconium, iron, manganese, and stainless steel. Nickel (Ni) and cobalt are also extensively used,

which can be an issue due to their scarcity. However, compared to AEC, which uses pure Ni and Ni-

based materials, SOEC uses four times less of the material [10, 13]. One challenge of SOEC is that the

technology is less developed, with lower durability due to high thermal stress on components. Currently,

the technology is undergoing significant development as companies begin to build commercial-scale

SOEC plants and large production factories, such as Haldor Topsoe’s SOEC factory in Herning, Denmark,

scheduled to start production in 2025 [16].
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1.1.1.1 Solid Oxide Electrolysis Cell

From a thermodynamic point of view, a high temperature is desirable in electrolysis operation, since the

minimum amount of electrical energy that must be supplied is reduced significantly as it can be replaced

by thermal energy [15]. This is favourable when HT heat is available as a waste product from other

processes, facilitating the integration of SOEC with heat from industrial processes. The relationship be-

tween operating temperature and the energy required for the decomposition of water during electrolysis

is expanded in Appendix A.3.

The working principle of an SOEC is illustrated in Figure 1.4, displaying an electrochemical cell with a

feed of water that is converted into H2 and O2 through the HER and OER using renewable electricity.

Figure 1.4a highlights the electrolyte material that, according to Smolinka et al [15], is often used for the

SOEC: Yttria-stabilised zirconia (YSZ) solid ceramic oxide. The cathode and anode are made of a ceramic

metal compound (cermet) material, often YSZ-based. YSZ is a material that provides good mechanical

strength and high oxygen-ion conductivity at temperatures above 800 °C. Figure 1.4b highlights the OER

and HER facilitated by the anode and cathode, respectively, along with the oxygen-ion and electron flows.

Cathode ‒ + Anode

O²⁻ ½O₂

Cermet Cermet

Solid ceramic
oxide (YSZ)

H₂

H₂O

(a) SOEC principle with recirculation and typical materials.

H₂O + 2e⁻ H₂ + O²⁻

O₂⁻ ½O₂ + 2e⁻ 

O²⁻

‒ Cathode

+ Anode

Electrolyte
Renewable
Electricity

e⁻

e⁻

(b) SOEC with reactions and ion flows.

Figure 1.4: Working principle of an SOEC, showing the cell consisting of the two electrodes (anode and cathode) and
the electrolyte with energy and compound flows, including H2 recirculation at the cathode. Figures inspired by [14].

While a high temperature is favourable in electrolysis operation, since the Faradaic efficiency (FE) in-

creases with temperature, leading to a higher conversion of water, a lower or intermediate temperature

causes less thermal stress on the materials, potentially solving durability issues of the cells. Some lit-

erature [14, 17] mentions SOECs operating at intermediate temperatures down to 500 °C; however, the

configuration of this type of SOEC is slightly different, as they are proton-conducting (or hydrogen-ion

conducting) rather than oxygen-ion conducting.

Proton-conducting solid oxide electrolysis cells (P-SOECs) are less mature than SOECs and have a lower

cell efficiency, but draw benefit from the intermediate operating temperature (300-700 °C [18]), not only

accommodating durability issues of the HT SOECs, but also decreasing the energy input to the cell [19].

The working principle of a P-SOEC is illustrated in Figure 1.5, showing an electrochemical cell similar to

that of the SOEC seen in Figure 1.4 with a feed of water that is converted into H2 and O2 through the HER
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and OER defined in Figure 1.5b using renewable electricity. The difference here is that water enters at the

anode, where the OER creates oxygen and hydrogen ions that are conducted through the electrolyte to

the cathode, where the HER creates hydrogen. Figure 1.5a illustrates the electrolyte material that is often

used for the P-SOEC: Barium Zirconate Yttria (BZY) solid ceramic oxide, which provides a high proton

conductivity [18, 19]. The anode and cathode are often made of a BZY-supported cermet material.

Cathode ‒ + Anode

2H⁺H₂

Cermet Cermet

Solid ceramic
oxide (BZY)

O₂

H₂O

(a) P-SOEC principle with recirculation and typical materials.

2H⁺ + 2e⁻ H₂

H₂O - 2e⁻ ½O₂ + 2H⁺ 

2H⁺

e⁻

e⁻ ‒ Cathode

+ Anode

Electrolyte
Renewable
Electricity

(b) P-SOEC with reactions and ion flows.

Figure 1.5: Working principle of a P-SOEC, showing the cell consisting of the two electrodes (anode and cathode)
and the electrolyte with energy and compound flows, including O2 recirculation at the cathode.

1.1.1.2 SOEC Development Perspective

The SOEC is often described as a less mature technology compared to AEC and PEMEC. This is true

when looking at the current capacity of SOEC systems installed in pilot and demonstration projects,

ranging from around 100 kW to 10 MW [14]. However, assessing the commercial readiness of the SOEC

technology based on these projects alone is unjustifiable, as it is almost identical to solid oxide fuel cell

(SOFC) designs. SOFCs have already been commercialised in GW-scale for backup power generation

and microgrid applications [14]. Therefore, multiple companies working on SOFC development are also

showing interest in the SOEC technology. This is accelerating the development of SOECs, as design

experience is already extensive at companies in the SOFC field, such as Haldor Topsoe. An overview

of companies active in the SOEC area is provided in Table 1.2, including a description of their SOEC

technology, estimated typical capacity, and notable projects they are currently working on.

7



Chapter 1. Introduction

Table 1.2: Overview of companies in the field of SOEC, including a technical description of their respective technol-
ogy, the typical capacities, and notable projects they are collaborating on.

Company Tech Description Typical Capacity Notable Projects

Sunfire

[20, 21]

YSZ ceramics and Ni-based

electrodes; operates around

850-900 °C with 88% electrical

efficiency (LHV).

HyLink 10 MW SOEC

module.
• MultiPLHY 2.4 MW SOEC project

using industrial waste heat

• e-CO2Met (TotalEnergies) 0.7 MW

SOEC for e-methanol

• GrInHy3.0 SOEC project using

waste heat from steelmaking

Haldor Topsoe

[16, 22]

Ni – YSZ composites; operates

around 675-825 °C targeting

>90% efficiency; optimised

for integration with industrial

heat sources.

Modular stacks used in

multi-MW scale.
• Nuclear heat integration with

Rolls-Royce small modular reac-

tors

• Herning 500 MW SOEC factory

DynElectro

[23]

YSZ-based stacks with heat-

tolerant coatings and AC:DC

operation to improve thermal

stress handling and lifetime.

Test on 30-cell stack;

1 MW system (in devel-

opment with SolydEra)

• SolydEra 1 MW hydrogen/ammo-

nia system.

Elcogen

[24]

Ceramic electrolytes supported

by stainless steel; operation

around 650-750 °C with >85%

efficiency.

Small stacks used in

pilot systems (around

100 W-10 kW)

• SYRIUS steel industry heat inte-

gration

• Convion >85% efficiency test with

HT steam.

Mitsubishi

Heavy Indus-

tries [25, 26]

Large-scale; Ni – YSZ cells and

HT steel hardware; tested in

controlled pilot environments.

400 kW test system
• Takasago Hydrogen Park 400 kW

SOEC test using HT steam.

From Table 1.2 it is apparent that most SOEC projects involve another HT process used for heat integra-

tion to produce HT steam for the SOEC system. Moreover, a tendency to build modular SOEC stacks

is observed as a consequence of limited stack sizes resulting from the irreversible compression of the

stack layers. The HT operation of an SOEC necessitates robust compression to maintain optimal contact

between the stack layers, which can cause damage to the ceramic material, leading to the assembly of

smaller modules [27]. This modularity creates a technology that can cover a wide range of capacities

from kW-scale singular stacks to modules used in multi-MW scale projects. These findings highlight the

possibility of coupling hydrogen production via SOEC with ammonia production, as is also explored in

projects involving companies such as DynElectro and Haldor Topsoe.
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1.1.2 Haber-Bosch Synthesis for e-Ammonia Production

According to Smith et al. [9], the most mature (TRL 6-8 [7]) and widespread alternative for carbon-free

ammonia production is to replace SMR in the conventional HB-process with water electrolysis to produce

green hydrogen, and by adding an ASU for nitrogen production. Ensuring an electricity input to the

entire system based solely on renewable energy, this is referred to as the green HB process in this report,

often defined in literature as the electrically driven HB process [9]. A comparison between the methane-

fed and green (electrically driven) HB process is shown in Figure 1.6, highlighting the differences in

complexity between the systems.
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Figure 1.6: System diagram of a typical conventional methane-fed HB system (left) and a green/electrically driven
system (right). WGS: Water-gas shift reactor. Figure inspired by [7, 9].

Another route to e-ammonia production includes the less-developed absorption-enhanced ammonia syn-

thesis with TRL 3-6 [7]. According to Palys et al. [28], this technology is a promising alternative to the

green HB process as it has the potential to reduce both capital and operational costs of the system, intro-

ducing a pressure 10 times lower than that of the traditional reaction-condensation HB loop (as seen in

Figure 1.6). The high pressure and temperature needed to synthesise ammonia in the HB reactor (HBR)

of around 150-300 bar and 400-500 °C lead to the use of expensive system components like multi-stage

high-pressure (HP) compressors. If the pressure is reduced in the reactor, the single-pass conversion

also decreases, along with the temperature needed for ammonia condensation to separate it from the

unreacted hydrogen and nitrogen in the HB loop. Replacing the condenser with an ammonia absorber

addresses this challenge in the absorbent-enhanced system. However, this system is more convenient in

small-scale ammonia production, making it less ideal for large-scale maritime e-fuel production.

Several other routes to green ammonia production that do not rely on water electrolysis also exist, show-

ing considerable promise for the future role of ammonia [29]. An overview of these technologies is

provided in previous work [7]. With a focus on the heat integration potential between steam electrolysis

and ammonia synthesis, this report does not further investigate the concepts that do not rely on elec-

trolysis. Considering the production of green e-ammonia for the shipping industry, a mature route that

9



Chapter 1. Introduction

enables large-scale production is the most relevant choice. This delimitation makes the green HB process

the most favourable, primarily due to it being the most developed technology, but also due to its reliance

on electrolysis.

1.1.2.1 Synthesis Reaction & Equilibrium Limitations

Ammonia synthesis is governed by the following exothermic reaction:

N2 + 3 H2 ⇌ 2 NH3 ∆H◦
rxn = −46 kJ/molNH3 (1.2)

where ∆H◦
rxn is the heat of reaction per mole of NH3 at standard conditions. Since the ammonia syn-

thesis reaction requires a high temperature (400-500 °C) to overcome the energy necessary to break the

chemical bonds [30], and the reaction is exothermic, the temperature can reach relatively high values

over the length of the reactor. With an increase in temperature, the reaction rate decreases, limiting the

equilibrium conversion in the reactor. This favours a lower operating temperature of around 400 °C in

the HBR. As mentioned, a decrease in pressure has the same effect as an increase in temperature: limit-

ing the equilibrium conversion. This leads to a preference for higher pressures in the reaction kinetics,

but this is less attractive since it increases the energy consumption and component costs of the system [28].

Due to the equilibrium limitations of the ammonia synthesis reaction, an optimisation problem arises

when considering an SOEC-HB integrated system, since the SOEC favours higher operating temperatures

to maximise the conversion of water. Operating the HBR at a higher temperature enables it to cover a

higher percentage of the latent heat required for steam generation in the SOEC, but at the cost of limited

ammonia production. Lowering the temperature of the SOEC also enables the HBR to cover a higher

percentage of the latent heat required, but results in reduced hydrogen production. Thus, there is a trade-

off between higher hydrogen or higher ammonia production when setting the operation temperature of

the two systems. Here, it is especially interesting to compare the integration of both an SOEC and a

P-SOEC, since the waste heat from the HBR can be more thermally compatible for heat integration with

the P-SOEC. In addition to considering the optimal operating conditions of a coupled system, it is also

important to consider the scale of ammonia production. In the context of e-fuel for maritime applications,

a large-scale production case is considered.

1.1.2.2 Case: Large-Scale Production of Marine E-Ammonia

According to the 2020 Ammonfuel report [31] - discussing the use of ammonia as a marine fuel from an

industrial point of view - it is estimated that 25-50% of marine fuel should be replaced by e-ammonia by

2050. In an example of a 30% replacement, it is estimated that 55 Mton of e-ammonia is to be produced

in new plants, without accounting for upscaling of the non-fuel ammonia market. The size of these new

plants highly depends on the electrolysis capacity. The capacity of conventional ammonia plants is in the

range of 1000-2400 tonNH3 /day, which requires a hydrogen supply of 177-425 tonH2 /day by stoichiome-

try. Using an example of an SOEC plant with 60% electrical efficiency (LHV-based), based on the typical
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range given in Table 1.1, this is equivalent to a 410-985 MW SOEC plant.

Currently, the largest SOEC plant is in the scale of 2.4 MW and is operated by Sunfire [20], who has

also announced the production of 10 MW modules, leaving some capacity to be desired for this scale.

However, the capacity of electrolysis plants is increasing rapidly [32], and designs of 1 GW AEC and

PEMEC systems are already developed [33]. With the rapid increase in SOEC plant capacities [34], it

is considered that the construction of a 500 MW SOEC plant by 2050 is reasonable, aiming to produce

e-ammonia in a capacity comparable to conventional ammonia plants.

1.2 Literature Review on SOEC Heat-Integrated Systems

With the central technologies in green ammonia production presented, the following section focuses on

reviewing relevant literature on SOEC heat-integrated systems. In 2017, Cinti et al. [35] published one of

the first studies on a coupled SOEC-HB system, aiming to improve green ammonia production by utilis-

ing the HT waste heat from an HBR in the SOEC process. Up until then, most work had limited focus on

integrating water electrolysis and the HB loop for green ammonia production [35]. A 40% power input

reduction was achieved compared to equivalent plants, using an HBR under heavy conditions (650 °C

and 550 bar), which enabled it to cover 98% of the heat required for the electrolysis reaction. Operating

the HBR at this high a temperature decreases the conversion efficiency of the reactor, which is why the

pressure is elevated as well to counteract this effect. Operating at a high pressure of 550 bar does come

with some safety risks, but this is also observed in other industrial ammonia production plants [36]. The

HT and HP processes entail quite a high energy demand along with safety and handling issues. In Cinti

et al. [35], comparing the SOEC-HB integrated process using the heavy-conditioned HBR to both a con-

ventional SMR-based HB plant and LT electrolysis HB (LT-EL-HB) plant, revealed a higher overall system

efficiency of 93.4% (with LT-EL-HB at 92.33% and SMR-HB at 61.12%).

More generally, the work of Wang et al. [37] and Wu et al. [38] focuses on heat integration of an SOEC

system with an industrial heat source, to estimate the change in plant performance of this addition. Wang

et al. [37] found that using waste heat from a diesel engine could increase the electrical efficiency from

73.12% to 85.17%. The study also found that operating the SOEC at 800-1000 °C significantly improved

the electrical efficiency over a wide range of current densities compared to operating at 600 °C. At an

operating temperature of 1000 °C and current density of 11,600 A/m2, an electrical efficiency of 94.52%

was achieved, implying that an optimum between operating temperature, current density, and electrical

efficiency can be found, but this optimum differs between integration cases.

Wu et al. [38] investigated SOEC heat integration for industrial waste heat recovery, operating the SOEC

in thermoneutral mode to maintain isothermal operating conditions. The study investigated the most

suitable operating point for increased system efficiency and hydrogen production by optimising the rela-

tionship between steam flow rate, temperature, and current density. It was found that operating the cell

at 800 °C with an inlet steam flow rate of 50 kg/h increased the performance of the system, leading to an

SOEC energy efficiency of 93.1% and an electrical efficiency of 106.4% based on the higher heating value
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(HHV). This is equivalent to an electrical efficiency of around 89.6% based on the LHV.

The literature study on SOEC heat-integrated systems emphasises the potential of producing green am-

monia through HT steam electrolysis, enabling heat integration between the processes for increased ef-

ficiency, and reduced energy consumption and operating costs. Early studies, such as Cinti et al. [35],

demonstrate the feasibility of coupling SOEC with the HB loop under HT and HP operating conditions,

while works by Wang et al. [37] and Wu et al. [38] illustrate the benefits of optimal SOEC operating pa-

rameters on system performance. However, several research gaps remain, of which some are highlighted

here:

• Integrated SOEC-HB systems beyond early-stage conceptual studies are explored to a small extent,

leaving research gaps about scalability, operational feasibility, and economic feasibility.

• Research conducted on extreme operating conditions in the HBR to accommodate the high temper-

ature of the SOEC instead of exploring lower temperature SOEC operation.

• Most studies focus solely on conventional oxygen-ion SOECs, while P-SOECs, which may offer

advantages in heat integration with the HBR, remain unexplored in this context.

Addressing these research gaps is essential for developing energy- and cost-efficient SOEC-based green

ammonia production systems. Therefore, it is interesting to analyse the impact of varying the SOEC

operating temperature on the overall system efficiency of green ammonia production. Here, it is relevant

to consider both the standard SOECs (oxygen-ion conducting) and the P-SOECs (proton-conducting).

1.2.1 SOEC Temperature Considerations & Faradaic Efficiencies

It has been established that a higher operating temperature (around 800-1100 °C) increases the electrolysis

cell efficiency and thereby the hydrogen production, while ammonia synthesis favours lower operating

temperatures (around 400-500 °C) to increase the ammonia yield due to equilibrium conversion limita-

tions. To investigate the impact of the SOEC operating temperature on system performance, it is essential

to have a relation that describes the temperature-efficiency dependency. The cell efficiency (ηcell) is a

product of the voltage efficiency (ηvol) and the Faradaic efficiency (ηF) of the cell:

ηcell = ηvol · ηF ηvol =
Etn

Ecell
(1.3)

where ∆Hrxn is the heat of reaction at the cell operating temperature, F is the Faraday constant, and Ecell

is the cell operating voltage. An overview of the different efficiencies and their definitions is provided

in Appendix A.1. Literature often considers a Faradaic efficiency (FE) of 100%, since HT SOECs operate

close to this value [39, 40]. However, when considering LT P-SOECs (considered LT for steam electrolysis),

the FE reduces significantly, mainly due to the concept known as electronic leakage [41]. Unfortunately,

no direct formula exists that connects the cell operating temperature to the FE; thus, this value must

be determined based on experimental values. There are some uncertainties associated with using these

experimental values, as they depend heavily on the specific design and materials used in the given cell.
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This, combined with a lack of available literature on FE in SOECs and P-SOECs, also complicates making

an accurate relation between the operating temperature and the FE. In this report, it is chosen to look

at two operating cases based on available literature data: An HT SOEC operating at 800 °C and a LT

P-SOEC operating at 500 °C. A thermoneutral operating mode, at which the electrolysis reaction is in

equilibrium, is considered for both cases. This mode ensures isothermal operation of the cells at which

point the voltage efficiency is equal to 100%.

Jin et al. [18] report FE values between around 40 and 70%, depending on the cell operating voltage,

for a BZY-based P-SOEC operating at 500 °C. Operating in thermoneutral mode, the FE reaches a value

of around 53.8%. Conversely, Duan et al. [39] report high FE values in the range of 96 to 99% for a

YSZ spinel-based SOEC operating between 700 and 800 °C. When considering thermoneutral operation

at 800 °C, the FE is estimated to be 96.8%. The difference in FE values between the presented SOEC and

P-SOEC sources is quite significant, creating an interesting trade-off in the presented cases.

Based on these findings, the focus of this report is to investigate heat integration in an SOEC-HB coupled

system, aiming to optimise system performance by considering the SOEC operating mode. Consequently,

four cases are compared, considering both SOEC/P-SOEC operation and with/without heat integration:

1. HT SOEC without heat integration (SOEC-B)

2. HT SOEC with heat integration (SOEC-INT)

3. LT P-SOEC without heat integration (P-SOEC-B)

4. LT P-SOEC with heat integration (P-SOEC-INT)

The cases are compared both in terms of their technical and economic feasibility. The economic aspect

is highly relevant, since the price of SOEC and P-SOEC stacks varies, and the degradation of these must

also be considered. Besides enabling comparisons between cases, this also allows for comparisons of

the green ammonia plant with conventional and similar green ammonia plants. This focus presents a

novel approach to estimating the techno-economic feasibility of steam electrolysis-HB integrated systems,

aiming to expand on the research provided by previous studies such as Cinti et al. [35], Wang et al. [37],

and Wu et al. [38]. The following chapter presents the focus of this report in the form of a problem

statement, which is analysed and answered in the subsequent chapters.
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The primary focus of this report is to model a green ammonia production plant by integrating the waste

heat from the HBR with an SOEC or P-SOEC to enhance the overall energy efficiency and minimise

production costs for maritime e-fuel applications. The green ammonia production plant consists of three

central processes: hydrogen production via steam electrolysis, nitrogen production via cryogenic air

separation, and ammonia synthesis through the HB process. In this plant setup, four cases are considered:

Using an HT SOEC with and without heat integration, and using an LT P-SOEC with and without heat

integration. Based on this system, the following problem statement is formulated:

How can a coupled Haber-Bosch and solid oxide electrolysis plant be operated to reduce energy consumption and

increase the overall energy efficiency of green ammonia production through heat integration?

The problem statement is solved through the following work questions:

1. How can the ammonia plant be modelled to estimate the impact of heat integration when operating

with an HT SOEC and an LT P-SOEC?

2. Which of the four mentioned cases is more technically feasible in terms of electricity consumption

and global plant efficiency?

3. What is the economic feasibility of the four mentioned cases when compared to other green am-

monia production plants and conventional grey ammonia production?

Report Structure

The solution to the problem statement is provided through the following report structure: Chapter 3

introduces the integrated SOEC-HB system configuration, the associated process modelling approach in

Aspen Plus and mathematical models developed for the different cases. Chapter 4 presents the technical

performance of the systems, along with an economic feasibility study and its results. Chapter 5 discusses

the achieved results and uncertainties of these, while Chapter 6 provides a conclusion to the findings of

this report, and Chapter 7 delves into the future research directions.
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3 | Integrated SOEC-HB System

This chapter presents a description of the processes involved in the four case configurations considered

for green ammonia production with steam electrolysis in the form of SOECs or P-SOECs. While multiple

cases are analysed, the processes of nitrogen production and ammonia synthesis are the same for all. The

description comprises the designed system configuration, process modelling of system components in

Aspen Plus, and a mathematical modelling approach, including electrochemical electrolysis models and

a kinetic ammonia synthesis model.

3.1 Overall System Configuration

A diagram of the SOEC-HB integrated system concept is illustrated in Figure 3.1, comprising three sub-

systems: (1) the electrolysis system for hydrogen production, (2) the cryogenic air separation unit (CASU)

for nitrogen production, and (3) the HB loop for ammonia synthesis.
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Figure 3.1: Overview of the SOEC-HB integrated system concept, divided into the three subsystems modelled in
Aspen Plus: The Electrolysis system, the CASU, and the HB loop.

It is seen from Figure 3.1 that the electrolysis system is not fully defined, as the steam generation and

heat exchanger (HEX) network must be determined for each case. This network depends on whether

the SOEC or P-SOEC setup is used, as the options for internal heat exchange differ, and whether heat

integration with the HBR is considered. For both the HT and LT cases, the HB loop and CASU models
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are constructed using the same approach. The HB loop and CASU model are both based on Aspen Plus

system models developed and verified by Asgharian et al. [42]. The approach to modelling the system

seen in Figure 3.1 is to:

1. Create process models of the subsystems, applying overall mass and energy balances using Aspen

Plus,

2. Create more detailed models of the electrolysis cells using mathematical models developed in MAT-

LAB, and implement the results of these in the Aspen models,

3. Define ammonia synthesis reaction kinetics for implementation in the Aspen HB loop process

model, and

4. Use Aspen Process Economic Analyser (APEA) to provide the required inputs to conduct an eco-

nomic analysis and calculate the levelised cost of ammonia (LCOA).

The first step of the modelling approach is expanded in the following section.

3.1.1 Aspen Plus Modelling Approach

Each of the subsystems is built separately in Aspen Plus, using the output of N2 and H2 from the CASU

and SOEC models, respectively, as input for the HB loop. The chosen property method for the system

models is Peng-Robinson, as this method is ideal for non-polar and real component systems. The process

models are constructed by defining each component from the blocks available in Aspen. Since no elec-

trolysis units are available in the version of Aspen used (V12.1), the cells are simulated using an RStoic

block (stoichiometric reactor), defining the fractional conversion of the electrolysis reaction, based on the

FE determined from literature. To simulate the products leaving the cathode and anode, a separator block

is used, assuming 100% separation efficiency of the electrolyte (only the ions it is designed to conduct

travel through it). An overview of how the SOEC and P-SOEC stacks are simulated in Aspen Plus is seen

in Figure 3.2.
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H₂O/H₂ H₂O/H₂
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H₂O      H₂ + ½O₂
Frac. conversion of H₂O
= Faradaic efficiency

(a) SOEC model approach in Aspen.
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(b) P-SOEC model approach in Aspen.

Figure 3.2: Components and settings used for SOEC and P-SOEC stack models in Aspen Plus.

The only input required from the electrochemical model to the RStoic component, besides operating

temperature and pressure, is the Faradaic efficiency. The entire electrolysis system also requires the cal-
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culated inlet flow rate of water and recycle flows. These parameters are all presented in Section 3.3.1 and

summarised in Table 3.5.

The remaining system components are modelled as follows: The HBR is modelled as an RPlug block,

simulating a packed-bed reactor (PBR) operating isothermally and with a pressure drop defined by the

Ergun equation. The reaction kinetics used as input to this block are presented in Section 3.3.2 along

with the reactor dimensions. All compressors are modelled using a polytropic method with a polytropic

efficiency of 80% [38], whereas the pumps are modelled with a 75% efficiency. The HEXs are modelled as

shell-and-tube HEXs with a pressure drop of 0.05 bar on the cold and hot side and a minimum approach

temperature (MAT) of 5 °C. Similarly, all coolers and heaters are modelled with a pressure drop of

0.05 bar. For the electric heater, an efficiency of 98% is assumed [37]. These values are all summarised in

Table 3.1.

Table 3.1: Overview of input parameters to flow component modelling in Aspen.

System parameter Value Unit

Electric heater efficiency 98 %

Water pump efficiency 75 %

Compressor polytropic efficiency 80 %

HEX pressure drop (e/s) 0.05 bar

Heater/cooler pressure drop 0.05 bar

MAT 5.0 °C

To ensure high energy efficiency in the constructed electrolysis subsystems, HEX networks are designed to

utilise as much of the internal heat duty as possible. The HEX networks in the HT SOEC and LT P-SOEC

systems are optimised using the Aspen Energy Analyser (AEA) application. As a baseline for developing

the networks, the HEX network presented by Wu et al. [38] is used. Firstly, minor alterations were

made to accommodate the available temperatures in the system streams, after which AEA determined

the minimum energy requirement (MER) network by solving a mixed-integer linear programming (MILP)

problem. The MER is the theoretical minimum amount of hot and cold utilities needed for maximum

heat recovery, determined through a pinch analysis. [43] In Appendix C.3, the results generated by AEA

after achievement of the MER networks are illustrated for all four cases. This means that the actual utility

use is equivalent to the targeted utility use. Thus, the complete subsystems have been developed, and the

associated processes are described next.

3.2 Process Description of Subsystems

A CASU is chosen as this is the most well-known approach for nitrogen production and proven to be

the most cost-effective solution [44, 45]. The CASU takes dry air, composed of 78.1% nitrogen, 20.95%

oxygen, and 0.95% argon, as an input and separates it into nitrogen, oxygen, and a waste product using an

HP distillation column (HPC) and an LP distillation column (LPC). As seen in the process flow diagram

(PFD) illustrated in Figure 3.3, the dry air is firstly compressed to 6 bar and water-cooled, after which it is
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split into a minor stream (stream 4) that is further compressed to 12 bar and cooled, and a major stream

(stream 7).
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Figure 3.3: Detailed PFD of the CASU, based on Asgharian et al. [42].

Both the major and minor streams enter a multi-stream heat exchanger (MSHX) in which they are cooled

to a low temperature of -166 °C, liquefying the minor stream. The minor stream is then expanded to

1.35 bar (stream 8) before it enters the LPC operated at cryogenic conditions. The expansion of the minor

stream results in a significant temperature reduction, providing the required refrigeration to maintain

cryogenic conditions in the LPC. This is necessary for the condensation of oxygen, causing it to sepa-

rate from the nitrogen in the dry air. The major stream is transferred directly from the MSHX to the

HPC (stream 10), from which a rich nitrogen stream exits at the top (stream 13), where it is liquefied in

a condenser and partially recycled into the HPC (stream 16), directing the remaining to the LPC after

expansion to 1.35 bar (stream 18). A rich nitrogen stream leaving the bottom of the HPC (stream 11) is

also expanded to 1.35 bar before entering the LPC. From the bottom of the LPC, an oxygen-rich liquid

stream (stream 19) exits, as oxygen has the highest boiling point among the air components. This stream

is heated in a reboiler, which is heat-integrated with the condenser, and directed to a flash tank (stream

21), separating the stream into liquid oxygen directed to the MSHX (stream 23) and oxygen gas recycled

to the LPC (stream 22). A nitrogen-rich cryogenic gas stream exits at the top of the LPC and is directed

into the MSHX (stream 24), along with a waste stream also exiting the LPC (stream 25).

In the MSHX, cooling the air streams causes a temperature increase in the liquid oxygen stream, nitrogen

gas stream, and waste gas stream, causing them to exit at ambient temperature. The oxygen stream

(stream 26) is then compressed and ready for tank storage, while the waste stream is vented to the

atmosphere (stream 28), and the nitrogen stream is compressed and forwarded into the HB system (stream

30). Before entering the HB loop seen in Figure 3.4, the nitrogen stream is cooled using cooling water

(CW) and mixed with compressed hydrogen (stream 55).
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Figure 3.4: Detailed PFD of the HB loop, based on Asgharian et al. [42].

In the HB loop, the hydrogen-nitrogen feed mixture enters the system at a temperature of around 445 °C

and pressure of 150 bar (stream 56). The feed is firstly guided into HEX1, where it is heated to the reactor

operating temperature of 450 °C and directed into the reactor (stream 58). In the reactor, the feed mixture

reacts over an iron-based catalyst bed to form ammonia. The product gas (stream 59), now consisting of

a mixture of hydrogen, nitrogen and ammonia, enters two HEXs where it is used to firstly heat the inlet

feed stream (HEX1) and then to pre-heat the recycled gas stream (HEX2). It is then cooled to -18 °C to

condense the ammonia content using a refrigerant in HEX3, after which a flash tank is used to separate

the liquid ammonia (stream 63) from the remaining gas mixture, which is recycled (stream 64). The

recycle stream is re-pressurised and led back through HEX1 and HEX2 to the reactor (stream 66), where

it is mixed with the feed stream, creating the HB loop.

3.2.1 HT SOEC System & Stream Results

In the HT SOEC system illustrated in Figure 3.5, clean water is pumped into a HEX network (stream 32),

increasing the pressure of the stream to 1.263 bar. The temperature of the water stream is then increased

through HEX1 to HEX3 to create HT steam. In the case of heat integration (SOEC-INT), an additional

HEX is added (HBR-HEX) between HEX2 and HEX3. Before the steam enters the SOEC at the cathode,

an electric heater is used to reach the operating temperature of 800 °C. Inside the SOEC, the HT steam

is now split into pure oxygen, exiting at the anode (stream 50), and a hydrogen-steam mixture, exiting at

the cathode (stream 39). At the anode, some of the oxygen is recycled and used as a sweep gas (stream

51) to avoid build-up in the anode [38, 46]. At the cathode, some of the hydrogen is separated from the

hydrogen/steam mixture and recycled into the cathode stream (stream 40). The remaining gas mixture is

used to heat the water in HEX3 (stream 41), after which it is compressed to 20 bar, water-cooled, and then

used to heat the water again in HEX2. The mixture then enters a condenser (stream 45) and is separated

into hydrogen gas (stream 48), ready to be transferred to the HB loop, and water (stream 47) using a flash

tank. Furthermore, the oxygen that is not recycled at the anode is used to heat the water in HEX1 (stream

52).
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Figure 3.5: Detailed PFD of the HT SOEC system, illustrating the HEX network both with and without heat integra-
tion with the HBR, adding the HBR-HEX to the system in the case of heat integration.

The primary challenge of operating the system at 800 °C is the durability of the components. HT com-

pressors often cannot operate within this inlet temperature range, as the outlet temperature will escalate.

Thus, it is necessary to cool the hydrogen/steam mixture before compression to ensure that the com-

pressor operates at a realistic temperature for the available materials. HEX3 ensures that the temperature

is decreased to 50 °C (stream 42) before compression, while CA-COOL decreases the temperature after

compression to 600 °C before entering HEX2.

The resulting temperature, pressure, and composition of the key streams of the complete HT system are

presented in Table 3.2. The streams of the HT system, comprising the CASU, the HB loop, and the SOEC,

are summarised for both the non-integrated (SOEC-B) and integrated case (SOEC-INT) in Table 3.2. It is

noted that the only element in the key streams changing between the SOEC-B and SOEC-INT case is the

temperature of stream 36 (steam temperature before mixing with recycle stream and electric heating in

SOEC). For the SOEC-B case, the internal heating of the SOEC system is sufficient to evaporate the water,

raising its temperature to 119.2 °C. Whereas, for the SOEC-INT case, the temperature reaches 649.6 °C

due to the heat supplied from the HBR, leading to a much lower heating requirement of the electric heater

in this system.

From Table 3.2 it is also seen that the nitrogen exiting the CASU (stream 30) is only 99.91 mol%N2 pure.

Moreover, the hydrogen exiting the SOEC (stream 48) contains a trace amount of water (0.129 mol%H2O),

since it is not completely condensed from the hydrogen/steam mixture. As a consequence, the green

ammonia produced in the HB loop contains 99.24 mol%NH3 , the rest being a small amount of the O2, Ar

and H2O transferred from the CASU and SOEC, including remains of H2 and N2.
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Table 3.2: Temperature, pressure, and composition of the key streams from the HT systems: SOEC-B and SOEC-INT.
The stream numbers align with the PFDs in Figure 3.3, Figure 3.4, and Figure 3.5.

HT Case

CASU SOEC HB LOOP

Stream number 1 30 31 36 36-INT 39 47 48 58 59 63

Temperature [°C] 15.00 1213 15.00 119.2 649.6 800.0 20.00 20.00 444.7 450.0 -18.00

Pressure [bar] 1.013 150.0 1.013 1.063 1.063 1.013 20.00 20.00 149.9 149.3 149.2

Flow rate [kmol/s] 1.027 0.641 1.984 1.984 1.984 2.204 0.116 1.922 8.458 7.182 1.287

Composition [mol%]

H2 0 0 0 0 0 97.12 0.302 99.87 74.02 60.52 0.383

N2 78.10 99.91 0 0 0 0 0 0 24.12 19.52 0.137

O2 20.95 0.008 0 0 0 0 0 0 0.035 0.042 0.004

NH3 0 0 0 0 0 0 0 0 1.643 19.71 99.24

H2O 0 0 100 100 100 2.880 99.70 0.129 0.029 0.035 0.192

Ar 0.950 0.085 0 0 0 0 0 0 0.153 0.180 0.042

3.2.2 LT P-SOEC System & Stream Results

The LT P-SOEC system seen in Figure 3.6 requires the same number of HEXs as the HT SOEC system, but

has quite a different configuration due to the gas flows from the P-SOEC. Again, pure water is pumped,

increasing the pressure to 1.263 bar, into a HEX network (stream 32) to create LT steam, adding the HBR-

HEX in the case of heat integration (P-SOEC-INT). Before entering the P-SOEC anode, the electric heater

is used to increase the temperature to the required 500 °C (stream 38). The P-SOEC reaction mechanism

then splits the steam into pure hydrogen at the cathode (stream 43) and an oxygen-steam mixture at the

anode (stream 39). Some of the oxygen is then separated from the mixture and recycled into the steam

entering the anode (stream 40). The remaining oxygen-steam mixture is used to heat the water in HEX2

(stream 41) before it exits the system. The dry hydrogen exiting at the cathode is first used to heat the

water in HEX1, before it is compressed to 20 bar, water-cooled, and used to heat the water in HEX3

(stream 47). The hydrogen stream is then ready to enter the HB loop.
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Figure 3.6: Detailed PFD of the LT P-SOEC system, illustrating the HEX network both with and without heat
integration with the HBR, adding the HBR-HEX to the system in the case of heat integration.
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Even as the P-SOEC system operates at a lower temperature than the SOEC system, component durability

must still be considered to ensure that realistic materials can be used. Thus, a compression pre-cooler,

reducing the temperature to 60 °C, and a pre-cooler to HEX3 (H2-COOL), reducing the temperature to

600 °C, are added to the system. The primary difference between the non-integrated and integrated sys-

tems in both the HT and LT systems, aside from the addition of the HBR-HEX, is the power required to

be supplied to the electric heater to achieve the required temperatures.

The streams of the LT system, comprising the CASU, the HB loop, and the P-SOEC, are summarised for

both the non-integrated (P-SOEC-B) and integrated case (P-SOEC-INT) in Table 3.2. In the LT system,

there is no difference in the temperature of key stream 36 (steam temperature before mixing with recycle

stream and electric heating in P-SOEC) between the two cases. This is due to the reduced available

internal heat duty of the P-SOEC system due to a lower operating temperature. This causes the water to

still be in the process of evaporating at this point, with or without adding the heat duty from the HBR.

Of course, the water in the P-SOEC-INT case is closer to being fully evaporated, since more energy has

been supplied to cover the required heat of vaporisation, leading to a lower heating requirement of the

electric heater in this system.

Table 3.3: Temperature, pressure, and composition of the key streams from the LT systems: P-SOEC-B and P-SOEC-
INT. The stream numbers align with the PFDs in Figure 3.3, Figure 3.4, and Figure 3.6.

LT Case

CASU P-SOEC HB LOOP

Stream number 1 30 31 36 36-INT 39 42 48 58 59 63

Temperature [°C] 15.00 1213 15.00 99.95 99.95 500.0 107.6 20.00 444.9 450.0 -18.00

Pressure [bar] 1.013 150.0 1.013 1.063 1.063 1.013 0.963 20.00 149.9 149.4 149.2

Flow rate [kmol/s] 1.030 0.644 3.587 3.587 3.587 3.021 2.623 1.929 8.502 7.220 1.289

Composition [mol%]

H2 0 0 0 0 0 0 0 100 17.55 12.21 0.047

N2 78.10 99.91 0 0 0 0 0 0 78.31 53.57 0.227

O2 20.95 0.008 0 0 0 45.11 36.77 0 0.140 0.140 0.008

NH3 0 0 0 0 0 0 0 0 3.281 33.37 99.62

H2O 0 0 100 100 100 54.89 63.23 0 0 0 0

Ar 0.950 0.086 0 0 0 0 0 0 0.712 0.712 0.101

From Table 3.3, it is seen that the purity of the N2 stream leaving the CASU (stream 30) is the same as

in the HT system, but that there is a difference in molar composition of the H2 supplied to the HB loop

(stream 48). With the P-SOEC electrolyte being hydrogen-ion (H+) conducting, completely separating the

H2 from the steam mixture, there is no water entering the HB loop, slightly increasing the purity of the

ammonia product to 99.62 mol%NH3 .
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3.3 Mathematical Models

For both the HT and LT cases, the electrochemical reaction in the cell is modelled using a script in

MATLAB, as the version of Aspen Plus used (V12.1) does not include built-in electrolysis components.

This is then simulated using an RStoic reactor in Aspen Plus, providing the flows found from the script

and determined FE for the given case. For the reaction kinetics used in the HBR, Aspen Plus offers

options to define these parameters directly in the RPlug reactor component. This section presents the

mathematical models used to determine the SOEC and HBR reaction mechanisms.

3.3.1 Electrochemical Electrolysis Models

Both the SOEC and P-SOEC operate under thermoneutral conditions, meaning that the operating voltage

equals the thermoneutral voltage. The operating voltage (Ecell) of the SOEC can be determined from:

Ecell = Eeq + Eohm + Eact + Econc (3.1)

where Eeq is the equilibrium potential, Eohm is the ohmic overpotential, Eact is the activation overpotential,

and Econc is the concentration overpotential. The thermoneutral voltage (Etn) is determined from the

reaction enthalpy (∆Hrxn) at the given operating temperature [38]:

Etn =
∆Hrxn,T

2 · F
(3.2)

∆Hrxn,T = 3.49 · T
1000

+
9.82

2
·
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)2
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·
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)3
+
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)4
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(
T

1000

)−1
+ 244.07

(3.3)

The efficiency of the cell, which defines the H2O conversion, is determined from the FE, as the voltage

efficiency is 100% in the thermoneutral operation mode. Since no relation defines the FE as a function of

temperature, experimental values found in literature [18, 39] are used for the given operating conditions,

as described in Section 1.2.1. Since the thermoneutral voltage is used, it is not necessary to find the

equilibrium potential and overpotentials to find the operating voltage. However, these are still calculated

to determine the polarisation curve, which can be used to verify the model. The Nernst equation expresses

the equilibrium potential [38]:

Eeq = E0 +
Ru · T
2 · F

ln

 pH2
Pstd

·
(

pO2
Pstd

)0.5

pH2O
Pstd

 (3.4)

where Ru is the universal gas constant, pi is the partial pressure (of species i =H2, O2, H2O), and Pstd is

the standard pressure (1 atm). E0 is the open cell potential at standard conditions, which for a temperature

range of 500-1500 °C [37] can be expressed as:

E0 = −1.253 + 2.4516 × 10−4 · T (3.5)
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Assuming that the change in electrical resistivity is constant, the ohmic overpotential can be defined by

[37]:

Eohm = I · δE · Φ Φ = 2.99 × 10−5 · exp
(

10300
T

)
(3.6)

where I is the current density, δE is the electrolyte layer thickness, and Φ is the electrical resistivity of the

electrolyte given by equation (3.6).

The total activation overpotential is a summation of the activation overpotential at the anode (Eact,A) and

cathode (Eact,C), derived from the Butler-Volmer equation of the anode and cathode reactions [37]:

Eact,A =
Ru · T
αA · F

sinh−1
(

I
2 · I0,A

)
I0,A = γA · exp

(
−σa,A

Ru · T

)
(3.7)

Eact,C =
Ru · T
αC · F

sinh−1
(

I
2 · I0,C

)
I0,C = γC · exp

(
−σa,C

Ru · T

)
(3.8)

where I0 is the exchange current density governed by the Arrhenius equation, α is the charge transfer

coefficient, γ is the pre-exponential factor, and σa is the activation energy, all defined for both the anode

and cathode.

Similarly, the total concentration overpotential is a summation of the concentration overpotential at the

anode (Econc,A) and cathode (Econc,C). For the SOEC these are defined in equation (3.9), and for the P-

SOEC in equation (3.10) [44]:

SOEC: Econc,A =
Ru · T
2 · F

ln

(√
pO2,tpb

pO2,bp

)
Econc,C =

Ru · T
2 · F

ln

(
pH2O,bp · pH2,tpb

pH2O,tpb · pH2,bp

)
(3.9)

P-SOEC: Econc,A =
Ru · T
2 · F

ln

(
p0.5

O2,tpb · pH2O,bp

p0.5
O2,bp · pH2O,tpb

)
Econc,C =

Ru · T
2 · F

ln

(
pH2,bp

pH2,tpb

)
(3.10)

where pi,tpb and pi,bp are the partial pressures (of species i =H2, O2, H2O) at the triple phase boundary

and in the bulk phase, respectively. The calculation of pi,tpb and pi,bp is found in Appendix B.1 and B.2,

respectively, for both the SOEC and P-SOEC configuration.

3.3.1.1 SOEC & P-SOEC Mole Balances

To determine the required flows of the SOEC and P-SOEC system, a mole balance is established for each

case, ensuring mass conservation within the system. The generated mole flows of a singular stack are

determined by [44]:
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ṅH2,gen =
Acell · I · Ncells

2 · F
ṅO2,gen =

Acell · I · Ncells
4 · F

(3.11)

where Acell is the cell surface area and Ncells is the number of cells per stack. The models are designed to

generate the same amount of hydrogen and oxygen, resulting in a difference in the required water input

due to a difference in the conversion of water. The required H2O flow is determined from the FE:

ṅH2O,req =
ṅH2,gen

ηF
(3.12)

The remaining mole flows are determined using a simple mass balance over the streams surrounding

the cells. An overview of this is given in Appendix B.2. To find the total generated H2 and O2 flows

and required H2O flow of the entire 500 MW electrolysis plant, equations (3.11) and (3.12) are simply

multiplied by the number of stacks in the system.

3.3.1.2 Sizing & Model Inputs

To determine the number of stacks required for a 500 MW system, the power of one stack (Ẇstack) is first

determined from the cell power (Ẇcell):

Ẇstack =
Ẇcell · Ncells

ηACDC
Ẇcell = Etn · I · Acell (3.13)

where ηACDC is the AC/DC conversion efficiency. The number of stacks is then found by dividing the

500 MW by the stack power and rounding off to the closest integer greater than or equal to this value. The

design parameters used for the SOEC and P-SOEC cells are based on literature using similar operating

conditions to those of this report. They are summarised in Table 3.4, along with the operating conditions,

stream compositions, and overpotential parameters.
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Table 3.4: Overview of the input parameters to the electrochemical electrolysis model for the HT and LT case.

SOEC P-SOEC Sources

Operating Conditions

Operating Temperature, T [°C] 800 500 [18, 39]

Operating pressure, P [bar] 1.013 1.013 [18, 39]

Thermoneutral voltage, Etn,@T [V] 1.288 1.276 Calculated

Current density, I@Etn [A/cm2] 4.541 0.192 [18, 38]

Faradaic Efficiency, ηFE [%] 96.80 53.77 [18, 39]

Stream Composition

Feed stream composition, xi [mol%] 90 H2O / 10 H2 90 H2O / 10 O2 [38]

Sweep gas composition, xi [mol%] 100 O2 - [38]

Anode recycle ratio, ṅan,rec/ṅan,gen [mol%] 25 - [46]

Design Parameters

Electrolyte layer thickness, δE [µm] 12.5 50 [37, 47]

Cell surface area, Acell [cm2] 400 100 [37, 38]

Number of cells per stack, Ncells [-] 1500 2000 [37, 38]

AC/DC conversion efficiency, ηACDC [%] 95 95 [38]

Overpotential Parameters

Pre-exponential factor anode, γA [A/m2] 2.051 × 109 2.5363 × 107 [37, 48]

Pre-exponential factor cathode, γC [A/m2] 1.344 × 1010 6.7212 × 107 [37, 48]

Activation energy anode, σa,A [kJ/mol] 120 100 [37, 48]

Activation energy cathode, σa,C [kJ/mol] 100 100 [37, 48]

Charge transfer coefficients, α [-] 0.5 0.5 [48, 49]

Electrical resistivity, Φ [Ωm] 2.031 × 10−9 4.710 × 10−12 [37, 48]

3.3.1.3 SOEC Model Verification & Results

Using the open cell voltage found from the electrochemical model at thermoneutral voltage and the

corresponding current density seen in Table 3.4, the polarisation curves of the SOEC and P-SOEC are

found. The equilibrium potential and overpotentials are found for a range of current densities, result-

ing in the cell operating voltage development seen in Figure 3.7 for both an SOEC and P-SOEC. These

polarisation curves are then compared to literature models operating at the same temperatures [18, 38].

Most of the data used for the two models are based on these sources, so the current densities at the

thermoneutral voltage are equal between the models and literature values. For both cells, the model

exhibits a logarithmic-like development, undershooting voltage values at low and high current densities

and slightly overshooting in between. In the area around the current density used in these models, the

error between the two curves is assumed to be acceptable if it’s below 5%. For the SOEC, the acceptable

area of operation, in which the electrochemical model is considered to be verified, is then between a cur-

rent density of around 0.5 A/cm2 and 6.5 A/cm2. For the P-SOEC, the acceptable area of operation is at

a current density of around 0.165 A/cm2 to 0.415 A/cm2 and again at around 0.825 A/cm2 to 1.8 A/cm2.
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(b) P-SOEC polarisation curve at 500 °C.

Figure 3.7: Polarisation curves of the electrolysis cell models of this study compared to polarisation curves in litera-
ture at similar operating conditions [18, 38].

The cause of the undershoots at the lower current densities can be due to activation overpotentials being

too low in this area of operation in the models. At lower current densities, the activation necessary for

charge transfer is usually higher, making this the most prominent overpotential in this area. At the higher

current densities, the concentration overpotential, caused by the resistance to the transport of reactant and

product species approaching and leaving the reaction site, respectively, is more prominent. This implies

that the model underestimates this value at higher current densities. [15]

With the electrochemical SOEC models verified in the area of operation used in this report, the results of

these models are presented in Table 3.5, highlighting the parameters used as input to the Aspen models.

It is noticed that there’s a big difference between the cell power of the SOEC and the P-SOEC. This is

due to the SOEC being able to operate at a much higher current density (4.5 A/cm2 vs 0.192 A/cm2 for

P-SOEC), and the cell surface area of the SOEC being 4 times larger. As the number of cells per stack is

also a bit higher, the resulting number of stacks is around 70 times more for the P-SOEC than the SOEC.

Since P-SOECs are not as developed as SOECs, it makes sense that P-SOEC stacks are not yet scaled for

large-scale production.

Since the number of stacks is rounded off to the higher integer, the total power input to the models is

slightly higher than 500 MW, with the SOEC at 501.43 MW and the P-SOEC at 500.02 MW. This results

in the generation of hydrogen and oxygen being slightly different between the models as seen from

Table 3.5. Moreover, since the electrolysis systems are built to generate similar amounts of hydrogen, the

water input varies significantly between the models due to the difference in Faradaic efficiency, directly

affecting the required water flow as seen from equation (3.12).
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Table 3.5: Resulting stack performance and plant molar flows of the SOEC and P-SOEC systems.

SOEC P-SOEC Aspen Input

Cell power, Ẇcell [kW] 2.339 0.025 -

Stack power, Ẇstack [kW] 3693 5.164 -

Number of stacks, Nstacks [-] 136 9682 -

Resulting total power, Ẇtot [MW] 5.023 5.002 -

Total flow rates [kmol/h]

H2O required, ṅH2O,req 7141 12,913 Stream 31: Total flow rate

H2 recycle flow, ṅH2,rec 793.5 - Sep: H2 flow

O2 recycle flow, ṅO2,rec - 1435 Sep: O2 flow

O2 anode sweep flow, ṅO2,sweep 864.1 - FSplit: O2 flow

H2 generation, ṅH2,gen 6913 6943 -

O2 generation, ṅO2,gen 3456 3472 -

Using the inlet flow rate of water and the recycle flow rates, found from the electrochemical models, as

an input to the Aspen electrolysis models, the H2 and O2 generated flow rates are found to be the same,

with a relative error below 0.005%. The Aspen flowsheets of the electrolysis subsystems are presented in

Appendix C.1.

3.3.2 Kinetic Ammonia Synthesis Model

The HBR is modelled as an isothermal 1D PBR based on the setup presented in Asgharian et al. [42] for

an HBR operating at 450 °C and 150 bar. In Aspen Plus, the HBR is modelled as an RPlug component

defining the necessary parameters given by the following mathematical model. Ammonia synthesis

follows the reaction seen in equation (3.14):

N2 + 3 H3 ⇌ 2 NH3 ∆H◦
rxn = −46 kJ/molNH3

(3.14)

where ∆H◦
rxn is the heat of reaction per mole of NH3 at 298 K. The inlet nitrogen flow rate is calculated

considering a stoichiometric H2/N2 ratio of 3:1 and the generated H2 flow rate from the electrochemical

SOEC model. The conversion fraction of the ammonia synthesis reaction depends on the reaction rate

determined by the specific catalyst utilised in the reactor. In this model, a fixed bed of KM1 iron catalyst

is utilised, since it is the industrial standard [28]. The rate kinetics are based on Kibria et al. [50], defining

the rate of formation of ammonia by the Temkin kinetic model:

rNH3 = kr

K2
a aN2

[
(aN2)

3

(aNH3)
2

]1/2

−
[
(aNH3)

2

(aH2)
3

]1/2
 (3.15)

where rNH3 is the reaction rate, kr is the kinetic constant of the reverse reaction, Ka is the equilibrium

constant of the reaction, and ai is the activity (of species i = N2, H2, NH3). kr is a function of temperature,

determined using the Arrhenius equation seen in equation (3.16):
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kr(T) = 1.7698 × 1015 · exp
(
−1705.61

Ru · T

)
(3.16)

Ka and ai are determined from equation (3.17) and (3.18), respectively:

log10 Ka = −2.69112 · log10 T − 5.519,27 × 10−5 · T + 1.848,86 × 10−7 · T2 +
2001.6

T
+ 2.6899 (3.17)

ai = xi f ◦i f ◦i = ψiP (3.18)

where xi is the mole fraction, f ◦i is the pure component fugacity at the temperature and pressure of the

system, and ψi is the fugacity coefficient (of species i = N2, H2, NH3). ψi are experimentally determined

relations depending on the operating temperature and pressure of the system, and can be found in Kibria

et al. [50]. Through the presented equations, the instantaneous reaction rate of ammonia is calculated as

a function of the axial z-direction, temperature, and pressure over the reactor volume.

3.3.2.1 Reactor Sizing & Model Inputs

The size of the HBR in the HT and LT case is determined using equal gas-hourly space velocities (GHSVs)

for each case, aiming for a value in the range of 10,000-15,000 h−1 [51, 52]. The GHSV depends on the

volume flow rate at standard conditions (V̇◦
std) and the catalyst volume (V– cat):

GHSV =
V̇◦

in
V– cat

(3.19)

Using a bed porosity of 0.4 and fixing the diameter of the reactor, the required reactor length and catalyst

volume are determined for each case. The HT case is used as a starting point, iterating between values of

reactor length, diameter, and catalyst volume within the allowed GHSV range. During this iteration, the

pressure drop in the reactor is important to consider, as it is sensitive to the reactor sizing. The pressure

drop is calculated in Aspen Plus using the Ergun equation. The volume and mass of the catalyst are

found from the resulting HBR volumes using the following equation:

V– cat = V– HBR · (1 − ϕbed), mcat = V– cat · ρcat (3.20)

An iteration between the calculated reactor length and catalyst mass of the HBR and the resulting volume

flow rate of the gas mixture entering the HBR in the Aspen Plus model is then made to find the final

GHSV of the two cases. The resulting design parameters for the HBR are summarised in Table 3.6 along

with the operating conditions.
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Table 3.6: Overview of the input parameters to the kinetic HBR model for both the HT and LT case.

HT Case LT Case Sources

Inlet Conditions

Inlet Temperature, T [°C] 450 [42]

Inlet pressure, P [bar] 150 [42]

Design Parameters

Bed porosity, ϕbed [-] 0.4 [42]

Catalyst particle diameter, Dp [m] 2.3 × 10−3 [50]

Catalyst particle density, ρcat [kg/m3] 3250 [50]

Reactor diameter, Dr [m] 4.40 Modelled

GHSV [h−1] 11,051 Modelled

Reactor length, Lr [m] 7.000 7.037 Modelled

Catalyst mass, mcat [kg] 207.553 208.637 Modelled

3.3.2.2 HBR Performance Results

The change in molar composition over the HBR length is seen in Figure 3.8a for the HT case (same

result in LT case), while Figure 3.8b displays the change in molar flow rates over the HBR length for

both the HT and LT cases. The overall conversion of nitrogen into ammonia, including recycling, reaches

approximately 98.5% for both the HT and LT cases. The ammonia yield is almost the same in the two

cases, with the HT case producing 78.74 tonNH3 /h and the LT case producing 78.90 tonNH3 /h. This

minimal difference is attributed to the slight variation in hydrogen generation between the SOEC and

P-SOEC systems, as well as the differences in reactor design.
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Figure 3.8: Change in molar composition and molar flow rates over the length of the HBR. Only the reactants and
products of the ammonia synthesis reaction are included, although there are traces of other components.

An overview of some of the key performance parameters for the HBR is summarised in Table 3.7, dis-

playing that the HT and LT cases are almost identical. This is expected since the inputs to both systems
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are the same, with only slight changes in the inlet flow rates, and as mentioned, since the reactor designs

differ slightly to have identical GHSVs.

Table 3.7: Key performance parameters of the HBRs modelled in the HT and LT systems.

Parameter HT Case LT Case

NH3 yield [ton/day] 1890 1894

Conversion [%] 98.55 98.54

Residence time [s] 13.60 13.62

Pressure drop [bar] 0.557 0.552

HBR waste heat [MW] 67.18 67.50

This concludes the modelling approach related to the detailed mathematical models and performance

results of the electrolysis cells and HBR. Following this, the economic analysis is presented in the next

chapter, along with the results of the techno-economic study.
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4 | Feasibility Study & Results

In this chapter, the results of the system models outlined in Chapter 3 are presented and evaluated. This

comprises a presentation of the economic feasibility study and the final results of the techno-economic

analysis, assessing the performance and feasibility of the presented cases.

4.1 Economic Feasibility Study

The economic feasibility of an SOEC-HB heat-integrated system is analysed by estimating the LCOA

for the LT and HT cases with and without heat integration between the HBR and SOEC. The LCOA is

calculated from the sum of costs over the plant lifetime, comprising the capital expenditures (CAPEX) and

operational expenditures (OPEX), and the annual ammonia production capacity (χNH3,year) as follows:

LCOA =

(
CAPEX + OPEX

χNH3,year

)
li f etime

(4.1)

The CAPEX is calculated using the APEA extension in Aspen Plus for the available components. This

excludes the SOEC and P-SOEC stacks that are instead found in the available literature. Prosser et al. [53]

estimate a CAPEX of around 130 mio USD for 500 MW SOEC stacks operated at 750 °C and 1.3 bar. It is

more difficult to find an accurate source on the cost of P-SOECs, since they are less developed. Instead,

a source on a proton-conducting fuel cell (PCFC) operated at 550 °C is found in Dubois [54] with an

estimated specific CAPEX of 457 USD/kW, resulting in a CAPEX of 228.5 mio USD for 500 MW P-SOEC

stacks. Typically, a plant lifetime of 20-25 years is considered, but the lifetime of a typical SOEC or P-

SOEC stack is only around 5 years [53, 54]. It is expected that the lifetime of P-SOEC stacks will increase

as this technology increases in TRL, since the thermal stress is lower on this cell. However, since the

technology is still in early development, a lifetime of around 5 years is estimated by Dubois [54]. This

must also be considered when evaluating the CAPEX, which can be found from equation (4.2):

CAPEX = Ccap
HB loop + Ccap

CASU + Ccap
electrolysis (4.2)

where Ci
j is the cost of category i (here capital) for system j. Similarly, the yearly OPEX is found using

the APEA application and can be found from the following summation:

OPEXyear = Cop
HB loop + Cop

CASU + Cop
electrolysis (4.3)

This includes both the OPEX in terms of electricity costs, utility costs and operation and maintenance

costs. The lifetime OPEX can then be found from equation (4.4):

OPEXli f etime =
li f etime

∑
y=1

OPEXyear

(1 + d)y−1 (4.4)
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where y is the year and d is the discount rate. The values used in the feasibility study are summarised in

Table 4.1. It is observed that the expected plant lifetime is set to 20 years, indicating that the stacks must

be replaced three times during this period. The annual hours of operation are based on Asgharian et al.

[42], assuming that the plant must be shut down for 6 weeks a year for maintenance. The discount rate

is based on Palys et al. [28], while the cost of deionised water of 2.32 USD/m3 is found in Zeitoun et al.

[55]. The cost of electricity of 52 USD/MWh is based on the highest unit cost of onshore wind in the EU

based on 2024 numbers from IRENA [56]. Since it is not accurate to assume a fixed cost of electricity,

especially when looking 20 years into the future, a lower and upper margin for this value is added as a

sensitivity test to the economic analysis. The lower value of 42 USD/MWh is based on 2024 values from

[57] and the upper value of 88 USD/MWh is based on 2019 values from [58].

Table 4.1: Overview of parameters used for all cases in economic feasibility study.

Parameter Value Unit

Expected plant lifetime 20 years

Expected stack lifetime 5 years

Annual hours of operation 7758 hours

Discount rate, d 8.3 %

Cost of deionised water 2.32 USD/m3

Cost of electricity

Base value 52 USD/MWh

Lower value 42 USD/MWh

Upper value 88 USD/MWh

Based on the methodology presented in this section, the results of the economic feasibility study are

presented next, along with the connection to the technical results.

4.2 Results of Techno-Economic Study

Based on the developed models and the methods of the economic feasibility study presented, the technical

and economic feasibility results are presented in this section.

4.2.1 Electricity Consumption & Plant Efficiency

Since the HB loop and CASU subsystems are identical between the HT and LT cases, except for slight

differences in flow rates, the electricity consumption of these subsystems is also almost identical as seen

on Figure 4.1. The primary difference between the four cases lies in the electricity consumption of the

electrolysis system, which is attributed to the electric heater used to achieve the operating temperature

of the electrolysis cells. Most noticeable is the large electricity requirement of the electric heater in the

P-SOEC-B case, reaching 141 MW. This is due to the lower heat duty of the internal HEX network in

this system, meaning that the water has only just started to evaporate, and the remaining latent heat
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required to evaporate the water is higher. Conversely, the electricity requirement of the electric heater in

the SOEC-INT system is only 13.6 MW, as the internal HEX network, combined with the heat duty from

the HBR in this system, is more than sufficient to evaporate the water.

Electricity Consumption Distribution
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Figure 4.1: Electricity consumption of the four cases, divided between the three subsystems: Electrolysis, HB loop,
and CASU.

The reduction in electricity consumption between the non-integrated and heat-integrated cases sums to

5.45% for the SOEC system and 8.24% for the P-SOEC system. Considering the heat duty required to

bring the water input to the operating temperature of the cells, the waste heat from the HBR is able to

cover 55.2% and 69.7% of this for the SOEC and P-SOEC systems, respectively.

The plant energy efficiency (ηplant) is closely related to the electricity consumption, and is calculated from

equation (4.5), also including the calculation of the electrolysis electrical efficiency (ηel,electrolysis):

ηplant =
ṅNH3 · LHVNH3

Q̇in,tot + Ẇin,tot
, ηel,electrolysis =

ṅH2 · LHVH2

Ẇin,electrolysis
(4.5)

where Q̇in and Ẇin are the total external heat and power input, respectively. The resulting plant energy

efficiency and electrolysis electrical efficiency for each case are presented in Figure 4.2, with the most

efficient case being SOEC-INT.
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Figure 4.2: Plant and electrolysis efficiencies of the four cases found from equation (4.5).

The technical performance results of the four cases are summarised in Table 4.2.

Table 4.2: Technical performance results. *Of the heat duty required to bring water to the cell operating temperature.

SOEC-B SOEC-INT P-SOEC-B P-SOEC-INT

Electric heater electricity input [MW] 55.50 13.59 141.4 70.28

Total electricity consumption [MW] 783.2 741.3 866.9 795.4

Plant electricity consumption reduction [%] - 5.35 - 8.24

HBR heat duty coverage* [%] - 55.2 - 69.7

Efficiency [%]

Plant energy efficiency, ηplant 41.71 42.96 38.73 41.54

Electrolysis electrical efficiency, ηel,electrolysis 76.58 82.30 67.66 75.46

The electrical efficiencies are valuable for comparison with similar systems; however, the economic results

are also crucial for such a comparison. The results of the economic feasibility study are presented next,

estimating the LCOA of the four cases.

4.2.2 Levelised Cost of Ammonia

The LCOA of the four cases depends on CAPEX, OPEX, and production capacity, as seen in equation

(4.1). The CAPEX and OPEX are evaluated both in terms of yearly costs and lifetime costs as summarised

in Table 4.3 together with the annual ammonia production and the resulting LCOA. As expected, consid-

ering the found electricity consumption and plant efficiencies, the LCOA is lowest for the SOEC-INT case

and highest for the P-SOEC-B case.
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Table 4.3: Results of the economic feasibility study OPEX and LCOA values are based on the base value of electricity
costs.

SOEC-B SOEC-INT P-SOEC-B P-SOEC-INT

Yearly NH3 Production [kton/year] 612.2 612.2 613.1 613.1

Yearly costs [mio. USD/year]

Capital Expenditures, CAPEX 44.47 45.05 61.39 61.75

Operational Expenditures, OPEX 346.9 336.3 401.1 372.7

Costs after 20 years [mio. USD]

Capital Expenditures, CAPEX20 889.4 900.9 1228 1235

Operational Expenditures, OPEX20 3608 3498 4175 3876

Levelised Cost of Ammonia, LCOA 367.3 359.3 440.6 416.8

It is evident that both the CAPEX and OPEX impact the difference in LCOA. Regarding the CAPEX, the

cost of the P-SOEC cells is the largest contributor to the high cost of electrolysis for the P-SOEC cases, as

seen in Figure 4.3. Since the lifetime of the plant is assumed to be 20 years and the lifetime of the stacks

is only 5 years, it is accounted for that the stacks should be replaced 3 times during the plant lifetime.
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Figure 4.3: The distribution of CAPEX between the plant subsystems and the stacks, across the four cases. This is
based on a lifetime of 20 years, meaning that the stack degradation is taken into account.

It is expected that the CAPEX of the HB loop and CASU will be almost the same across all four cases,

as they are constructed in the same way, with only minor changes in flow rates. For the same reason,

the OPEX distribution after 20 years of operation, seen in Figure 4.4, shows the same tendency for the

HB loop and CASU. Here, it is seen that electrolysis is evidently the most significant contributor. This

fits well with the high electricity consumption of the 500 MW stacks and electrolysis system presented in

Figure 4.1.
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20-year OPEX Distribution
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Figure 4.4: The distribution of OPEX between the plant subsystems, across the four cases for the base value cost of
electricity found in Table 4.1.

The resulting LCOA after 20 years for all four cases based on the presented CAPEX, OPEX and ammonia

production is illustrated on Figure 4.5. As mentioned, the constant cost of onshore wind-based electricity

used in this analysis presents quite a rigid assumption. Therefore, the LCOA is calculated with an upper

and lower bound value to test the sensitivity of this result. This is illustrated in the form of error bars

on Figure 4.5, which are seen to alter the resulting LCOAs significantly. The upper values are all around

45-50% higher than the base LCOAs, while the lower values are around 12-14% lower.
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Figure 4.5: The resulting LCOA after 20 years across the four cases, with the error bars illustrating the effect of the
cost of electricity used.

The development of the LCOA over the lifetime of the plant is seen in Figure 4.6 for all four cases. It

is observed that the development follows an exponentially decreasing function, with sudden increases

attributed to scheduled stack replacements. This development indicates that the price of ammonia is

already halved after 4 years of production, while the reduction over the plant lifetime is around 70%.
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Figure 4.6: LCOA development over a plant lifetime of 20 years for the four cases.

The results of the techno-economic study indicate that the most feasible case, both technically and eco-

nomically, is the SOEC-INT case, highlighting the potential for heat integration between an SOEC and

HB process.

4.2.3 Comparison to Existing Ammonia Production & Literature

The results presented are relevant in comparison to similar ammonia production plants, considering both

business-as-usual (BAU) SMR plants for grey ammonia production and other types of green ammonia

plants based on an electricity input from renewable energy sources (RES). The LCOA for the SOEC-INT

case, concluded to be the most energy- and cost-efficient case, is compared to different types of ammonia

production plants in Figure 4.7. It is observed that the SOEC-INT case is not competitive with BAU

SMR, as expected, but shows promise compared to blue ammonia production, where carbon capture and

storage (CCS) is integrated into the SMR plant, considering the lower LCOA value. When compared

to the RES-based ammonia production technologies (wind and solar), the SOEC-INT case shows great

promise and competitiveness, even when considering the upper LCOA value.
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Figure 4.7: LCOA across different technologies for ammonia production from Schueler et al. [59], compared to the
SOEC-INT case of this study.

The electrical efficiency of the SOEC-INT case is found to be 82.3% as seen in Figure 4.2b. In the literature

study presented in Section 1.1, electrical efficiencies of other SOEC-integrated systems were given based

on the studies conducted by Wang et al. [37] and Wu et al. [38]. A comparison between these values

and the SOEC-INT case is presented in Figure 4.8, along with the electrical efficiency of a typical stand-

alone SOEC-system (without waste heat integration) [10]. It is seen that the SOEC-INT case performs

significantly better than the stand-alone case, as expected, but is just below the other two integrated

cases. Although this difference is not significant, with electrical efficiencies of 85.2% in Wang et al. [37]

and 89.6% in Wu et al. [38]. It is noted that neither of these sources accounts for the influence of the FE.
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Figure 4.8: Electrical efficiency of electrolysis system of SOEC-INT case compared to literature values from [10, 37,
38].

With the results of the techno-economic analysis presented and compared to similar literature systems, a

discussion of the analysis methods used and results obtained is presented in the preceding chapter.
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5 | Discussion

In this chapter, the assumptions used and results obtained from modelling the SOEC-HB integrated

systems are discussed. The primary focus is on the quality of the assumptions used for designing and

modelling the electrolysis systems and the HB loop, along with the assumptions used for the economic

analysis. Finally, the practical feasibility of using ammonia for maritime e-fuel applications is discussed.

5.1 Electrolysis Design & Model Assumptions

The design parameters used for the SOEC and P-SOEC stacks are based on multiple sources, which can

introduce uncertainty in the validity of the FE values, as these are determined for specific material choices

and operating conditions. Changing the cell dimensions does not affect the input to the Aspen model,

as this only impacts the overpotentials used for verification and the number of stacks required for the

500 MW systems. However, the current density and FE values would need to change accordingly, as these

are influenced by the material choices and dimensions. For the HT SOEC, the operating temperature,

pressure and FE are based on Duan et al. [39]. The operating temperature and pressure coincide with the

sources used for design and overpotential parameters [37, 38]. However, the FE is based on a H2O/CO2

co-electrolysis SOEC, as FE values were only found in the literature concerning this type of SOEC. This

makes the relationship between cell voltage and current density quite different from that of a pure H2O

electrolysis cell. Thus, the current density at thermoneutral operation is based on Wu et al. [38] instead.

Since literature often disregards the FE of SOECs, assuming a 100% efficiency, the used value of 96.8%

is considered acceptable despite these uncertainties. The material used in all three sources [37–39] are

YSZ-based, making the design compatible in terms of materials.

For the LT P-SOEC, all the operating conditions are based on Jin et al. [18] using BZY-based materials.

However, most of the design and overpotential parameters are based on Ni et al. [48], who studied a

PCFC operated at 1000 °C using a cerium-oxide-based electrolyte. This means that the found overpo-

tentials contain uncertainties. The found polarisation curve, compared against the data from Jin et al.

[18] in Figure 3.7b, does show significant undershoots at lower and higher current densities, which the

parameter uncertainties of using data from Ni et al. [48] can explain.

The efficiencies used in this report are all defined and explained in Appendix A.1 to ensure transparency;

however, this is not a standard practice in the literature working with electrolysis systems. Therefore, it is

not always clear whether efficiency refers to energy input in general or electricity input only, is calculated

on an LHV or HHV basis, or if the efficiency is determined at the cell or system level. This often leads to

the misconception that SOEC systems can operate at high electrical efficiencies of nearly 100%. However,

this usually refers to the cell efficiency, using an FE of 100% [10] and utilising freely available waste heat,

enabling thermoneutral operation. The comparison to efficiencies found in literature, seen in Figure 4.7,

is made considering only sources with well-defined efficiencies.
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5.2 Ammonia Synthesis Operating Conditions

The inlet conditions used for the HBR are based on the system used in Asgharian et al. [42], operating

at 450 °C and 150 bar and using a stoichiometric H2/N2 inlet composition of 3:1. These three parame-

ters can all be optimised to favour the forward reaction of ammonia synthesis, increasing the ammonia

yield according to the principle of Le Chatelier [60]. One approach to increasing the ammonia yield is to

slightly increase the inlet H2/N2 ratio, allowing more of the H2 to react with any remaining N2 gas in the

reactor. A second option is to increase the operating pressure of the HBR to enhance the ammonia yield,

but this is less attractive considering the increased energy input and component costs [28]. One argument

presented in the report is to examine the effect of heat integration on varying the electrolysis operating

temperature while maintaining a lower HBR operating temperature to increase ammonia production.

Therefore, a lower operating temperature of 400 °C makes more sense in this context, as it favours the

forward reaction but reduces the percentage of the heat required to bring the water to the cell operating

temperature that the HBR can cover.

Another reason to maintain a temperature of 450 °C in the HBR is the increased likelihood of corrosion

at lower operating temperatures. In the H2 stream entering the HB loop of the HT system, there is a

small water content (0.192 mol%). At lower temperatures, this trace amount of water can lead to oxygen

poisoning of the iron-based catalyst [61]. Therefore, if a lower operating temperature is considered, the

water content must be reduced.

5.3 Validity of Economic Feasibility Analysis

The economic feasibility analysis relies heavily on cost estimations generated in Aspen Plus using the

APEA extension. This leads to uncertainties in component choices and a limited operation range of the

equipment used. As some of the system components in the HT SOEC system are subject to high tempera-

tures of around 800 °C, the material choices must reflect this. However, APEA has very strict temperature

limits on the materials of some components. Thus, the electric heater and separator of the HT SOEC

system are modelled with an upper limit of 625 °C, which may affect the economic results slightly.

Moreover, since V12.1 of Aspen Plus does not include any electrolysis units, this equipment is found

in literature. The assumptions regarding stack lifetime and replacement frequency have a substantial

impact on the CAPEX. The assumed SOEC stack lifetime of 5 years (38,790 hours with 7758 hours/year of

operation) align well with the 20,000-50,000 hours stack lifetime reported in [14]. However, the lifetime

of the P-SOEC stacks is based on PCFC stacks from Dubois et al. [54], due to the limited availability of

literature. The same applies to the P-SOEC stack CAPEX used. Since the PCFC is more developed than

the P-SOEC, the lifetime may be shorter and CAPEX higher in reality, which could influence the final

LCOA of the P-SOEC cases. However, since the SOEC-INT case has proven to be the most cost-effective,

this does not affect the conclusions on this system.
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5.4 The Choice of Ammonia for Maritime E-Fuel

Ammonia presents a promising candidate for maritime decarbonisation due to storage convenience, ex-

isting global infrastructure, and its carbon-free composition. However, its advantages must be weighed

against challenges in engine development. Since ammonia requires a high combustion temperature and

has a slow flame speed, dual-fuel engine configurations have been developed [62]. This can be a viable

transitional solution, but the inherent reliance on auxiliary fuels questions the overall carbon neutrality

of the approach. Dual-fuel engines do address the issue of NOx and N2S emissions associated with am-

monia combustion [62]. Compared to e-methanol, ammonia faces slower adoption in engine technology,

which may hinder the near-future deployment. Furthermore, the production scale required to meet global

shipping demand is substantial, necessitating a rapid increase in electrolyser capacity. While the SOEC

technology offers high efficiency, the current plant capacity and durability may make PEMEC or AEC

solutions more practical in the short term.

The production capacity of the ammonia plant reaches approximately 1890 ton/day. In comparison,

a container ship of 10,000 TEU travelling at normal speed (22 knots) consumes around 250 ton/day of

heavy fuel oil [63], equivalent to approximately 518.5 tonNH3 /day based on the LHVs. This means that

the ammonia plant modelled in this report can deliver enough e-fuel for 3.65 container ships of this size,

emphasising the scale-up required to decarbonise the maritime sector.
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6 | Conclusion

This report investigated the technical and economic feasibility of an SOEC-HB heat-integrated green am-

monia production plant for marine e-fuel applications. This was achieved through comparison of four

cases, considering both HT SOECs operating at 800 °C and LT P-SOECs operating at 500 °C, with (-INT)

and without (-B) heat integration with the HB loop. The findings show that the SOEC-INT configura-

tion is the most energy- and cost-effective, achieving an overall plant efficiency of 42.96% and LCOA in

the range of 310 - 535 USD/tonNH3 , making it competitive with other types of green ammonia production.

The plant is modelled by developing process models in Aspen Plus for the three plant subsystems: The

HB loop for ammonia synthesis, the electrolysis system for hydrogen production, and the CASU for ni-

trogen production. The electrolysis subsystems are coupled with a detailed mathematical model of the

500 MW electrochemical cells to estimate inlet and recycle streams for the SOEC and P-SOEC systems,

as well as cell power requirements and the number of stacks, since Aspen Plus does not include built-in

electrolysis components. Reaction kinetics and reactor sizing for ammonia synthesis are implemented

directly in the Aspen RPlug component, yielding a production capacity of approximately 1890 ton/day

across all cases.

To reduce energy consumption and increase overall energy efficiency in coupled HB-SOEC plants, heat

integration proves to be a viable option. Operating the HBR at 450 °C and 150 bar produces 67.2 MW and

67.5 MW of waste heat, enabling it to cover 55.2% and 69.7% of the heat required to increase the water

temperature to the operating temperature of the SOE and P-SOEC, respectively. This reduced electricity

consumption by 5.35% and 8.24%, respectively, and increased electrolysis electrical efficiency from 76.6%

to 82.3% in the HT system and from 67.7% to 75.5% in the LT system. While the relative efficiency gain

of adding heat integration is greater for P-SOECs due to their lower operating temperature, the relatively

low FE and high cost of stacks make them less cost-effective compared to the SOECs.

The economic analysis highlights that P-SOECs suffer from both high CAPEX and, in the P-SOEC-B case,

elevated OPEX due to electric heating, resulting in an LCOA of 384 - 646 USD/tonNH3 . Adding heat

integration reduces this value to 364 - 605 USD/tonNH3 , but it remains above the SOEC-B case of 316 -

553 USD/tonNH3 . Ultimately, the SOEC-INT configuration with an LCOA of 310 - 535 USD/tonNH3 is

concluded to be the most cost-effective solution among the four cases for large-scale e-ammonia pro-

duction for the maritime sector, demonstrating competitiveness to similar green ammonia production

pathways.
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7 | Future Work

This chapter highlights relevant areas that require additional research and development, along with pos-

sible areas of optimisation, for future deployment of the SOEC-HB integrated ammonia plant.

7.1 Research & Development in P-SOECs

P-SOECs are still in the early stages of development, primarily in the research and development phase.

This means that operation and material choices can still be optimised. Right now, significant challenges

include low FEs and high stack costs. The lower FE is mainly due to the phenomenon known as electronic

leakage, which refers to any unwanted current flowing outside of the desired current path [41]. This

affects the efficiency with which electrons are transferred through the electrochemical cell. Duan et al.

[41] explore recent advances in P-SOECs, where a research group achieved an FE of greater than 95%

at 600 °C, focusing directly on reducing electronic leakage. This, combined with the fact that P-SOECs

can produce completely dry hydrogen at the cathode, eliminating the need to separate any water content,

highlights the potential of this technology. Still, a significant development gap remains before commercial

deployment can be considered, requiring additional research in this field.

7.1.1 Faradaic Efficiency & Temperature Relation

In this work, it is mentioned that the operating temperature of the cell influences the FE. While this is

true, material compositions also play a vital role. Both operating conditions and material choice influence

the electronic leakage that directly affects the FE [41]. Therefore, it is challenging to establish a direct

relationship between the FE and operating temperature of the cell, which is crucial for determining the

performance of the cell and enabling the optimisation of operating conditions, especially for P-SOECs.

Electronic leakage is not a significant concern in SOECs operating above 800 °C, but it is observed that

the FE becomes more influential below this temperature [41]. Since P-SOECs and SOECs are constructed

differently and utilise different materials, different relations for FE-Temperature dependence would be

necessary between them. In general, such a relation would have to be described for a specific cell design

to show high enough accuracy. This necessitates further experimental testing of different cell designs, as

well as further development in the material composition of P-SOECs and SOECs operating below 800 °C.

7.2 Further Optimisation Possibilities

The optimisation of this work relates to the comparison between using HT and LT steam electrolysis,

as well as the improvements achieved by utilising waste heat integration. Further optimisation can be

achieved in the modelled subsystems by considering the optimisation parameters and their effect on

capital and operational costs of the system. In future work, it is relevant to set up a cost function aiming

to minimise the LCOA while adjusting the operation parameters.
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Chapter 7. Future Work

7.2.1 SOEC & P-SOEC Parameters

In the literature study presented in Section 1.1, previous work on heat-integrated SOECs also focuses on

optimising cell parameters such as operating voltage, current density, and temperature to analyse the ef-

fect on the electrical efficiency and power consumption of the system. This work considers thermoneutral

operation with a fixed current density, limiting the operation range. Considering operation in exothermic

and endothermic modes is also relevant to consider in a parameter optimisation study. The effect of

varying the temperature, and perhaps pressure, is also interesting in terms of component choices to see

if equipment costs can be minimised.

7.2.2 HB Loop Operating Conditions

It is discussed that changing the operating temperature, pressure and inlet feed ratio of the HBR directly

affects the ammonia yield due to the principle of Le Chatelier. These parameters can be optimised on

their own, but can also be directly related to equipment and operational costs, as seen in other work, such

as Palys et al. [28]. Further relating this to the operation of the entire plant and the operating conditions

of the electrochemical cells makes for an interesting optimisation problem in terms of costs and efficiency.

However, such a wide optimisation problem can also lead to many uncertainties that must be monitored.
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A | Appendix: Definitions

A.1 Efficiency Definitions

A1. Electrical efficiency - ratio of the energy content of product produced per unit time to electricity

input to system. Used primarily to estimate the electrical efficiency of electrolysis systems, taking

the energy content of the produced hydrogen. This report uses the LHV-based efficiency. [15]

ηel =
ṅH2,gen · LHV

Ẇin
or ηel =

ṅH2,gen · HHV
Ẇin

A2. Energy efficiency - ratio of the energy content of product produced per unit time to energy input

to system. Used in this report to estimate the plant energy efficiency, taking the energy content of

the produced ammonia. This report uses the LHV-based efficiency.

ηen =
ṅNH3 · LHV
Q̇in + Ẇin

or ηen =
ṅNH3 · HHV

Q̇in + Ẇin

A3. Voltage efficiency - defined as the ratio of the minimum theoretical cell voltage to the real voltage

during operation of the cell. [15]

ηvol =
Etn

Ecell
=

∆Hrxn

2 · F · Ecell

A4. Faradaic efficiency - describes the overall selectivity of an electrochemical process. It can be defined

as the efficiency with which charge (electrons) is transferred in a system facilitating an electrochem-

ical reaction. In simpler terms, it can be described by the ratio of the actual hydrogen generation to

the ideal hydrogen generation. [15]

ηFE =
ṅH2,gen,real

ṅH2,gen,ideal

A5. Cell efficiency - the product of the voltage and Faradaic efficiency. [15]

ηcell = ηvol · ηFE
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A.2 Technology Readiness Level Definition

Technology Readiness Level (TRL) as defined by [64]:

• TRL 1 - basic principles observed

• TRL 2 - technology concept formulated

• TRL 3 - experimental proof of concept

• TRL 4 - technology validated in lab

• TRL 5 - technology validated in relevant environment (industrially relevant environment in the

case of key enabling technologies)

• TRL 6 - technology demonstrated in relevant environment (industrially relevant environment in

the case of key enabling technologies)

• TRL 7 - system prototype demonstration in operational environment

• TRL 8 - system complete and qualified

• TRL 9 - actual system proven in operational environment (competitive manufacturing in the case

of key enabling technologies; or in space

A.3 Energy & Temperature Relation for The

Decomposition of Water

The change in Gibbs free energy, or the free energy of reaction, can be regarded as the minimum amount

of enthalpy of reaction (∆Hrxn) that must be applied as electrical energy. In water electrolysis, the energy

required to decompose one mole of water into hydrogen and oxygen corresponds to the enthalpy of

formation of one mole of water. A part of this enthalpy of reaction can be applied as thermal energy,

according to the second law of thermodynamics, with a maximum equal to the product of the temperature

(T) and entropy of reaction (∆Srxn). [15] The difference between the entropy term and the enthalpy of

reaction is defined as the free energy of reaction:

∆Grxn = ∆Hrxn − T · ∆Srxn

The relationship of the enthalpy of reaction and free energy of reaction with temperature (at atmospheric

conditions) is seen in Figure A.1, demonstrating why higher temperatures are desirable in water electroly-

sis, from a thermodynamic point of view. The enthalpy of reaction drops suddenly when water undergoes

the phase change from liquid to gaseous (reduced by the value of the enthalpy of evaporation), and then

slightly increases with temperature. Suppose only the enthalpy of formation is considered. In that case, it

is not advantageous to increase the temperature much above the 100 °C, but if the free energy of reaction

is also considered, this is significantly more advantageous. At higher temperatures, the free energy of
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reaction is significantly reduced, thereby decreasing the minimum amount of electrical energy required

for electrolysis, given that it can be replaced by thermal energy. [15]
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Figure A.1: Enthalpy of reaction (∆Hrxn) and free energy of reaction (∆Grxn) as a function of temperature for the
decomposition of water in both the liquid and gaseous phase at atmospheric pressure. Figure inspired by [15].
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B | Appendix: Extended SOEC Model

B.1 Diffusion Calculations for Concentration

Overpotentials

SOEC:

The following theory is based on the models presented by Wang et al. [37] and Nowicki et al. [44]. The

partial pressures of the triple phase boundary (pi,tpb) are found from equation (B.3):

pH2,tpb = pH2,bp −
Ru · T
2 · F

I · δC
De f f ,H2

(B.1)

pO2,tpb = pO2,bp +
Ru · T
4 · F

I · δA
De f f ,O2

(B.2)

pH2O,tpb = pH2O,bp −
Ru · T
2 · F

I · δC
De f f ,H2O

(B.3)

where pi,bp is the bulk phase partial pressure (of species i = H2, O2, H2O), Ru is the universal gas constant,

T is the operating temperature, F is the Faradaic constant, I is the current density, δi is the layer thickness

of the anode and cathode, and De f f ,i is the effective diffusion coefficient (of species i = H2, O2, H2O).

The effective diffusion coefficient can be calculated by:

De f f ,H2 =
ε

τ · (1/DKn,H2 + 1/DH2−H2O)
(B.4)

De f f ,O2 =
ε

τ
· DKn,O2 (B.5)

De f f ,H2O =
ε

τ · (1/DKn,H2O + 1/DH2O−H2)
(B.6)

where τ is the tortuosity, ε is the porosity, and DKn,i and Di−j are the Knudsen and binary diffusion terms,

respectively. The Knudsen diffusion term describes the diffusion of species i in porous media, whereas

the binary diffusion term describes the diffusivity of two species within each other. They are empirical

relations computed by:

DKn,H2 =
dp

3

√
8 · Ru · T

π · MWH2

DKn,O2 =
dp

3

√
8 · Ru · T

π · MWO2

DKn,H2O =
dp

3

√
8 · Ru · T

π · MWH2O
(B.7)
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DH2−H2O =
1.43 × 10−2 · T1.75

P
√

2/(1/MWH2 + 1/MWH2O)
(

V– 1/3
d,H2

+ V– 1/3
d,H2O

)2 (B.8)

DH2O−H2 = DH2−H2O (B.9)

where dp is the the pore diameter, MWi is the molecular weight of species i, and V– d are the diffusion

volumes of the species.

P-SOEC:

The partial pressures at the triple phase boundary are found from equation (B.12):

pH2,tpb = pH2,bp +
Ru · T
2 · F

I · δC
De f f ,H2

(B.10)

pO2,tpb = pO2,bp −
Ru · T
4 · F

I · δA
De f f ,O2

(B.11)

pH2O,tpb = pH2O,bp −
Ru · T
2 · F

I · δA
De f f ,H2O

(B.12)

The effective diffusion coefficient can be calculated by:

De f f ,H2 =
ε

τ
· DKn,H2 (B.13)

De f f ,O2 =
ε

τ · (1/DKn,O2 + 1/DO2−H2O)
(B.14)

De f f ,H2O =
ε

τ · (1/DKn,H2O + 1/DH2O−O2)
(B.15)

The Knudsen diffusion terms are the same as for the SOEC seen in B.7, and the binary diffusion terms

are computed by:

DH2O−O2 =
1.43 × 10−2 · T1.75

P
√

2/(1/MWH2O + 1/MWO2)
(

V– 1/3
d,H2O + V– 1/3

d,O2

)2 (B.16)

DO2−H2O = DH2O−O2 (B.17)

The additional design parameters used in the presented equations are given in Table B.1.
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Table B.1: Overview of the additional design input parameters to the electrochemical electrolysis model for the HT
and LT case.

SOEC P-SOEC Sources

Design Parameters

Cathode layer thickness, δC [µm] 12.5 500 [37, 47]

Anode layer thickness, δA [µm] 17.5 50 [37, 47]

Pore radius, rp [µm] 1.385 0.5 [37, 47]

Porosity, ε [-] 0.3 0.4 [37, 47]

Tortuosity, τ [m] 5.0 5.0 [37, 48]

B.2 Mole Balances for SOEC & P-SOEC Systems

SOEC:

The generated and required mole flows have been determined, from which the rest of the mole flows

can be determined from a simple mass balance. For the SOEC, this is employed on the system seen in

Figure B.1, giving the following H2 mole flows:

ṅH2,j = 0 for stream j = 1, 6..8

ṅH2,2 =
xH2,2

xH20,2
· ṅH2O,req, ṅH2,5 = ṅH2,2

ṅH2,3 = ṅH2,2 + ṅH2,gen, ṅH2,4 = ṅH2,3 · (1 − SRH2)

where SRH2 = ṅH2,2/ṅH2,3 is the H2 split ratio for recycling.

SOEC

12

7

3

5

6
8

4

Figure B.1: Stream numbering for mole balance in SOEC.

The H2O mole flows are determined by:
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ṅH2O,j = 0 for stream j = 5..8

ṅH2O,1 = ṅH2O,req, ṅH2O,2 = ṅH2O,1

ṅH2O,3 =
ṅH2O,2 · MWH2O − ṅH2,gen · MWH2 − ṅO2,gen · MWO2

MWH2O
, ṅH2O,4 = ṅH2O,3

The O2 mole flows are determined by:

ṅO2,j = 0 for stream j = 1..5

ṅO2,6 = ṅO2,gen, ṅO2,7 = ṅO2,6 · (1 − SRO2), ṅO2,8 = ṅO2,6 · SRO2

where SRO2 is the O2 split ratio for recycling. The total mole flows and mole fractions can then be

determined from:

ṅj = ∑ ṅi,j

xi,j =
ṅi,j

ṅj
for component i = H2, H2O, O2 and stream j = 1..8

Finally, the conservation of mass is checked:

ṁ3 + ṁ6 − ṁ2 = 0 (B.18)

P-SOEC:

Similarly, the mole flows for the P-SOEc are determined from the system seen in Figure B.2.

P-SOEC

12

3

5

4

6

Figure B.2: Stream numbering for mole balance in P-SOEC.

The O2 mole flows are determined by:
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ṅO2,j = 0 for stream j = 1, 6

ṅO2,2 =
xO2,2

xH2O,2
ṅH2O,req ṅO2,5 = ṅO2,2

ṅO2,3 = ṅO2,2 + ṅO2,gen ṅO2,4 = ṅO2,3 · (1 − SRO2)

The H2O mole flows are determined by:

ṅH2O,j = 0 for stream j = 5..6

ṅH2O,1 = ṅH2O,req ṅH2O,2 = ṅH2O,1

ṅH2O,3 =
ṅH2O,2 · MWH2O − ṅH2,gen · MWH2 − ṅO2,gen · MWO2

MWH2O
ṅH2O,4 = ṅH2O,3

The H2 mole flows are determined by:

ṅH2,j = 0 for stream j = 1..5

ṅH2,6 = ṅH2,gen

The total mole flows and mole fractions can then be determined in the same way as for the SOEC system.

Finally, the conservation of mass is checked using equation (B.18).

Given the mole fractions for all streams, the bulk phase mole fractions can be found from which the bulk

phase partial pressures are determined:

xH2,bp =
xH2,2 + xH2,3

2
xH2O,bp =

xH2O,2 + xH2O,3

2
xO2,bp =

xO2,6 + xO2,7

2

pH2,bp = xH2,bp · P pH2O,bp = xH2O,bp · P pO2,bp = xO2,bp · P
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C.1 Aspen Flowsheet Diagrams

Figure C.1: Stream colour-coding in Aspen.

C.1.1 CASU

Figure C.2: Aspen flowsheet of CASU configuration.
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Table C.1: Aspen block overview of CASU configuration.

CASU

Block ID Aspen block Specification

AIR-CP1 MCompr Discharge pressure: 6 bar

AIR-CP2 MCompr Discharge pressure: 12 bar

SPLIT1 FSplit Fraction: 0.32 (stream 4)

SPLIT2 FSplit Fraction: 0.654 (stream 15)

MSHX MHeatX Air minor/major out: −166 °C

HPC RadFRac Calculation type: Equilibrium, Stages: 20, Top stage: 4.45 bar

LPC RadFRac Calculation type: Equilibrium, Stages: 45, Top stage: 1.1 bar

PUMP1 Pump Discharge pressure: 4.45 bar

PUMP2 Pump Discharge pressure: 1.15 bar

EV1-3 Valve Discharge pressure: 1.35 bar

CON Heater Discharge vapor fraction: 0

REB Heater Inlet heat stream

FLASH Flash2 Heat duty: 0

O2-COMP Compr Discharge pressure: 30 bar

N2-COMP Compr Discharge pressure: 150 bar
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Table C.2: Temperature, pressure, and composition of all streams in CASU systems (HT and LT cases) without H2,
NH3, and H2O.

HT Case LT Case

Stream T [°C] P [bar] ṅ [kmol/s] Composition [mol%] ṅ [kmol/s] Composition [mol%]

N2 O2 Ar N2 O2 Ar

1 15.00 1.013 1.027 78.10 20.95 0.950 1.030 78.10 20.95 0.950

3 17.00 5.950 1.027 78.10 20.95 0.950 1.030 78.10 20.95 0.950

4 17.00 5.950 0.329 78.10 20.95 0.950 0.330 78.10 20.95 0.950

6 17.00 11.95 0.329 78.10 20.95 0.950 0.330 78.10 20.95 0.950

7 17.00 5.950 0.698 78.10 20.95 0.950 0.700 78.10 20.95 0.950

8 -166.0 11.90 0.329 78.10 20.95 0.950 0.330 78.10 20.95 0.950

9 -191.2 1.350 0.329 78.10 20.95 0.950 0.330 78.10 20.95 0.950

10 -166.0 5.900 0.698 78.10 20.95 0.950 0.700 78.10 20.95 0.950

11 -177.8 4.450 0.428 64.26 34.20 1.547 0.429 64.26 34.20 1.547

12 -189.8 1.400 0.428 64.26 34.20 1.547 0.429 64.26 34.20 1.547

13 -180.5 4.450 0.782 99.99 0.000 0.006 0.784 99.99 0.001 0.006

14 -180.6 4.400 0.782 99.99 0.001 0.006 0.784 99.99 0.001 0.006

15 -180.6 4.400 0.511 99.99 0.001 0.006 0.513 99.99 0.001 0.006

16 -180.6 4.450 0.511 99.99 0.001 0.006 0.513 99.99 0.001 0.006

17 -180.6 4.400 0.270 99.99 0.001 0.006 0.271 99.99 0.001 0.006

18 -193.1 1.350 0.270 99.99 0.001 0.006 0.271 99.99 0.001 0.006

19 -182.4 1.100 0.726 0.000 99.33 0.672 0.729 0.000 99.33 0.672

20 -182.4 1.150 0.726 0.000 99.33 0.672 0.729 0.000 99.33 0.672

21 -182.4 1.100 0.726 0.000 99.33 0.672 0.729 0.000 99.33 0.672

22 -182.4 1.100 0.578 0.000 99.28 0.720 0.580 0.000 99.28 0.720

23 -182.4 1.100 0.148 0.000 99.51 0.486 0.149 0.000 99.51 0.486

24 -195.0 1.100 0.641 99.91 0.001 0.085 0.643 99.91 0.001 0.086

25 -189.4 1.100 0.238 68.07 28.36 3.571 0.238 67.97 28.45 3.579

26 15.04 1.050 0.148 0.000 99.51 0.486 0.149 0.000 99.51 0.485

27 599.8 30.00 0.148 0.000 99.51 0.486 0.149 0.000 99.51 0.485

28 15.04 1.050 0.238 68.07 28.36 3.571 0.238 67.97 28.45 0.086

29 15.04 1.050 0.641 99.91 0.001 0.085 0.643 99.91 0.001 0.086

30 1213 150.0 0.641 99.91 0.001 0.085 0.643 99.91 0.001 0.086
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C.1.2 HB Loop

Figure C.3: Aspen flowsheet of HB loop configuration.

Table C.3: Aspen block overview of HBR configuration.

HB-LOOP

Block ID Aspen block Specification

H2-COMP Compr Discharge pressure: 150 bar

N2-COOL Heater Cold outlet: 765 °C

MIX1 Mixer -

MIX2 Mixer -

HEX1 HeatX Hot outlet: 450 °C

HEX2 HeatX Hot outlet: 106 °C

HEX3 HeatX Hot outlet: −18 °C

HBR RPlug Isothermal, Pressure drop: Ergun

FLASH Flash2 Heat duty: 0

REC-COMP Compr Discharge pressure: 150 bar

P-COOL Heater Hot outlet: 45 °C

CW-PUMP Pump Discharge pressure: 1.1 bar
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Table C.4: Temperature, pressure, and composition of all streams in HBR systems (HT and LT cases).

HT Case

Stream T [°C] P [bar] ṅ [kmol/s] Composition [mol%]

N2 H2 NH3 H2O Propane O2 Ar

30 1213 150.0 0.641 0.000 0.000 0.000 0.000 0.000 0.000 0.000

48 20.00 20.00 1.923 23.42 73.97 2.354 0.000 0.000 0.206 0.051

54 765.0 150.0 0.641 99.91 0.000 0.000 0.000 0.000 0.086 0.008

55 327.3 150.0 1.923 0.000 99.99 0.010 0.000 0.000 0.000 0.000

56 443.7 150.0 2.563 25.00 74.97 0.007 0.000 0.000 0.022 0.002

57 445.0 149.9 2.563 23.90 74.27 1.644 0.000 0.000 0.150 0.036

58 444.7 149.9 8.459 0.000 0.000 0.000 100.0 0.000 0.000 0.000

59 450.0 149.3 7.182 0.000 0.000 0.000 0.000 100.0 0.000 0.000

60 449.6 149.3 7.182 23.42 73.97 2.354 0.000 0.000 0.206 0.051

61 105.7 149.2 7.182 23.42 73.97 2.354 0.000 0.000 0.206 0.051

62 -18.00 149.2 7.182 0.000 0.000 0.000 0.000 100.0 0.000 0.000

63 -18.00 149.2 1.287 23.42 73.97 2.354 0.000 0.000 0.206 0.051

64 -18.00 149.2 5.895 19.26 60.82 19.70 0.000 0.000 0.177 0.043

65 -17.50 150.0 5.895 19.26 60.82 19.70 0.000 0.000 0.177 0.043

66 444.6 150.0 5.895 19.26 60.82 19.70 0.000 0.000 0.177 0.043

67 -23.00 1.500 15.28 0.000 0.000 0.000 0.000 0.000 0.000 0.000

68 27.51 1.450 15.28 0.000 0.000 0.000 0.000 100.0 0.000 0.000

69 45.00 14.95 15.28 0.000 0.000 0.000 0.000 0.000 0.000 0.000

CW-1 15.00 1.100 17.50 99.91 0.000 0.000 0.000 0.000 0.086 0.008

CW-IN 15.00 1.050 17.50 0.000 99.99 0.010 0.000 0.000 0.000 0.000

CW-OUT 102.9 1.050 17.50 25.00 74.97 0.007 0.000 0.000 0.022 0.002

LT Case

Stream T [°C] P [bar] ṅ [kmol/s] Composition [mol%]

N2 H2 NH3 H2O Propane O2 Ar

30 1213 150.0 0.643 99.91 0.000 0.000 0.000 0.000 0.086 0.008

48 20.00 20.00 1.929 0.000 99.99 0.010 0.000 0.000 0.000 0.000

54 765.0 150.0 0.643 99.91 0.000 0.000 0.000 0.000 0.086 0.008

55 328.4 150.0 1.929 0.000 99.99 0.010 0.000 0.000 0.000 0.000

56 444.6 150.0 2.572 25.00 74.97 0.007 0.000 0.000 0.022 0.002

57 445.0 149.9 2.572 25.00 74.97 0.007 0.000 0.000 0.022 0.002

58 444.9 149.9 8.502 23.90 74.27 1.644 0.000 0.000 0.150 0.036

59 450.0 149.3 7.219 19.26 60.82 19.70 0.000 0.000 0.177 0.043

60 449.9 149.3 7.219 19.26 60.82 19.70 0.000 0.000 0.177 0.043

61 105.5 149.2 7.219 19.26 60.82 19.70 0.000 0.000 0.177 0.043

62 -18.00 149.2 7.219 19.26 60.82 19.70 0.000 0.000 0.177 0.043

63 -18.00 149.2 1.290 0.138 0.391 99.42 0.000 0.000 0.042 0.004

64 -18.00 149.2 5.929 23.42 73.97 2.354 0.000 0.000 0.206 0.051

65 -17.50 150.0 5.929 23.42 73.97 2.354 0.000 0.000 0.206 0.051

66 444.9 150.0 5.929 23.42 73.97 2.354 0.000 0.000 0.206 0.051

67 -23.00 1.500 15.28 0.000 0.000 0.000 0.000 100.0 0.000 0.000

68 27.58 1.450 15.28 0.000 0.000 0.000 0.000 100.0 0.000 0.000

69 45.00 14.95 15.28 0.000 0.000 0.000 0.000 100.0 0.000 0.000

CW-1 15.00 1.100 17.50 0.000 0.000 0.000 100.0 0.000 0.000 0.000

CW-IN 15.00 1.050 17.50 0.000 0.000 0.000 100.0 0.000 0.000 0.000

CW-OUT 102.9 1.050 17.50 0.000 0.000 0.000 100.0 0.000 0.000 0.000
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C.2 SOEC & P-SOEC System

Figure C.4: Aspen flowsheet of SOEC-INT configuration.

Table C.5: Aspen block overview of SOEC-INT configuration.

SOEC-INT

Block ID Aspen block Specification

H2O-PUMP Pump Discharge pressure: 1.263 bar

HEX1 HeatX Hot outlet: 548.3 °C

HEX2 HeatX Hot outlet: 356.1 °C

HEX3 HeatX Hot outlet: 50 °C

HBR-HEX Heater Heat duty: 67.18 MW

MIX Mixer -

E-HEAT Heater Heat duty: 12.32 MW

SOEC RStoic Fractional conversion: 96.8%

ELEC Sep O2 split fraction: 1

AN-MIX Mixer -

SPLIT FSplit O2 flow: 864.1 kmol/h

SEP Sep H2 flow: 793.5 kmol/h

CA-COMP Compr Discharge pressure: 20.1 bar

COND Heater Hot outlet: 20 °C

FLASH Flash2
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Table C.6: Temperature, pressure, and composition of all streams in SOEC systems.

SOEC-B SOEC-INT

Stream T [°C] P [bar] ṅ [kmol/s] Composition [mol%] T [°C] P [bar] ṅ [kmol/s] Composition [mol%]

H2O H2 O2 H2O H2 O2

31 15.00 1.013 1.984 100.0 0.000 0.000 15.00 1.013 0.001 100.0 0.000 0.000

32 15.00 1.263 1.984 100.0 0.000 0.000 15.00 1.263 0.001 100.0 0.000 0.000

33 105.1 1.213 1.984 100.0 0.000 0.000 105.1 1.213 0.001 100.0 0.000 0.000

34 103.9 1.163 1.984 100.0 0.000 0.000 351.1 1.163 0.001 100.0 0.000 0.000

35 102.6 1.113 1.984 100.0 0.000 0.000 543.3 1.113 0.001 100.0 0.000 0.000

36 119.2 1.063 1.984 100.0 0.000 0.000 649.6 1.063 0.001 100.0 0.000 0.000

37 178.2 1.013 2.204 90.00 10.00 0.000 661.1 1.013 0.001 90.00 10.00 0.000

38 800.0 1.013 2.204 90.00 10.00 0.000 800.0 1.013 0.001 90.00 10.00 0.000

39 800.0 1.013 2.204 2.880 97.12 0.000 800.0 1.013 0.001 2.880 97.12 0.000

40 800.0 1.013 0.220 0.000 100.0 0.000 800.0 1.013 0.000 0.000 100.0 0.000

41 800.0 1.013 1.984 3.200 96.80 0.000 800.0 1.013 0.001 3.200 96.80 0.000

42 50.00 0.963 1.984 3.200 96.80 0.000 50.00 0.963 0.001 3.200 96.80 0.000

44 600.0 20.05 1.984 3.200 96.80 0.000 600.0 20.05 0.001 3.200 96.80 0.000

45 108.9 20.00 1.984 3.200 96.80 0.000 356.1 20.00 0.001 3.200 96.80 0.000

46 20.00 19.95 1.984 3.200 96.80 0.000 20.00 19.95 0.001 3.200 96.80 0.000

47 20.00 20.00 1.923 0.129 99.87 0.000 20.00 20.00 0.000 99.70 0.302 0.000

48 20.00 20.00 0.061 99.70 0.302 0.000 20.00 20.00 0.001 0.129 99.87 0.000

50 800.0 1.013 1.200 0.000 0.000 100.0 800.0 1.013 0.000 0.000 0.000 100.0

51 800.0 1.013 0.240 0.000 0.000 100.0 800.0 1.013 0.000 0.000 0.000 100.0

52 800.0 1.013 0.960 0.000 0.000 100.0 800.0 1.013 0.000 0.000 0.000 100.0

53 107.6 0.963 0.960 0.000 0.000 100.0 548.3 0.963 0.000 0.000 0.000 100.0

CW-IN 15.00 1.013 6.944 100.0 0.000 0.000 15.00 1.013 0.002 100.0 0.000 0.000

CW-OUT 29.60 0.963 6.944 100.0 0.000 0.000 57.06 0.963 0.002 100.0 0.000 0.000

Figure C.5: Aspen flowsheet of P-SOEC-INT configuration.
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Table C.7: Aspen block overview of P-SOEC-INT configuration.

P-SOEC-INT

Block ID Aspen block Specification

H2O-PUMP Pump Discharge pressure: 1.263 bar

HEX1 HeatX Hot outlet: 106.3 °C

HEX2 HeatX Hot outlet: 197.6 °C

HEX3 HeatX Hot outlet: 20 °C

HBR-HEX Heater Heat duty: 67.50 MW

MIX Mixer -

E-HEAT Heater Heat duty: 63.55 MW

P-SOEC RStoic Fractional conversion: 53.77%

ELEC Sep H2 split fraction: 1

SEP Sep O2 flow: 1435 kmol/h

PRE-COOL HeatX Hot outlet: 60 °C

H2-COMP MCompr Discharge pressure: 20.05 bar

Table C.8: Temperature, pressure, and composition of all streams in SOEC systems.

P-SOEC-B P-SOEC-INT

Stream T [°C] P [bar] ṅ [kmol/s] Composition [mol%] T [°C] P [bar] ṅ [kmol/s] Composition [mol%]

H2O H2 O2 H2O H2 O2

31 15.00 1.013 3.587 100.0 0.000 0.000 15.00 1.013 3.587 100.0 0.000 0.000

32 15.00 1.213 3.587 100.0 0.000 0.000 15.00 1.213 3.587 100.0 0.000 0.000

33 103.9 1.163 3.587 100.0 0.000 0.000 103.9 1.163 3.587 100.0 0.000 0.000

34 102.6 1.113 3.587 100.0 0.000 0.000 102.6 1.113 3.587 100.0 0.000 0.000

35 101.3 1.063 3.587 100.0 0.000 0.000 101.3 1.063 3.587 100.0 0.000 0.000

36 99.95 1.013 3.587 100.0 0.000 0.000 99.95 1.013 3.587 100.0 0.000 0.000

37 94.40 1.013 3.985 90.00 0.000 10.00 96.87 1.013 3.985 90.00 0.000 10.00

38 500.0 1.013 3.985 90.00 0.000 10.00 500.0 1.013 3.985 90.00 0.000 10.00

39 500.0 1.013 3.021 54.89 0.000 45.11 500.0 1.013 3.021 54.89 0.000 45.11

40 500.0 1.013 0.399 0.000 0.000 100.0 500.0 1.013 0.399 0.000 0.000 100.00

41 500.0 1.013 2.623 63.23 0.000 36.77 500.0 1.013 2.623 63.23 0.000 36.77

42 107.6 0.963 2.623 63.23 0.000 36.77 107.6 0.963 2.623 63.23 0.000 36.77

43 500.0 1.013 1.929 0.000 100.0 0.000 500.0 1.013 1.929 0.000 100.00 0.000

44 106.3 0.963 1.929 0.000 100.0 0.000 106.3 0.963 1.929 0.000 100.00 0.000

45 60.00 0.913 1.929 0.000 100.0 0.000 60.00 0.913 1.929 0.000 100.00 0.000

47 600.0 20.05 1.929 0.000 100.0 0.000 600.0 20.05 1.929 0.000 100.00 0.000

48 20.00 20.00 1.929 0.000 100.0 0.000 20.00 20.00 1.929 0.000 100.00 0.000

CW-IN 15.00 1.018 0.417 100.0 0.000 0.000 15.00 1.018 0.417 100.0 0.000 0.000

CW-OUT 96.97 0.968 0.417 100.0 0.000 0.000 96.97 0.968 0.417 100.0 0.000 0.000
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C.3 HEX Network Optimisation in Aspen

C.3.1 SOEC System

Figure C.6: Aspen Energy Analyser table overview of utilised utilities for SOEC-B case.

Figure C.7: Aspen Energy Analyser table overview of utilised utilities for SOEC-INT case.

C.3.2 P-SOEC System

Figure C.8: Aspen Energy Analyser table overview of utilised utilities for P-SOEC-B case.

Figure C.9: Aspen Energy Analyser table overview of utilised utilities for P-SOEC-INT case.
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