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Summary
This thesis presents a comprehensive process modeling and optimization study of the

Methanol-to-Jet (MtJ) pathway for the production of sustainable aviation fuel (e-SAF) from
renewable hydrogen and captured CO2. The increasing urgency to decarbonize aviation
has accelerated research into Power-to-Liquid (PtL) pathways, with MtJ emerging as a
promising alternative, particularly due to its flexibility and compatibility with renewable
energy inputs. This work employs Aspen Plus V12.1 for steady-state process simulation,
systematically incorporating key process steps: methanol synthesis from CO2 and H2,
methanol-to-olefins (MTO) conversion, oligomerization, and hydrogenation, with all major
separation and compression units included.

A distinctive feature of this project is the integration of a custom MATLAB model for
the oligomerization reactor, dynamically connected to Aspen Plus via Excel. The oligomer-
ization model is based on the Anderson–Schulz–Flory (ASF) product distribution, where
the chain growth probability parameter (α) is parameterized as a function of temperature
and pressure. This approach enables the prediction of hydrocarbon product distributions
under varying conditions, aligning the simulation output with experimental trends from
literature. Model calibration and validation were performed using experimental data,
achieving a good degree of accuracy across a range of operational scenarios. The simula-
tion was used to investigate and optimize the key operating variables, applying response
surface methodology (RSM) to balance kerosene yield against overall process cost. The
main optimization variables included methanol reactor pressure and oligomerization re-
actor temperature and pressure. Multi-objective optimization identified process conditions
that maximize jet fuel output while reducing the total capital cost.

A techno-economic assessment was also conducted to evaluate the cost structure and
identify the main economic drivers for MtJ-based eSAF. Under optimized conditions, the
process achieved a kerosene yield of 0.40 Cmole/Cmole and an annual e-SAF production
rate of 9395 tonnes, with a Levelized Cost of SAF (LCOSAF) of 6980 €/tonne. The cost
analysis results showed that feedstock prices, especially for green methanol, constitute
the largest share of the LCOSAF. It is important to note that heat integration was also
not implemented in this study, and all utility requirements were met with external heating
and cooling. These findings highlight the necessity for further cost reductions in renewable
hydrogen and CO2 supplies to ensure economic viability, as well as the potential for future
process improvements through energy integration.

The study also mentioned the technical flexibility of the MtJ process. The modeling
structure allows for the adjustment of key parameters, enables robust process optimiza-
tion and supports its implementation at both pilot and commercial scales. The process
can produce e-SAF that meets ASTM D7566 quality standards in terms of boiling points,
even though MtJ is not yet approved under ASTM certification. Additionally, the process
can generate valuable by-products such as naphtha and light hydrocarbons, which can

ii



be recycled or sold to improve the overall process economics. While this work focused
on kerosene as the target product, future studies might consider a more comprehensive
utilization of by-products and investigate advanced energy and process integration strate-
gies.

From a larger perspective, the findings underline the significant potential of MtJ as a
scalable and flexible pathway for sustainable jet fuel production. However, the realiza-
tion of economic competitiveness depends on continued progress in renewable feedstock
supply chains, technology improvements, and effective policy support for synthetic fuels.

In conclusion, this thesis provides a detailed assessment of the MtJ process for e-SAF,
integrating advanced modeling and optimization tools to demonstrate its feasibility and
potential for further improvement. The link between process modeling and economic eval-
uation supports decision-making for both industry and policymakers. While current cost
barriers remain, the MtJ route offers a credible and adaptable solution for aviation decar-
bonization, justifying further research and development in both technical and economic
dimensions.
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Nomenclature

Symbol Explanation Unit
A Cash flow €
C Cost €
E Activation energy kcal/mol
Gp Gross profit €
H Enthalpy kJ/mol
K Adsorption equilibrium constant 1/bar
K Adsorption term or equilibrium constant -
P Annual production rate ton/year
P Pressure Pa, bar, or barg
R2 R squared value -
S Selectivity -
T Temperature °C or K
W Weight -
X Conversion -
Y Yield -
co Cost of manufacturing €
d Depreciation €
f Inflation rate -
i Discount rate -
k Rate constant mol/kg/s
k Number of factors in Central composite design -
n Number of years year
ṅ Molar flow rate kmol/hr
Np Net Profit €
r Reaction rate mol/kg/s
s Sales revenue €
x, y, z Power law exponents -
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Greek symbols

Symbol Explanation Unit
α Chain Growth Probability -
α Distance factor of the axial (or star) points -
β Response surface coefficient -
η Efficiency -
ρ Density mol/m3

θ Income tax rate -

Subscripts

Subscript Explanation

A First adsorption term
B Second adsorption term
C third adsorption term
D Fourth adsorption term
O Olefin subscript
n Carbon number
DME Dimethyl ether synthesis reaction
EtOH Ethanol synthesis reaction
MS Methanol synthesis reaction
RWGS Reverse water-gas shift reaction
ref Reference value

Unit labels in process flow diagrams

Unit label letter Unit
C Distillation column
E Heat exchanger
K Compressor
R Reactor
V Vessel



Abbreviations

Abbreviation Explanation

ASF Anderson-Schultz-Flory

ASTM American Society for Testing and Materials

ATJ Alcohol-to-jet

BtL Biomass-to-liquid

CAPEX Capital Expenditures

CCD Central composite design

CEPCI Chemical Engineering Plant Cost Index

CORSIA Carbon Offsetting and Reduction Scheme for International Aviation

DAC Direct air capture

DDE Dynamic data exchange

eSAF Sustainable Aviation Fuel

EU European Union

FT Fischer-Tropsch

GHG Greenhouse Gas

HYDRO Hydrogenation

IEA International Energy Agency

KERCOL Kerosene distillation column

LCOP Levelized Cost of Production

LCOSAF Levelized Cost of Sustainable Aviation Fuel

LHHW Langmuir-Hinshelwood-Hougen-Watson

MSE Mean squared error

MtJ Methanol-to-Jet

MtO Methanol-to-olefins

NPV Net Present Value

NTRTL-RK
Non-Random Two-Liquid activity coefficient model for the liquid
phase with the Redlich-Kwong equation of state for the vapor phase

OPEX Operating Expenditures

OLI Oligomerization

PBR Packed Bed Reactor

PE Purchased Equipment

PEM Proton exchange membrane

PR-BM Peng–Robinson-Boston–Mathias

PtL Power-to-liquid

PtX Power-to-X

PWF Present Worth Factor



Abbreviation Explanation

REGEN Regenerator

RED Renewable Energy Directive

RFNBOs Renewable fuels of non-biological origin

RKSMHV2
Redlich-Kwong-Soave EOS with the Modified Huron-Vidal mixing
rule

RSM Response surface methodology

RWGS Reverse Water Gas Shift

SAF Sustainable Aviation Fuel

SOEC Solid oxide electrolyzer cell

SPK Synthetic Paraffinic Kerosene

SSE Sum of squared error

VLE Vapor-Liquid-Equilibrium
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Chapter 1

Introduction
1.1 Background and Motivation

The Paris Agreement, which was signed by 196 countries in 2015, aims to limit global
warming to 2°C above pre-industrial levels by reducing greenhouse gas (GHG) emissions
and achieving net-zero emission targets. This requires major changes in the energy and
industrial sectors. The aviation sector is one of the significant contributors to global carbon
dioxide (CO2) emissions, contributing to approximately 2-3 % of global energy-related CO2

emissions, reported in 2023 [International Energy Agency, 2025].

On the international level, the International Civil Aviation Organization (ICAO), a United
Nations agency, introduced a “basket of measures” that includes improvements in air-
craft technologies in response to the Paris Agreement, including aircraft technology, op-
erational improvements, sustainable aviation fuels, and the Carbon Offsetting and Re-
duction Scheme for International Aviation (CORSIA). Under CORSIA, countries are re-
quired to offset aviation-related emissions from 2027 to 2035 to maintain their 2020 levels
[UNFCCC, 2018].

The European Union (EU) is among the most proactive regions employing strong pol-
icy support in favor of sustainable aviation fuel (SAF) for decarbonizing the sector. The
ReFuelEU Aviation initiative requires the use of SAF for all flights departing from the
EU. The regulation sets a minimum SAF blending target of 2 % in 2025 and reaching 70 %
by 2050. In addition, a sub-mandate for synthetic aviation fuels (e-SAF) is introduced,
requiring 1.2 % by 2030 and 35 % by 2050 [Larsen et al., 2023]. Additionally, the Renew-
able Energy Directive (RED III) supports SAF deployment by applying a 1.5x multiplier
for renewable fuels of non-biological origin (RFNBOs) used in aviation [Chirita, 2024].
EU mandates will require over 2 million tons of SAF by 2030, while current projections
indicate that only about 10 % of this demand will be met through available production
facilities [Larsen et al., 2023]. All of these are encouraging the usage and development of
SAF, especially e-SAF.

In addition to EU-level policies, the Danish government is also taking steps to support
SAF deployment. Denmark’s national Power-to-X (PtX) strategy targets the installation of
4–6 GW of electrolysis capacity by the year 2030, which can unlock pathways for green
hydrogen, e-SAF, and other renewable fuel pathways. As of March 2024, Danish PtX
project announcements total up to 17.8 GW of expected capacity, from which approxi-
mately 1.2 GW is expected to supply the aviation sector, enabling the production of an
estimated 236,000 tonnes of e-SAF annually [Clarkfeldt and Kristensen, 2024].
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Chapter 1. Introduction

Several significant e-SAF projects have been announced in Denmark in recent years, re-
flecting strong industry commitment and policy support for green aviation fuels. Fjord
PtX project which is located in Aalborg is designed to deploy industrial-scale electrolysis
technology, at the megawatt level, to produce e-SAF. [CIP, 2025]. Another major Danish
initiative is led by European Energy, which is advancing Power-to-X projects in Southern
Denmark. Their Power-to-X projects include green hydrogen, e-methanol and e-SAF for
use in both aviation and shipping, illustrating the integration of PtX solutions across mul-
tiple sectors [Energy, 2025]. These projects exemplify Denmark’s role in scaling up PtX-
based SAF production, with direct contributions to both national decarbonization goals
and the EU’s targets for renewable fuels in aviation.

1.1.1 Alternatives Towards Decarbonization of Aviation Industry and Sustain-
able Aviation Fuel

In the way of decarbonizing the transportation sector, sustainable alternatives started
to emerge. Figure 1.1 shows different pathways for sustainable transportation, including
electric vehicles (hybrid or fully electric), non-drop-in fuels (such as hydrogen, methanol,
etc.), which cannot be directly used in existing infrastructure or engines, and drop-in fuels
(such as SAF, diesel, gasoline, etc.), which enable direct substitution into built-in engines
of infrastructure. In addition to fuel production, it is also possible to produce byproducts
such as methanol and naphtha to use as feedstock in chemical production processes.

Figure 1.1: Sustainable solutions for decarbonizing transportation sector.
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Chapter 1. Introduction

Electrification is very popular among relatively lightweight vehicles and has been im-
proving itself for the last few years. However, electrifying aircraft is challenging in terms
of energy storage limitations, especially for long-distance applications. Hydrogen is a vi-
able long-term sustainable fuel, but it demands substantial changes to the existing fuel
infrastructure and machinery. Biofuels, produced from biomass (BtL), have attracted at-
tention for their environmental benefits compared to fossil fuels. In jet fuel concept, Hy-
droprocessed Esters and Fatty Acids (HEFA) is one of the first commercially advanced BtL
pathways, which converts vegetable oils, animal fats, or waste oils into jet fuel through cat-
alytic hydrogenation. Another BtL route is thermochemical gasification. In this process,
solid biomass is converted into syngas (a mix of CO and H), which is then catalytically
processed into SAF via Fischer-Tropsh (FT), or via a methanol intermediate and methanol-
to-jet (MtJ) conversion. In addition to that, syngas fermentation may also be possible which
can subsequently be used for alcohol-to-jet (AtJ) process. AtJ is a biochemical pathway in
which alcohols such as ethanol or isobutanol, derived from biomass, are converted into
jet-range hydrocarbons. However, the sustainability of biomass-based fuels is dependent
on the source of biomass. Another critical challenge in BtL processes is the inherently low
energy density of raw biomass, which increases transportation and handling costs. And
lastly, they are also constrained by the finite availability of biomass resources. In contrast,
products of Power-to-Liquid (PtL) processes, so-called e-fuels, which utilize carbon diox-
ide from the atmosphere, hold the potential for large-scale implementation without the
limitations of limited biomass feedstocks. PtL technologies, although less developed than
BtL processes, have advantages such as high energy density and the ability to enable sector
coupling. [IEA Bioenergy Task 39, 2023, Bube et al., 2025, Eyberg et al., 2024]

The Power-to-Liquid (PtL) pathway does not require any biomass feedstocks in theory,
since a mixture of CO2 from carbon capture and H2 from electrolysis serves as the feed
gas for the subsequent step of liquid product formation, which is fuel in this case. In
renewable jet fuel production, H2 can be generated via low-temperature electrolysis meth-
ods, such as Alkaline and Proton Exchange Membrane (PEM) electrolyzers, or through
high-temperature electrolysis using Solid Oxide Electrolyzer Cells (SOECs). The choice of
electrolyzer depends on factors such as operating temperature, cost, and technology readi-
ness level. For instance, while low-temperature electrolyzers are commercially available
and widely used, SOECs have recently attracted attention due to their higher efficiency,
despite being more expensive than their counterparts. CO2 can be captured from point
sources like conventional power plants, from air via Direct Air Capture (DAC) technolo-
gies, or from biogenic production. [Larsen et al., 2023]

The source of CO2 (either from the air or industrial sites) and the fuel synthesis method
determine how electricity, air, water, or biomass turn into e-kerosene. Especially if al-
kaline electrolyzers are used, the low quality heat (at temperature of 50-60 ◦C) can be
repurposed for district heating. This utilization of waste heat can provide an additional
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Chapter 1. Introduction

revenue stream, improving the economic viability of e-jet fuel and earning points against
fossil-based alternatives. There are two main eSAF pathways:

1. e-SAF production via Fischer Tropsch (FT) synthesis – This pathway uses syngas
(CO and H2) to generate synthetic crude, often referred to as e-crude which is then re-
fined into jet fuel. In order to convert CO2 into CO, a reverse water gas shift (RWGS)
reactor is utilized, which requires a significant amount of heat and operates at very
high temperatures. On the other hand, FT synthesis reaction is exothermic, which is
beneficial for energy recovery. There are two different process types, which are Low-
Temperature Fischer–Tropsch (LTFT) operating at 180-250 ◦C, and High-Temperature
FT (HTFT) operating at 300-375 ◦C. Low-Temperature Fischer–Tropsch (LTFT) is gen-
erally preferred for jet fuel production due to its higher selectivity toward long-chain
hydrocarbons in the jet fuel range (C8–C16). It produces waxes that can be easily up-
graded to jet fuel via hydrocracking, making it more suitable than High-Temperature
FT (HTFT), which favors lighter products. FFT-SPK (Fischer–Tropsch Synthetic Paraf-
finic Kerosene) is also ASTM-certified and can be blended with conventional jet fuel
at ratios of up to 50 %. [Larsen et al., 2023, Maitlis and de Klerk, 2013]

2. e-SAF production via Methanol-to-Jet process – This pathway also uses CO2 and H2

to synthesize methanol (MeOH) first, either with or without converting CO2 to CO.
Methanol synthesis is also exothermic as FT reaction, whose heat can be integrated
into H2 production, or CO2 capture, for instance. Green MeOH is then converted
to SAF through a combined Methanol-to-Olefins (MTO) and olefin oligomerization
process. In the MTO step, short olefins such as ethylene and propylene are syn-
thesized from MeOH. These olefins are subsequently oligomerized to form longer
hydrocarbons, which are then hydrogenated to produce e-crude. This e-crude can
be further refined into jet fuel-range hydrocarbons. While the FT pathway is al-
ready ASTM-approved for SAF production, the MtJ pathway is yet to be certified
[IEA Bioenergy Task 39, 2023, Larsen et al., 2023].

Despite its promise in decarbonizing aviation, the PtX route for e-SAF production still
have some limitations. PtX is highly energy-intensive, as it relies on renewable electricity
for water electrolysis and CO2 conversion, which leads to scalability and cost challenges
due to limited availability of low-cost renewable energy. The overall efficiency of the
process is also relatively low, given the multiple energy conversion steps involved, leading
to significant energy losses [Schmidt and Weindorf, 2018]. Economically, PtX-based eSAF
remains considerably more expensive than conventional jet fuel, primarily due to high
capital expenditures for electrolyzers and synthesis units, as well as the operational costs
tied to fluctuating electricity prices [Vickers et al., 2020]. In this context, in addition to the
importance of strong policy support as discussed, ensuring the economic feasibility of the
eSAF pathway is equally important to enable its real-world implementation.
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Chapter 1. Introduction

1.1.2 Jet Fuel Specifications

ASTM D1655, "Standard Specification for Aviation Turbine Fuels," is one of the most well-
known fuel quality standards that the international aviation industry complies with. In
response to the introduction of alternative fuels, ASTM developed D7566, "Standard Spec-
ification for Aviation Turbine Fuel Containing Synthesized Hydrocarbons", which establishes
stricter requirements for synthetic fuels lacking operational history. D7566 allows certi-
fied synthetic fuels to be integrated into the current fuel infrastructure by allowing them
to be reclassified as D1655 fuels, which is for conventional jet fuels, after being blended.
For Fischer–Tropsch Synthetic Paraffinic Kerosene (FT-SPK), which primarily consists of
paraffins and lacks sufficient aromatic content, blending is typically 8–20 % by Jet A-
1 standards. As a result, these fuels must be blended with conventional kerosene to
meet density and aromatic requirements. Even for variants such as FT-SPK/A, which
include aromatic components and shows a very similar composition to conventional jet
fuel, a 50 % blending is imposed [Rumizen, 2021]. Alcohol-to-Jet Synthetic Paraffinic
Kerosene (ATJ), which is derived from ethanol and isobutanol and primarily consists
of isoparaffins, is also certified under ASTM D7566. At present, a maximum blend-
ing ratio of 50% is allowed to ensure compliance with the standards. However, MtJ
is not yet covered under this certification and is still undergoing the approval process.
[Rumizen, 2021, IEA Bioenergy Task 39, 2023].

According to ASTM D7566 specifications, the physical distillation characteristics of jet
fuel should meet the following requirements: the temperature at which 10% is recov-
ered (T10) must not exceed 205 ◦C, and the final boiling point must not exceed 300 ◦C
[ASTM International, 2012]. Additionally, two key properties are its low freezing point,
which must be below −47 ◦C, and viscosity, which should not exceed 8 mm2/s at −20 ◦C,
and typically falls within the range of 1–2.5 mm2/s at 38 ◦C. These qualities ensure that the
fuel remains fluid and operational at the low ambient temperatures encountered during
high-altitude flights [Shell, 2024].

1.1.3 Methanol-to-Jet Fuel (MtJ) Pathway

The goal of this study is to simulate MtJ PtL pathway for SAF production from hydrogen
(H2) obtained from the electrolyzer and carbon dioxide (CO2) from carbon capture using
Aspen Plus V12.1. The MtJ pathway consists of methanol synthesis, methanol-to-olefin
conversion, oligomerization, hydrogenation and refining as seen in Figure 1.2.
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Figure 1.2: Methanol-to-jet pathway.

Methanol synthesis from CO2 and H2 produces a mixture of methanol and water, which
is then separated via distillation. The conversion of methanol into hydrocarbons was
primarily developed during the 1970s, with the Mobil Olefins to Gasoline and Distil-
late (MOGD) process being one of the key technologies commercialized in the 1980s
[Börner, 2014]. However, these efforts were mainly focused on producing shorter-chain
hydrocarbons, such as gasoline, rather than kerosene [Bube et al., 2024]. Similar to other
alcohol-based fuel pathways, such as Alcohol-to-Jet (AtJ), MtJ conversion involves olefin
formation through dehydration, followed by oligomerization into longer-chain olefins. A
following hydrogenation step saturates these olefins to paraffins, and the final fuel frac-
tions are obtained through distillation [Bube et al., 2024].

1.1.4 The Importance of Process Modelling

Shifting towards sustainable aviation fuels is essential to meet both EU and global cli-
mate goals and to reduce the aviation sector’s carbon footprint. The development and
optimization of Power-to-Liquid (PtL) pathways, particularly the Methanol-to-Jet (MtJ)
process, represent a significant step toward achieving these objectives. However, experi-
mental validation of such complex processes at full scale is often impractical due to the
high number of interconnected units, the system’s technical complexity, and the consid-
erable financial resources required. Process modeling thus provides a crucial tool for
early-stage evaluation of performance and profitability before any real investment is made.
It enables systematic analysis of process parameters, supports optimization of operating
conditions, and helps in design decision-making process and lower the risk in investment
before physical implementation.
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1.2 State of the Art

The increasing urgency to decarbonize aviation has accelerated the development of sus-
tainable aviation fuels (SAFs), particularly those based on renewable electricity and carbon
dioxide via power-to-liquid (PtL) routes. Among the most promising pathways, the Fis-
cher–Tropsch (FT) synthesis and Methanol-to-Jet (MtJ) process have received considerable
attention for their potential to replace fossil jet fuels while leveraging existing infrastruc-
ture [Bube et al., 2024, Eyberg et al., 2024].

Methanol, which can be synthesized from syngas or directly via CO2 hydrogenation,
serves as a flexible intermediate for further conversion to hydrocarbons. Green methanol
synthesis technologies are well established, often modeled using the Vanden Bussche and
Froment kinetics for Cu/ZnO/Al2O3 catalysts [Bussche and Froment, 1996]. This reac-
tion network, coupled with commercial process simulators like Aspen Plus, enables ac-
curate reactor design and process optimization [Aspen Technology, Inc., 2021]. CO2-based
methanol production has also been validated through simulation and energy integration
studies, supporting its role in future SAF scenarios [Vandal and Bouallou, 2013].

The downstream conversion of methanol to jet-range hydrocarbons typically involves
dehydration (MTO), oligomerization (OLI), and hydrogenation (HYDRO) steps. The MtJ
process largely evolved from the Mobil Olefins to Gasoline and Distillate (MOGD) tech-
nology. Originally designed to convert methanol into gasoline and diesel-range products,
MOGD employed a combination of MTO, OLI, and HYDRO steps. Current MtJ processes
take inspiration from the original MOGD setup, adjusting the reaction conditions and cat-
alysts to focus on making jet fuel-range hydrocarbons instead of gasoline. This connection
to a well-established technology gives MtJ a solid foundation. In MOGD process, both for
MTO and oligomerization, ZSM-5 catalyst typically has been used. MTO catalyst can be
divided into two major groups: "small pore" such as ZSM-34 and SAPO-34, and "medium
pore" such as ZSM-5. The small pore catalysts generally yield C4 products while the
medium pore ones typically yield higher chain hydrocarbons (C5+). Additionally, small
pore catalyst are sensitive to coke formation more. [Avidan, 1988]

Early MTO processes, such as the MTG (Methanol-to-Gasoline) and MOGD routes de-
veloped by Mobil, relied on ZSM-5 zeolites mostly, which favor aromatic-rich gasoline.
Later innovations introduced SAPO-34 catalysts, which enabled higher selectivity toward
light olefins. In terms of reactor design, both fixed-bed and fluidized-bed systems have
been applied in MTO implementations. Union Carbide was a key factor for the upscal-
ing of MTO process due to the high selectivity of light olefins, which utilizes SAPO-34.
SAPO-34 is highly stable, combining a regeneration reactor for coke combustion. Among
the key industrial advancements, the MTO technology developed by UOP/Norsk Hy-
dro played a pioneering role, beginning with the installation of a pilot plant in Nor-
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way in 1995. Since then, industrial-scale MTO has expanded globally, with four promi-
nent technologies gaining traction, particularly in China: (i) DMTO by the Dalian Insti-
tute, (ii) S-MTO by Shanghai Research Institute of Petrochemical Technology (SRIPT) and
Sinopec, (iii) MTP (methanol-to-propylene) by UOP/Norsk Hydro, and (iv) MTP by Lurgi.
[Cordero-Lanzac et al., 2024] These advances allowed continuous operation and scalable
production and commercialization of MTO technologies which creates the groundwork
for advancements in MtJ process.

In terms of modelling, MTO has been modelled using a kinetic reactor (RPLUG in As-
pen) with kinetic data, a yield reactor (RYIELD in Aspen) and a fixed conversion reactor
(RSTOIC in Aspen). In terms of kinetic models, several different models have been es-
tablished to capture the complex reactions behavior in MTO processes. These models are
generally divided into two categories: lump models, and detailed models considering in-
dividual reaction steps. Aguayo et al. developed a seven-lump kinetic model for methanol
conversion over HZSM-5 in a fixed-bed reactor, operating under isothermal conditions.
Similarly, Kaarsholm et al. also developed a lump kinetic model for the MTO reaction
using a phosphorus-modified ZSM-5 catalyst in a small-scale fluidized-bed reactor, em-
ploying a two-phase (bubble and emulsion) model, again under isothermal conditions
[Kaarsholm et al., 2010].

In the PhD thesis of Wahabi et al., a detailed kinetic model based on elementary steps
for the MTO process on SAPO-34 was developed [Al Wahabi, 2003]. Several reactor modes
were also investigated based on the developed kinetics, including isothermal and adiabatic
in both packed-bed and fluidized-bed reactors. Subsequently, Wahabi and Froment devel-
oped a fundamental single-event kinetic model for the MTO process over SAPO-34, using a
detailed reaction network with over 700 elementary steps [Al Wahabi and Froment, 2004].
A study by Najafabadi et al. proposed a kinetic model for methanol conversion over SAPO-
34, emphasizing lumped kinetic modeling to evaluate operating parameters like tempera-
ture, pressure, and water/methanol ratio [Taheri Najafabadi et al., 2012]. The model used
a genetic algorithm for parameter optimization and highlighted ethylene and propylene
yield improvements under varied space–time conditions. Yu and Chien provided a steady-
state simulation framework for MTO process [Yu and Chien, 2016]. In their study, MTO
fluidized-bed reactor was modeled as an isothermal RPLUG reactor for simplicity, includ-
ing a lumped kinetic expression from Ying et al. [Ying et al., 2015]. Chang et al. developed
a 3D CFD model for a fluidized-bed MTO reactor, coupling a lumped kinetic model for
SAPO-34 catalyst with a two-fluid flow hydrodynamic model [Chang et al., 2013]. The
kinetic model was adapted from Chen et al., which also accounted for the catalyst de-
activation [Chen et al., 2007]. For design purposes, lumped kinetics are used in most
cases due to the fact that the detailed models are often time-consuming and impractical
[Chang et al., 2013].
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While kinetic models provide a deeper understanding of the reaction mechanism, sim-
plified approaches like the RYIELD reactor are often preferred in process simulations to
estimate product distributions quickly and efficiently. Salkuyeh and Adams developed a
polygeneration process that produces olefins, MeOH, DME, and electricity from conven-
tional pipeline natural gas and different kinds of shale gases. They modeled the MTO
section using an RYield reactor block in Aspen Plus, simulating the UOP/Hydro MTO
process, with SAPO-34 as the catalyst [Salkuyeh and Adams, 2015]. The model empha-
sized selectivity outcomes based on experimental data by Wilson et al. rather than de-
tailed reaction kinetics [Wilson and Barger, 1999]. Ortiz-Espinoza et al. modeled the MTO
process as a part of a larger shale gas-to-ethylene conversion pathway, using an RYield
reactor block in Aspen Plus [Ortiz-Espinoza et al., 2017]. The model employed a SAPO-34
catalyst and used experimental product distributions from Vora et al. to estimate yields
[Vora et al., 1997].

Unlike the MTO process, the MOGD section, which includes oligomerization, hydro-
genation, and hydroisomerization (optional), lacks sufficient literature work in kinetic
modelling. Although early studies such as Alberty’s assumed uniform reaction rates
across olefin species and equilibrium-controlled reversibility [Alberty, 1987], more recent
research by Dubray et al. has demonstrated that reaction rates differ significantly between
molecules [Dubray et al., 2022]. In addition to that, ZSM-5 which is also commonly used
in MOGD process, is a shape-selective zeolite catalyst; its pore size and structure only al-
low certain-sized molecules to enter and react. This means long-chain molecule formations
would be hindered, and at full conversion, product distribution was found to be largely
independent of the carbon number of the feedstock olefin [Tabak et al., 1986]. Dubray et
al. and Garwood’s studies also support that the product distribution is independent of
the carbon number of the olefin feed [Dubray et al., 2022, Garwood, 1983]. On the other
hand, there is also an approach that relies on a statistical framework for modeling the
product distribution from olefin oligomerization which propose the dependence of distri-
bution with the yield carbon number. Two statistical models are proposed: Poisson and
Anderson–Schulz–Flory (ASF) distributions [Nicholas, 2017]. Poisson distribution applies
when chain growth is random and each step has an equal probability of termination, re-
gardless of chain length. This only happens in highly controlled systems, such as some
metal-catalyzed reactions, and is not common in real fuel production. ASF distribution,
on the other hand, is more realistic for most fuel-related processes. It assumes that after
each propagation step, the chain has a fixed probability to keep growing, which fits well
with the behavior of acid catalysts like ZSM-5, which is commonly used in MtJ process.
These catalysts often allow olefins to rejoin the reaction and form longer chains. In Bube
et al.’s model, oligomerization is also assumed to follow an ASF distribution, similar to
FT synthesis, and accounts for the feed carbon number when defining the product distri-
bution [Bube et al., 2024]. Given that, detailed kinetics are not able to reliably capture the
full complexity of the oligomerization mechanisms, hence, simplified or empirical values
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for product distribution are often used in modeling.

Several recent techno-economic assessment studies evaluate process efficiency, carbon
utilization, and cost performance between MtJ and FT pathways, demonstrating that MtJ
may offer superior energy efficiency and flexibility under certain conditions. Ruoko-
nen et al.’s work is on the MTO-MOGD process simulation with Aspen Plus, model-
ing a pilot-scale production of gasoline, kerosene, and diesel from renewable methanol
[Ruokonen et al., 2021]. The MTO reactor was selected as an isothermal reactor with full
conversion of methanol to DME and light olefins over ZSM-5 catalyst. The MOGD reactor
oligomerized olefins, again using ZSM-5 in isothermal mode, followed by hydrogena-
tion and hydroisomerization steps. Experimental yields for oligomerization were obtained
from Avidan [Avidan, 1988]. Additionally, they performed a techno-economic analysis es-
timating the total product cost (TPC) is 3409 €/ton of fuel, corresponding to a renewable
MeOH price of 963 €/ton of MeOH. Compared to the present price of fossil fuels and bio-
fuel blending components, the estimated fuel price is significantly higher, indicating that
significant improvements in MeOH sourcing, which comes from electrolytic hydrogen,
or financial incentives would be necessary for economic competitiveness under current
market conditions. The analysis also revealed that methanol feedstock cost accounts for
approximately 70 % of operational expenses, making it the most critical factor affecting
overall production costs.

Vincent Eyberg et al. carried out process simulations with nine configurations and
followingly, a techno-economic assessment of two Power-to-Liquid (PtL) pathways, Fis-
cher–Tropsch (FT) and Methanol-to-Jet (MtJ) approaches, with CO2 sourcing from direct
air capture (DAC) and H2 sourcing from solid electrolyzers (SOEC) [Eyberg et al., 2024].
In their Aspen Plus simulation, kinetic models of Mignard et al. and Aguayo et al., respec-
tively for MeOH synthesis and MTO process [Mignard and Pritchard, 2008] [Aguayo et al., 2010].
The oligomerization section was inspired by MOGD process, using a model derived from
an empirically determined product distribution by Avidan [Avidan, 1988]. Their study
found that, although MtJ processes required larger electrolyzers and had slightly higher
fuel production costs compared to Fischer–Tropsch, both pathways achieved similar syn-
crude Levelized Cost of Production (LCOP) values around 0.81 €/kWh for 2022 conditions.
Future projections showed significant cost reduction potentials with advancements in DAC
and SOEC technologies by 2050.

In the Bube et al.’s study, both FT and MtJ pathways for kerosene production were sim-
ulated using Aspen Plus [Bube et al., 2024]. It was assumed there was no internal heat
integration initially; instead, a pinch analysis was later performed separately using As-
pen Energy Analyzer to estimate the minimum external heating and cooling demands.
Although the model did not include a comprehensive heat exchanger network, the pinch
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analysis allowed them to assess the potential for energy savings. Different parameter varia-
tions, such as chain growth probability and hydrocracking behavior in FT and dehydration
olefin selectivity and oligomerization product distribution in MtJ, were explored to evalu-
ate the effects on carbon and energy efficiency and to indicate uncertainties and optimize
the kerosene production. Using the simulations from this work, Bube et al. also per-
formed a techno-economic assessment to compare the two pathways [Bube et al., 2025].
For the cost analysis, two allocation strategies were defined: kerosene allocation which
excludesby-product revenues, and total fuel allocation which includes by-product rev-
enues such as naphtha and diesel. Economically, for total fuel allocation, FT yields less
total product cost (TPC) while for kerosene allocation MeOH yields less. In all cases, costs
are mainly influenced by H2 and CO2 supply and conversion efficiency of them.

In summary, methanol-based SAF synthesis shows a great potential to replace the fossil
jet fuel. However, successful deployment depends on continued advancements in pro-
cess integration, catalyst development, regulatory approval, and the scale-up of renewable
electricity and carbon capture infrastructure. This work aims to build upon previous stud-
ies by developing a comprehensive MtJ process simulation and performing an updated
techno-economic evaluation under current and projected energy market conditions.

Considering the literature, studies often apply fixed distribution model from experimen-
tal data for the oligomerization process, this work includes a versatile product distribution
model which enables observing the change in product distribution with different pressure
and temperature. By doing so, the process can be realistically optimized and assessed for
techno-economic viability.
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Chapter 2

Objective
The aviation industry needs to switch from fossil fuels to Sustainable Aviation Fuels

(SAF), which are produced from renewable energy sources, in order to neutralize green-
house gas (GHG) emissions in the long term. Methanol-to-Jet (MtJ) pathway is one of the
most interesting SAF options among Power-to-Liquid (PtL) processes. However, the MtJ
pathway also faces several challenges, including relatively high production costs due to
the current price of renewable methanol which is produced from green hydrogen and cap-
tured CO2, the need for further catalyst development, and the lack of ASTM certification
for commercial jet fuel applications. In this sense, this thesis focuses on:

Designing and evaluating a sustainable Methanol-to-Jet (MtJ) fuel production process using Aspen
Plus including key process units such as methanol synthesis, methanol-to-olefins (MTO), oligomer-
ization, and hydrogenation, to achieve jet fuel production from CO2 and hydrogen feedstock. The
study aims to optimize operational conditions in favor of increasing kerosene yield and reducing
overall expenses through process modeling, as full-scale experimental testing is impractical due to
the system’s complexity and the significant costs involved.

2.1 Approach

The problem statement will be investigated through the following steps:

1. Process Design: Develop a complete process model in Aspen Plus, including the
methanol synthesis from CO2 and H2, MTO conversion, olefin oligomerization, and
hydrogenation to produce jet fuel-range hydrocarbons.

2. Simulation and Optimization: Perform steady-state simulations at different selected
operating conditions which are pressure of methanol reactor, temperature and pres-
sure of oligomerization reactor to determine kerosene yield, compositions, and cost-
ing. Optimize those process conditions to maximize jet fuel production with a trade
off of capital cost.

3. Techno-Economic Analysis: Evaluate the Levelized Cost of eSAF (LCOSAF) and
identify key cost drivers and performance bottlenecks.
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Chapter 3

Process Description and Simulation Ap-
proach
3.1 Aspen Plus Model Setup, Assumptions and Limitations

Throughout the process, the simulation approach is mainly based on the PR-BM (Peng
– Robinson - Boston – Mathias) method. For the methanol synthesis section, RKSMHV2
(Redlich-Kwong-Soave EOS with the Modified Huron-Vidal mixing rule) for pressures
above 10 bar since it is appropriate for high pressure and high temperature conditions,
and systems involving non-polar and polar compounds. For pressures below that thresh-
old, NTRTL-RK (Non-Random Two-Liquid activity coefficient model for the liquid phase
with the Redlich-Kwong (RK) equation of state for the vapor phase) method is selected.
[Eyberg et al., 2024]

The commercial software Aspen Plus V12.1 was used for process design and simulation.
According to literature, centrifugal compressors can handle discharge temperature up to
200-250 ◦C [Tahan, 2022]. This limitation is taken into consideration for the compressors in
the flowsheet. Maximum compression ratio is 3, hence if higher pressure ratio is needed,
multistage compressors with same pressure ratio at each stage are chosen. Additionally, a
typical isentropic efficiency of 0.80 and mechanical efficiency of 0.90 were assumed for the
compressors [Ruokonen et al., 2021]. Heat exchangers are simplified in the simulation to
streamline the modeling process. Therefore, the heater/cooler unit operation is implemented
to represent all heat exchangers throughout the process. Distillation column is modelled
as RADFRAC [Ruokonen et al., 2021].

Due to lack of information on the isomer distribution, only 1-alkenes up to 24 and n-
alkanes up to 24 are considered in the modelling (see Table A.1)

3.2 Methanol Synthesis from CO2 and H2

Methanol (MeOH, CH3OH) is the simplest alcohol molecule, consisting of a single car-
bon atom with three hydrogen atoms and one hydroxyl group. It is primarily produced
via the catalytic hydrogenation of synthesis gas (syngas), a mixture of H2, CO, and CO2.
Syngas can be produced from a variety of carbon-based feedstocks, such as coal, coke,
natural gas, and crude oil; however, natural gas is the most commonly used source due
to its availability and favorable hydrogen-to-carbon ratio. [Kaltschmitt and Neuling, 2018,
Vandal and Bouallou, 2013]
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Methanol synthesis is an exothermic process. The synthesis from CO2 can be conducted
either one-step or two-step process. The one-step approach involves the direct hydro-
genation of CO2 to methanol, whereas the two-step route first converts CO2 to carbon
monoxide (CO) via the Reverse Water-Gas Shift (RWGS) reactor, followed by hydrogena-
tion to methanol. The source of CO2 can be from flue gases from thermal power plants,
or industrial facilities which emits a considerable amount of CO2. To ensure the sustain-
ability of the process, H2 should be produced via carbon-free methods, such as produc-
tion from algae or through water electrolysis powered by renewable electrical sources.
[Vandal and Bouallou, 2013]

3.2.1 Model Equations for the Methanol Synthesis

The methanol synthesis reaction is typically carried out over a commercial copper-based
catalyst system, commonly composed of Cu/ZnO/Al2O3, under elevated temperature
(210–270◦C) and pressures (50-100 bar) [Vandal and Bouallou, 2013]. The conversion of
a CO/CO2/H2 feed into methanol over this catalyst is a well-established process, with
different kinetic models proposed in the literature.

The primary reactions responsible for methanol synthesis from syngas are the methanol
synthesis reaction and the reverse water-gas shift (RWGS) reaction (eqn. (3.1) and (3.2)).
These reactions are highly reversible and gas-phase reactions.

CO2 + 3 H2 −−⇀↽−− CH3OH + H2O (Methanol Synthesis) (3.1)

CO2 + H2 −−⇀↽−− CO + H2O (Reverse Water-Gas Shift) (3.2)

In addition to the primary pathways, two side reactions are included in the based ki-
netic model to represent the formation of higher alcohols, which are lumped into ethanol
and dimethyl ether (DME) (eqn. (3.3), (3.4)). These reactions are generally treated as
irreversible, as in this case.

2 CO + 4 H2 −−→ C2H5OH + H2O (Ethanol Formation) (3.3)

2 CH3OH −−→ CH3OCH3 + H2O (DME Formation) (3.4)

The kinetics model for methanol synthesis reaction mechanism is obtained from Aspen
Plus documentation which is based on the Vanden Bussche and Froment study
[Aspen Technology, Inc., 2021, Bussche and Froment, 1996].
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where reaction rates (rMS and rRWGS) are in kmol/kgcat.s. kMS and kRWGS are rate constants
which can be calculated by Arrhenius equation at a specific temperature;

k = krefe
− Ea

R

(
1
T −

1
Tref

)
(3.7)

Kp,MS and Kp,RWGS are equilibrium constants and can be calculated from Gibbs energy;

Kp = e−
∆G◦

rxn
RT (3.8)

KA, KB, KC and KD are adsorption constants and can be calculated from;

ln(Ka) = A + B/T (3.9)

The parameter values are given in Table 3.1.

Table 3.1: Kinetic parameters for main reactions (methanol formation and RWGS).

Parameter Description Value

kMS,ref Rate constant for methanol synthesis 7.07034 kmol/kg-cat/s

Ea,MS Activation energy for methanol synthesis −8.76469 kcal/mol

kRWGS,ref Rate constant for RWGS reaction 0.00165 kmol/kg-cat/s

Ea,RWGS Activation energy for RWGS reaction 22.6342 kcal/mol

Kp,MS Equilibrium constant for methanol synthesis Calculated from Gibbs free energy

Kp,RWGS Equilibrium constant for RWGS Calculated from Gibbs free energy

KA First adsorption term AA = 0, BB = 0 (KA = 1.0)

KB Second adsorption term AA = 8.14711, BB = 0

KC Third adsorption term AA = −0.69125, BB = 2066.17

KD Fourth adsorption term AA = −23.4383, BB = 14928.2

* Pressure units are implicitly in bar.
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For side reactions for ethanol and DME, the exact mechanisms are not well-established,
hence the ethanol formation rate is based on a modified power-law expression adapted
from Miranda et al., treating the carbon monoxide dependence as first-order, and the
DME rate expression is based on the study by Chiang and Lin, which modeled the for-
mation as a second-order reaction with respect to methanol over copper oxide catalysts.
[Aspen Technology, Inc., 2021]

rEtOH = kaPx
COPy

H2
(WcatFcat) (3.10)

rDME = kDMEPz
CH3OH(WcatFcat) (3.11)

where reaction rates (rEtOH and rDME) are in kmol/kgcat.s. kEtOH and kDME are rate con-
stants, which again can be calculated by Arrhenius equation.

The parameters used for these rate expressions are listed in Table 3.2.

Table 3.2: Kinetic parameters for side reactions (ethanol and DME formation).

Parameter Description Value

rEtOH Rate of ethanol formation kmol/sec
rDME Rate of DME formation kmol/sec
Px Partial pressure (for x = H2, CO, CH3OH, etc.) bar
ka Forward rate constant for ethanol formation kmol/kg-cat/s
ka,ref Reference rate constant for EtOH formation 1.0 × 10−12 kmol/kg-cat/s
Ea Activation energy for ethanol formation 19.467 kcal/mol
kDME Forward rate constant for DME formation kmol/kg-cat/s
kDME,ref Reference rate constant for DME formation 1.0 × 10−11 kmol/kg-cat/s
EDME Activation energy for DME formation 18.66 kcal/mol
Tref Reference temperature 501.57 K (228.42 ◦C)
x Power-law exponent for CO 1.0
y Power-law exponent for H2 1.5
z Power-law exponent for CH3OH 2.0
Wcat Catalyst weight (from reactor model) –
Fcat Catalyst activity factor (1.0 for fresh) –

The main reactions, eqn. (3.1) and (3.2), are defined using the Langmuir – Hinshel-
wood – Hougen – Watson (LHHW) heterogeneous reaction format, while the side re-
actions, eqn. (3.3) and (3.4), are implemented as irreversible power-law expressions.
[Aspen Technology, Inc., 2021]
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3.3 Methanol-to-Olefins

Methanol-to-Olefins (MTO) process is the step of the methanol-to-jet (MtJ) fuel produc-
tion route, in which methanol is catalytically formed into light olefins, mainly ethylene
(C2H4) and propylene (C3H6). The operating conditions of the MTO reactor are about 450-
500◦C. While higher pressures lead to a higher methanol conversion, lower olefin yield,
hence pressures close to atmospheric pressure is more preferred [Eyberg et al., 2024].

Table 3.3: Key modeling parameters of the Methanol-to-Olefins (MTO) process. [Bube et al., 2024]

Model Parameter Value

Operating conditions T = 450 ◦C | P = 3 bar
Reaction parameter Olefin selectivity (SO) = 90%
Reaction conversion [%] 100

Conversion reactions [%]
2CH3OH → C2H4 + 2H2O 46.00 · SO
3CH3OH → C3H6 + 3H2O 42.89 · SO
4CH3OH → C4H8 + 4H2O 11.11 · SO
13CH3OH → 2CO2 + 9H2O + 2CH4 + C2H6 + C3H8 + C4H10 + H2 (1 − SO)− 3.81
14CH3OH → Coke + 14H2O + 3CH4 3.81

In this study, the design of MTO unit is based on the UOP/Norsk Hydro MTO pro-
cess [Bube et al., 2024]. A total methanol conversion of 100% is assumed, and fractional
conversions are based on given values scaled with the olefin selectivity (SO) in Table 3.3.
The reactor is modeled using RSTOIC in Aspen Plus. Together with the MTO reactor,
regeneration reactor is also modelled for coke combustion after MTO process, where 100%
conversion is assumed [Bube et al., 2024].

3.4 Oligomerization

Oligomerization is a process, converting light olefins, primarily ethylene (C2H4), propy-
lene (C3H6), and butylene (C4H8), into longer-chain hydrocarbons desirably within the
kerosene boiling range (C8–C16). These oligomerization reactions are typically catalyzed
by solid acid catalysts such as zeolites (e.g., ZSM-5 and SAPO-34) under moderate tem-
perature and pressure conditions [Eyberg et al., 2024]. For the formation of hydrocarbons
in the jet fuel range, operating conditions are 150-300 ◦C and 40-100 bar [Bube et al., 2024].
The reactions are exothermic and proceed with a reduction in volume, requiring careful
thermal management. The product distribution usually follows the Anderson–Schulz–Flory
(ASF) model, which predicts chain growth and favors a wide range of hydrocarbon lengths,
including the desirable C8–C16 range [Nicholas, 2017, Bube et al., 2024].
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3.4.1 Model Equations for Oligomerization

Oligomerization reactor is modeled as a custom unit integrated into Aspen Plus using
MATLAB through an Excel interface. Experimental data from Tabak et al. with ZSM-5
catalyst was used to develop a simple temperature- and pressure-dependent conversion
model for C2-C4 olefins [Tabak et al., 1986] (see Appendix C). The product distribution
of the converted olefins (C4

+ was assumed to follow the Anderson–Schulz–Flory (ASF)
distribution, as seen in eqn. 3.12 as described by Bube et al. [Bube et al., 2024].

Wn = (n − x − 1)(1 − α)2αn−x−2 for n ≥ x (3.12)

where Wn is the weight fraction of the paraffin with carbon number n, α is the chain
growth probability, and x is an adjustment parameter. In this work, x is set to 2. The value
of α governs the likelihood of forming longer hydrocarbon chains: lower α values favor
the production of lighter hydrocarbons, while higher α values increase the yield of heavier
fractions, potentially resulting in higher wax formation. [Bube et al., 2024]

α value is also correlated with temperature and pressure, with the experimental product
distribution data at different temperatures and pressures [Tabak et al., 1986]. To calibrate
the ASF distribution, α values are determined by minimizing the error between the model
and experimental weight distributions using a "golden section search algorithm". This is a
one-dimensional optimization method which finds the minimum of an unimodal function
over a bounded interval without taking derivatives. The objective is defined in eqn. 3.13).

Objective: Minimize the squared error between experimental and ASF-predicted weight
fractions:

f (α) =
40

∑
n=3

(
Wexp(n)− WASF(α, n)

)2 (3.13)

Subject to:
0 ≤ α ≤ 1

The algorithm iteratively calculates the objective function at two interior points within
the interval [0,1], chosen based on the golden ratio (∼0.618), and progressively reduces the
interval by discarding the side with the higher error. This method is particularly suitable
in this case, as the error function is smooth and has a single minimum point with respect
to α.

Figure 3.1 shows the model predictions at constant temperature (T = 550 K) and varying
pressure, while Figure 3.2 presents results for varying temperature at constant pressure
(P=1 bar). Across both cases, the predictions for alpha values generally provides a good
fit to experimental carbon distributions, especially at intermediate conditions. The ac-
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curacy improves as conversion increases (reflected in higher α), which is evident from
the increased alignment of predicted and experimental distributions at higher pressures
(e.g., 2–5 bar) and mid-range temperatures (550–600 K). At extreme conditions (high pres-
sures or high temperatures), noticeable discrepancies is observed. Quantitatively, the fitted
model achieves high R2-values (∼ 0.90-0.95) in most cases, with RMSE and MAE values
below 0.01. However, at 700 K and 1 bar, as well as at 550 K and 10 bar, the model
performance reduces, with corresponding R2-values of 0.63 and 0.36, respectively. These
results suggest that the ASF model struggles to accurately represent product distribution
under very high temperature or pressure conditions. Despite these outliers, the overall fit
quality confirms that the α predictions combined with ASF logic can reliably capture the
oligomer distribution trend across a realistic relevant range of conditions. Furthermore,
the observed trend of α increasing with pressure and decreasing with temperature aligns
with expected ASF distribution behavior, further supporting the model’s validity.
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Figure 3.1: ASF model predictions vs. experimental data at different partial pressures (PP) of olefins (T =
550 K).
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Figure 3.2: ASF model predictions vs. experimental data at different temperatures (PP = 1 bar).

After predicting α values with the help of experimental data by Tabak et al., in order
to enable dynamic prediction of the ASF chain growth probability parameter, α based on
reactor conditions, a surface model α(T,P) is developed:
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α(T, P) = a0 + a1Tn + a2Pn + a3T2
n + a4P2

n + a5TnPn (3.14)

bounded by;
0 ≤ α ≤ 1

where Tn and Pn represent the normalized temperature and pressure values, respectively.
The normalization was done using the mean and standard deviation of the dataset. The
coefficients ai were estimated via least squares regression on MATLAB.

Table 3.4: Fitted coefficients for the α(T, P) surface model and corresponding evaluation metrics.

Parameter Value

a0 0.82
a1 −0.151
a2 0.507
a3 0.026
a4 −0.168
a5 0.052

Model Evaluation Metrics
R2 0.98
RMSE 0.019
MAE 0.015

As shown in Table 3.4, the fitted model gives a high R-squared value of 0.9809, indicating
that it matches the training data well.
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Figure 3.3: Comparison of ASF-predicted and experimental C+
4 product distributions at 568 K and 1 bar.

In order to assess the general applicability of the ASF model with the α(T,P), it was
further validated using the experimental data from Garwood [Garwood, 1983] as testing
dataset. As illustrated in Figure 3.3, the ASF model using the fitted α(T,P) surface captures
the overall trend in the product distribution across C4 to C11+. The match is especially
good in the middle carbon range (C5–C8), though there are some deviations at the lower
and upper ends. Despite those facts, the RMSE and MAE values of 0.031 and 0.026,
respectively, confirm that the model performs quite well, even on data it wasn’t originally
fitted to.

To enable integration with Aspen Plus, a function was created in MATLAB that com-
bines the ASF product distribution model (eqn. 3.12) with the fitted α(T, P) surface model
(Equation 3.14). This function calculates the expected weight distribution of oligomeriza-
tion products based on given inlet temperature and partial pressure of olefin reactants,
using the predicted chain growth probability α. The output from this MATLAB routine is
then dynamically linked to the Aspen simulation through Excel, allowing the user-defined
model to interact with the overall process flowsheet in Aspen.

Aspen Plus–Excel–MATLAB Dynamic Data Exchange Overview

In order to simulate the distribution of the oligomerization product considering the
effect of temperature and pressure with the experimental data, a custom unit in Aspen is
used. When built-in unit operation models are insufficient, integrating a custom MATLAB
model which captures the behavior of the reactor outlet can be an option.
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In this perspective, the Dynamic Data Exchange (DDE) approach provides a mechanism
to link Aspen Plus with external software (Excel and MATLAB) at runtime, allowing data
to be passed back and forth between the Aspen simulation and a user-defined calculation
(see Figure 3.4) [Fontalvo, 2014]. Aspen Plus serves as the primary flowsheet simulator, Ex-
cel acts as a data channel and automation platform, and MATLAB has the custom model.
This setup enables Aspen to utilize MATLAB’s computational power with updating the
Aspen environment simultaneously. The logic for this approach is to preserve Aspen’s ro-
bust features (thermodynamics, unit operation network, and convergence routines) while
incorporating calculations from MATLAB.

Figure 3.4: Matlab-Excel-Aspen Dynamic Data Exchange.

• Aspen Plus User Model Block: Aspen Plus provides a “User Model” unit operation
(User2 block) which can accept one or more inlet streams and produce one or more
outlet streams, and it allows the user to specify an external subroutine to compute
the outlet stream conditions. In this case, this subroutine is an Excel workbook, as
opposed to a FORTRAN routine, which also interfaces with MATLAB. Hence, this
User2 block functions as custom reactor for oligomerization of light olefins process.

• Excel as Data Bridge: Excel serves as the data transmitter between Aspen and MAT-
LAB. Aspen Plus uses dynamic data exchange to push simulation data into specific
cells of an Excel workbook, and to retrieve results from designated cells after com-
putation. The Excel workbook provided by AspenTech as a template contains a
predefined function in VBA called Aspenhooks that send and recieve information to
and from MATLAB. Excel’s role is reading the feed values from Aspen, calling the
MATLAB function with those inputs with the help of Aspenhooks, and then writing
the returned results back to the worksheet cells.

• MATLAB Custom Model Function: MATLAB contains the actual user-defined model,
an ASF-based oligomerization model in this case. It is implemented as a function file.
The Excel macro calls MATLAB, passes the necessary inputs, and executes this MAT-
LAB function. There are a couple of ways to do this: one common method is using
Excel’s VBA (Visual Basic for Applications) to start a MATLAB automation server
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(using COM/ActiveX) and call the function, capturing the outputs [Fontalvo, 2014].
Another approach is the use of MATLAB’s Spreadsheet Link (Excel add-in of MAT-
LAB) which allows Excel to directly call MATLAB functions via worksheet formulas
or VBA. In either case, Excel acts as the client that requests MATLAB to perform
a calculation and then retrieves the results. In this study, MATLAB’s Spreadsheet
Link is used. This step is crucial – it’s where the custom model logic (which Aspen
itself cannot natively do) is executed. By the time the MATLAB function finishes,
the desired output data (e.g. predicted weight distribution of the oligomerization
products) are now stored in Excel, ready for Aspen to read.

Through this integrated workflow, Aspen Plus can dynamically simulate a user-defined
MATLAB model during its calculations. The Aspenhooks module handles the communi-
cation between Aspen and Excel, hence Aspen’s data and the Excel cells stay synchronized.
On the other hand, the MATLAB Excel Add-In (Spreadsheet Link) handles the communica-
tion between Excel and MATLAB, hence Excel delegates complex calculations to MATLAB
and get the results back. This three-software setup allows for the dynamic integration of a
MATLAB model within an Aspen Plus simulation.

3.5 Hydrogenation

Hydrogenation is used to saturate alkenes produced during oligomerization into alkanes
by adding hydrogen, hence enhancing the fuel’s chemical stability and storage properties
and fitting to jet fuel properties. Hydrogenation is typically catalyzed by metal catalysts
such as nickel (Ni), platinum (Pt), or palladium (Pd), often supported on activated carbon.
Under standard conditions, noble metal catalysts like Pt, Pd, or PtO2 can achieve effec-
tive hydrogenation, while more robust operating conditions are necessary for less active
catalytic systems such as Ni or Co catalysts.

At the industrial scale, cost-effective Raney-nickel catalysts are commonly employed
[Kaltschmitt and Neuling, 2018]. These reactions are typically carried out at temperatures
ranging from 150–200 ◦C and pressures between 20 and 40 bar to ensure complete satura-
tion of olefinic compounds.

In this study, the hydrogenation reactor is modelled as RSTOIC reactor and the conver-
sion is assumed to be 99%.
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Chapter 4

Process Design Results and Optimiza-
tion
4.1 Base Case Scenario

4.1.1 Flowsheet Description

CO2 is initially supplied at 1 bar and H2 at 30 bar, both at a temperature of 25 ◦C.
The CO2 stream is compressed to 75 bar using a series of compressors with intercooling
between stages, while the hydrogen stream is pressurized to the same pressure in a single
compression step [Vandal and Bouallou, 2013]. The methanol synthesis (MEOH-R) is done
by a packed bed reactor at isothermal conditions with the given kinetic model in Chapter 3
which is modeled by heterogenous RPLUG reactor in Aspen Plus. The pressure drop in the
fixed bed is calculated by the Ergün equation, already implemented inside the software.

The stream exiting the first flash drum (V-100), referred to as crude methanol, consists
primarily of methanol, ethanol, DME and traces of dissolved gases, and water is knocked
out in this VLLE column. The vapor stream is sent to recycle for further conversion of non-
reacted gases to methanol. After that, most of the residual gases are separated in the next
flash tank (V-101) and purified methanol is collected from the bottom in liquid form. This
stream which mainly consists of methanol is supplied into methanol-to-oligomerization
reactor (MTO-R) at 3 bar and 450 ◦C [Bube et al., 2024]. During this process, coke is in-
cluded in the reaction scheme, hence, catalyst needs to be regenerated in REGEN-R at
adiabatic conditions. The process until this point is given in Figure 4.1.

The water from the product stream of MTO-R is knocked down in the flash tank (V-102).
Then the oligomerization into higher olefins occurs in the reactor (OLI-R) at 40 bar and
200 ◦C. The OLI-R product is then pre-heated to 300 ◦C to be fed into hydrogenation unit
(HYDRO-RS) with hydrogen side stream. Here, the oligomerized olefins are saturated into
paraffins. Then the outlet stream is separated in flash column (V-103) into light products,
predominantly light alkenes, water and the main stream which is sent to another flash
column (V-104) to obtain processed e-crude. Finally, this processed e-crude is fractionated
into light cut, kerosene and heavy cut (KERCOL). During fractionation, T10 and final
boiling requirements is taken into account as mentioned in Ch. 1. This section is given in
Figure 4.2.

The unit specifications for the base scenarios are given in Table 4.1 and 4.2.
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4.2 Optimization Strategy

4.2.1 Response Surface Modeling

In this work, to optimize the MtJ fuel process for minimum capital cost and maxi-
mum kerosene yield, a Central Composite Design (CCD) was used to collect simulation
data, which was then analyzed using Response Surface Methodology (RSM) to develop
a quadratic model for further process optimization. A CCD is a response surface de-
sign that combines a factorial core with center and axial (star) points to capture curvature
[NIST/SEMATECH, 2012].

The key process variables, methanol synthesis operating pressure, oligomerization op-
erating temperature, and pressure are selected as three factors to vary:

• x1: MeOH-R pressure (50 – 100 bar)

• x2: Oligomerization reactor temperature (150 – 300 ◦C)

• x3: Oligomerization reactor pressure (40 – 100 bar)

Kerosene yield is defined as;

Yyield, C8-16 =
ṅC,C8-16 hydrocarbons

ṅC,feed
(4.1)

Using a CCD allows us to fit a full quadratic model (including interactions and squared
terms) for both objectives [Minitab, 2025]. The face-centered CCD (α = 1) is chosen, so that
all experimental runs stay within the given factor ranges; that is, each factor is tested at
three levels: low (–1), center (0), and high (+1). In a face-centered design, the axial (star)
points are located at the center of each face of the factorial cube (i.e. at the midpoints of
the ranges) as seen in Figure 4.3.
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Figure 4.3: Face centered composite design structure.

The total number of runs can be calculated by:

N = 2k + 2k + nc (4.2)

where k is the number of factors and nc is the number of center point repeats.

The CCD consists of three sets of points:

• Factorial points: All combinations of factors at low and high levels. These cover
the “corners” of the design space and capture main effects and interactions in a
linear model. For the case of this study which consists of 3 factors, factorial points
correspond to 23 = 8 runs (blue dots in Figure 4.3).

• Axial (star) points: One-factor-at-a-time extremes, with others at center. These points
(coded as ±1 for one factor, 0 for the others) lie at the midpoints of each face of the
cube and allow estimation of curvature (quadratic effects) for each factor. In this
case, they are 2x3 = 6 runs in total (red stars in Figure 4.3).

• Center points: Runs where all factors are at the midpoint of their ranges (coded as
0,0,0). Number of center runs depend on the replication of the experiment. In this
case, no repetition is needed, hence 1 run (overlapped point at the center in Figure
4.3).

These add up to 15 runs in total, where the results are shown in Table 4.3.
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Table 4.3: Central Composite Design Matrix and Simulation Results.

Run PMeOH [bar] TOLI [°C] POLI[bar]
PMeOH
(coded)

TOLI
(coded)

POLI
(coded)

C-mole Yield of
Kerosene defined

as C8-16
[-]

Capital Cost
[mil. EUR]

1 30.0 150 40 -1 -1 -1 0.2694 23.75
2 30.0 150 70 -1 -1 1 0.2047 24.22
3 30.0 300 40 -1 1 -1 0.3356 23.50
4 30.0 300 70 -1 1 1 0.4100 24.53
5 75.0 150 40 1 -1 -1 0.2580 28.98
6 75.0 150 70 1 -1 1 0.1951 32.09
7 75.0 300 40 1 1 -1 0.3320 31.16
8 75.0 300 70 1 1 1 0.3949 32.21
9 30.0 225 55 -1 0 0 0.3571 23.91

10 75.0 225 55 1 0 0 0.3463 31.52
11 52.5 150 55 0 -1 0 0.2208 26.64
12 52.5 300 55 0 1 0 0.3816 26.39
13 52.5 225 40 0 0 -1 0.3444 25.93
14 52.5 225 70 0 0 1 0.3249 28.42
15 52.5 225 55 0 0 0 0.3448 26.53

RSM provides a statistical and mathematical framework for modeling the relationship
between a response variable (output) and multiple design variables (factors). The main
objective is to approximate the true functional relationship between the factors and the
response in a given data and use this to identify optimal conditions [Montgomery, 2017].
A typical RSM model takes the form:

y = f (x1, x2, . . . , xk) + ε (4.3)

where ε represents experimental noise or error. If the surface is approximately linear, a
first-order model may suffice:

y = β0 +
k

∑
i=1

βixi + ε (4.4)

However, if curvature exists in the response surface, a second-order polynomial model is
employed:

y = β0 +
k

∑
i=1

βixi +
k

∑
i=1

βiix2
i + ∑

i<j
βijxixj + ε (4.5)

where x are factors and y is the predicted response. This model allows for the estimation
of linear, interaction, and quadratic effects of each factor. In practical, in most of the RSM
problems, linear or second-order polynomial models (eq. 4.4, 4.5) are used. Although a
polynomial model is unlikely to be a good representation of the true functional relation-
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ship across the whole space of the independent variables, they typically perform well for
a relatively small range [Montgomery, 2017].

The responses (kerosene yield and capital cost) are normalized to [0, 1] using min-max
scaling to ensure equal weighting during fitting and MATLAB’s fitlm is used to fit the
response surface models.

The fitting RSM curves are given in the following (see Figure 4.4).

0
150 30

0.2

40

0.4

200

N
or

m
al

iz
ed

 e
xp

ec
te

d 
yi

el
d 

E
(y

yi
el

d
)

0.6

50

x
1
: P

MeOH
 [bar]x

2
: T

OLI
 [°C]

0.8

60250

1

70
80300

(a) x1 vs x2 (fixed x3)

0
3040

0.2

40

0.4

50

N
or

m
al

iz
ed

 e
xp

ec
te

d 
yi

el
d 

E
(y

yi
el

d
)

0.6

50

x
3
: P

OLI
 [bar] x

1
: P

MeOH
 [bar]

0.8

6060

1

70
70 80

(b) x1 vs x3 (fixed x2)

0
15040

0.2

0.4

50 200

N
or

m
al

iz
ed

 e
xp

ec
te

d 
yi

el
d 

E
(y

yi
el

d
)

0.6

x
3
: P

OLI
 [bar] x

2
: T

OLI
 [°C]

0.8

25060

1

30070

(c) x2 vs x3 (fixed x1)

0
30150

0.2

40

0.4

200N
or

m
al

iz
ed

 e
xp

ec
te

d 
ca

pi
ta

l c
os

t E
(y

ca
pc

os
t)

0.6

50

x
2
: T

OLI
 [°C] x

1
: P

MeOH
 [bar]

0.8

60250

1

70
300 80

(d) x1 vs x2 (fixed x3)

0
40 30

0.2

40

0.4

50N
or

m
al

iz
ed

 e
xp

ec
te

d 
ca

pi
ta

l c
os

t E
(y

ca
pc

os
t)

0.6

50

x
3
: P

OLI
 [bar] x

1
: P

MeOH
 [bar]

0.8

6060

1

70
8070

(e) x1 vs x3 (fixed x2)

0
15040

0.2

0.4

50 200N
or

m
al

iz
ed

 e
xp

ec
te

d 
ca

pi
ta

l c
os

t E
(y

ca
pc

os
t)

0.6

x
2
: T

OLI
 [°C]x

3
: P

OLI
 [bar]

0.8

25060

1

70 300

(f) x2 vs x3 (fixed x1)

Figure 4.4: Response surfaces for (top) normalized expected kerosene yield E(yyield) and (bottom) expected
capital cost E(ycapcost) as functions of selected factor pairs. The third factor is held at its midpoint in each
case.

Analysis of variance (ANOVA) results for the response surface model of normalized
kerosene yield and capital cost are given in Tables 4.4 and 4.5, respectively. All significance
tests were conducted at a 95% confidence level (α = 0.05).
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Table 4.4: ANOVA summary for the RSM of normalized kerosene yield.

Source SSE DF MSE F p-Value

Total 1.4267 14 0.10191
Model 1.4169 9 0.15743 79.99 7.2315e–05

Linear 1.0852 3 0.36175 183.82 1.5542e–05
Nonlinear 0.33166 6 0.05528 28.09 0.0010647

Residual 0.00984 5 0.001968

R2 values Adjusted = 0.99
Adjusted = 0.98

The ANOVA results for normalized kerosene yield indicate that the model is statistically
significant at the 95% confidence level (F = 79.997, p = 7.23 × 10−5). Most of the variation
is captured by the linear terms (F = 183.82, p = 1.55 × 10−5), but the nonlinear terms
are also significant (F = 28.088, p = 0.00106), which confirms that curvature is present in
the response surface. The residual error is very low, and the model gives a high R2 value
of 0.99 and an adjusted R2 of 0.98, meaning the model fits the data very well without
overfitting.

Table 4.5: ANOVA summary for the RSM of normalized capital cost.

Source SSE DF MSE F p-Value

Total 1.8894 14 0.13495
Model 1.8657 9 0.20730 43.87 3.153e–04

Linear 1.8078 3 0.60261 127.54 3.8322e–05
Nonlinear 0.05790 6 0.00965 2.042 0.22521

Residual 0.02363 5 0.004725

R2 values Ordinary = 0.99
Adjusted = 0.96

Similarly, for the capital cost RSM, the total model is also significant (F = 43.874,
p = 3.15 × 10−4). The linear terms dominate the model, explaining most of the response
variation (F = 127.54, p = 3.83 × 10−5), whereas the nonlinear terms are not statistically
significant (F = 2.0425, p = 0.225 > 0.05). This suggests that a linear approximation might
be sufficient in this case. The model still performs well, with R2 = 0.99 and adjusted
R2 = 0.97. After fitting the response surfaces for both kerosene yield and capital cost, the
next step is to determine optimal trade-offs between cost and yield.
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4.2.2 Optimization Problem Formulation

Objectives and Normalization

The optimization problem involves finding the best combination of process conditions,
which are the design variables defined in the previous section, to maximize kerosene yield
and minimize capital cost.

The multi-objective optimization problem can be formulated as:

minimize

{
f1(x)

f2(x)

}
=

{
−Kerosene yield

Capital cost

}
where f1 is the kerosene yield RSM and f2 is the capital cost RSM. The minus sign in f1

reflects that yield needs to be maximized.

bounded by;
30 ≤ x1 ≤ 75 bar

150 ≤ x2 ≤ 300 ◦C

40 ≤ x3 ≤ 70 bar

Genetic Algorithm

A multi-objective genetic algorithm (GA) was used to generate the Pareto front, imple-
mented using MATLAB’s gamultiobj with population size of 300 and 250 generations.
The objective function returns normalized predictions from the response surface models.
The GA searched for Pareto-optimal solutions that represent a balance between the two
conflicting objectives. GAs offer the advantage of identifying not just a single optimum
but a diverse set of nondominated solutions. These solutions form the Pareto front, which
consists of points for which no objective can be improved without worsening another. A
solution is considered Pareto optimal if no other feasible solution exists that improves one
objective without degrading at least one other. [Arora, 2016]

Pareto Front and Knee-Point Selection

Figure 4.5 shows the Pareto front generated from the multi-objective genetic algorithm,
where normalized kerosene yield is plotted against normalized capital cost. Each black
point represents a nondominated solution, meaning no point offers a better yield without
increasing cost, and vice versa. To select a compromise operating point, the knee point is
identified, which is the solution closest to the ideal (utopia) point of maximum yield and
minimum cost. This is done by minimizing the Euclidean distance in the objective space.
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Figure 4.5: Pareto front showing normalized kerosene yield vs. capital cost. The red point indicates the se-
lected knee solution.

With the combination of RSM and multi-objective optimization, the optimal operating
conditions for yield and cost are determined (see Table 4.6).

Table 4.6: Optimization results.

Parameter Value

PMeOH 30.0 bar

TOLI 299.9°C

POLI 59.6 bar

4.2.3 Simulation Results with the Optimum Inputs

Targeting reduced capital cost and improved kerosene yield, the simulation is run again
with the optimized operating conditions mentioned before. Table 4.7 demonstrates the
expected results and actual simulation results. Comparing the results with Table 4.3, it can
be interpreted that the algorithm successfully identified a design point that was not part
of the original simulations but still yielded an improved trade-off.
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Table 4.7: Comparison of expected values from optimization and actual simulation results at the selected
knee point.

Output Expected (RSM) Value Simulation Results

Kerosene yield [Cmole/Cmole] 0.394 0.400
Capital cost [mil. €] 23.73 23.67

The yield, 0.400 Cmole/Cmole is among the highest across all simulations, only slightly
lower than Run 4 (0.410) in Table 4.3. However, it results in significantly less capital cost
than other high-yield cases such as Run 4 (24.53 mil.€) or Run 8 (32.21 mil.€). On the other
hand, while in the case of Run 3 (23.50 mil.€), capital cost is lower, but it has lower yield
(0.336).

In general terms, the results confirm that the optimization routine was able to interpo-
late beyond the discrete DOE points and locate a new operating condition with a more
favorable balance between economic and performance objectives.

4.3 Optimized Case Scenario

In the optimized scenario, the kerosene yield increased to 3945 tonnes/hr compared to
2103 tonnes/hr in the base case. The updated unit specifications for the optimized scenario
are presented below:

Table 4.8: Optimized process unit conditions for Part A of the MtJ process.

Unit no. K-100 K-101 E-100 R-100 E-101

Description
Compressor
(H2 feed)

Compressor
(CO2 feed)

Pre-heater
before MeOH-R

Methanol synthesis
reactor (MeOH-R)

MeOH-R
outlet cooler

Temperature [°C] Deleted 30 200 220 35
Pressure [bar] Deleted 189 30 30 30
Duty [105 kJ/h] Deleted -13.8 21.5 -27.02 -290.8
Work [kW] Deleted 773.9 - - -
Unit no. V-100 E-102 V-101 E-103 R-101

Description
Flash drum
(MeOH separation)

Heater
after flash

Pre-MTO
flash drum

MTO
pre-heater

MTO
reactor

Temperature [°C] - 60 - 200 450
Pressure [bar] 30 3 3 3 3
Duty [105 kJ/h] 0 6.8 0 63.3 -19.8
Work [kW] - - - - -
Unit no. K-104 R-102 E-104 E-107 E-108

Description
Compressor
(air feed)

Catalyst
regenerator

Cooler
after regenerator

Recycle
heater

Recycle
heater

Temperature [°C] 161 554 50 102 185
Pressure [bar] 3 3 3 30 30
Duty [105 kJ/h] 0 0 -82.6 80.5 61.8
Work [kW] 11.5 - - - -
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Table 4.9: Optimized process unit conditions for Part B of the MtJ process.

Unit no. V-102 K-102 E-105 R-103 K-103

Description
Flash drum
before OLI-R

Compressor
before OLI-R

Pre-heater
before OLI-R

Oligomerization
reactor (OLI-R)

Compressor
(H2 feed)

Temperature [°C] 50 250 300 300 68
Pressure [bar] 1 60 60 60 40
Duty [105 kJ/h] – -5.8 2.2 -22.4 0
Work [kW] – 370.5 – – 3.0

Unit no. E-106 R-104 V-103 V-104 C-100

Description
hydrogenation
pre-heater

Hydrogenation
reactor (HYDRO-R)

Flash drum after
hydrogenation

Flash drum
before distillation

Distillation
column
(KERCOL)

Temperature [°C] 300 300 94 – –
Pressure [bar] 40 40 40 1 –

Duty [105 kJ/h] 1.2 -13.1 – 0
Condenser: -2.6
Reboiler: 6.0

Work [kW] – – – – –

Comparing the base and optimized processes for Part A (Tables 4.1 and 4.8), the first
significant difference is the elimination of the hydrogen feed compressor (K-100), as the
specified inlet pressure for MeOH-R and the hydrogen from the electrolyzers are both
30 bar. Additionally, the CO2 compressor (K-101) operates at a much lower pressure in the
optimized case, corresponding to approximately 70% compression work of the base case.
On the other hand, the duty of the MeOH-R preheater (E-100) increased significantly.
This is mainly because the temperatures are not elevated in the feed streams due to very
high compression, as in the case of the base case scenario. The methanol reactor (R-100)
requires approximately half the cooling duty, as the lower conversion in the optimized
case produces less heat. This reduced reactor heat removal is consistent with the increased
duties of the recycle heaters (E-107 and E-108), indicating a higher amount of unreacted
gases being recycled.

In Part B (Table 4.2 and Table 4.9), the oligomerization reactor (OLI-R, R-103) operates at
elevated conditions, with pressure increased from 40 to 60 bar and temperature from 200
to 300 °C. These changes are aimed at optimizing oligomer yields in favor of the kerosene
range. Despite the higher compression requirement due to high operating pressure (60
instead of 40 bar), the compressor before OLI-R (K-102) work remained manageable, which
changed from 344.1 to 370.5 kW. The higher temperature and pressure result in greater
conversion and since oligomerization is an exothermic process, more heat needs to be
removed. This trend is also observed in the increased compressor work for the hydrogen
feed to the HYDRO-R unit. Meanwhile, the duty of the hydrogenation preheater (E-106)
was reduced significantly, from 6.6 to 1.2 × 105 kJ/h, due to the elevated temperature of
the product stream exiting OLI-R.
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The results of the carbon efficiency and kerosene yield calculations for both the base
and optimized scenarios of the MtJ process are illustrated in Figure 4.6. Here, the kerosene
yield labeled as Yyield, C8-16 is defined in eqn. (4.1). ηcarbon is carbon efficiency for raw crude
which is the outlet stream of the hydrogenation reactor, HYDRO-R and processed crude is
the stream after two flash columns, V-103 and V-104. ηcarbon is defined in eqn. (4.6);

ηC =
ṅC,hydrocarbons

ṅC,feed
(4.6)

The carbon efficiencies are given in terms of the number of moles of carbons in hydro-
carbon products to the number of moles of the reactants (CO2 and CO) at the inlet. The
efficiencies are calculated to indicate how much reactant is converted into hydrocarbons
over the process simulation, before flash separation and after.
Yyield, kerosene-cut is defined in equation (4.7):

Yyield, kerosene-cut =
ṅC,hydrocarbons

ṅC,feed
(4.7)

In this case, all the hydrocarbons at the kerosene stream which is obtained from the
fractionation unit (KERCOL) are accounted into the calculation contrary to Yyield, C8-16 (eqn.
(4.1))
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Figure 4.6: Comparison of carbon efficiency and kerosene yield between the base and optimized scenarios.
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In Figure 4.6, it can be observed that the raw crude carbon efficiency is slightly higher in
the base case. However, both the processed crude carbon efficiency and the kerosene yields
are notably improved in the optimized scenario. The higher raw crude efficiency in the
base case may be attributed to a greater proportion of light hydrocarbons in the e-crude,
which are subsequently removed during separation via the flash columns. In addition
to that, the production rate is risen up to 9395 tonnes/year from 2103 tonnes/year which
shows a big improvement. Overall, these results indicate that the process performance was
successfully enhanced through optimization, particularly in terms of kerosene production,
its selectivity and carbon utilization within the targeted kerosene range.
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Chapter 5

Techno-Economic Assessment
This chapter presents the techno-economic evaluation of the Methanol-to-Jet (MtJ) pro-

cess developed in this study. The aim is to assess the financial viability of the proposed
pathway under current and projected economic conditions. Key assumptions regarding
capital and operating expenditures, cost indices, and financial parameters are outlined,
followed by the calculation of levelized cost of sustainable aviation fuel (LCOSAF) to pro-
vide insights into cost drivers and identify opportunities for optimization.

5.1 Economic Assumptions

The economic evaluation is based on a set of key assumptions outlined below.

• Capital costs and operating costs are obtained from Aspen Plus V12.1 Economic
Analyzer tool.

• 2025 Chemical Engineering Plant Cost Index (CEPCI) value is estimated as 731.46
which is extrapolated from the previous year data [Manchester, 2023].

• Electricity price is taken as the most updated price, which is 69.96 EUR/MWh from
May 2025 [Ember, 2024].

• Depreciation is not included in cost analysis.

• Investment period takes 3 years from 2025 until 2028 where the first year is spared for
the feasibility study and 20 years of operation is considered during the calculations.

• Consumer Price Index (CPI) is taken as 1.5 % [Denmark, 2025].

• Discounting rate is taken as 3.5 %.

• Money exchange rate is taken as 1.08 $/€.

• Economic feasibility is assessed using methods, Net Present Worth (NPV) and Lev-
elized Cost of SAF (LCOSAF).

5.2 Economic Analysis Methodology

5.2.1 Equipment Costs

Capital and operating cost values are primarily obtained from the Aspen Plus V12.1 Eco-
nomic Analyzer. However, for the reactors, except the methanol synthesis reactor (MeOH-
R), equipment sizing is not performed in Aspen. Instead, capital costs for these reactors
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are estimated externally using scaling methods. Table 5.1 summarizes the reference capital
costs and scaling parameters used for the reactors in the MtJ process model. The capital
cost of each reactor is calculated using the following scaling equation:

EC = ·ECref ·
(

S
Sref

)n

(5.1)

where EC is the estimated equipment cost, ECref is the reference cost with a corresponding
reference capacity Sref,i, a unit of size S, and a scaling exponent n, which allows cost
estimation at other scales. The costs of these reactors are calculated with equation 5.1. The
values used in the equation are listed in Table 5.1.

Table 5.1: Reactor costs and scaling parameters [Eyberg et al., 2024].

Equipment ECref Sref,i Smax Unit of Size S n Year

MTO reactor 0.1313 M€ 3 – t/h (feed) 0.72 2020
Oligomerization reactor 1.68 M€ 320 – mol/s (feed) 0.65 2011
Hydrogenation 0.694 M€ 0.93 – t/h (liquid feed) 0.70 2018

To reflect present-day economic conditions, equipment costs based on previous years
data must be adjusted using the Chemical Engineering Plant Cost Index (CEPCI). For years
when CEPCI data is not yet available (e.g., 2024 and 2025), extrapolated values are used
based on historical trends. The CEPCI values used in this work are presented in Table 5.2,
covering the period from 2000 to 2023. The values for 2024 and 2025 are obtained via
extrapolation. The source for the CEPCI data is [Manchester, 2023].

Table 5.2: CEPCI values from 2000 to 2023 (2024 and 2025 extrapolated) [Manchester, 2023].

Year CEPCI Year CEPCI

2000 394.1 2013 567.3
2001 394.3 2014 576.1
2002 395.6 2015 556.8
2003 402.0 2016 541.7
2004 444.2 2017 567.5
2005 468.2 2018 603.1
2006 499.6 2019 607.5
2007 525.4 2020 596.2
2008 575.4 2021 708.8
2009 521.9 2022 816.0
2010 550.8 2023 800.0
2011 585.7 2024 731.5
2012 584.6 2025 746.1
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To update the original equipment cost to present values using CEPCI, Equation 5.2 is
applied:

Present Cost = Original Cost ×
(

Present Cost Index
Original Cost Index

)
(5.2)

5.2.2 Cash Flow Analysis

Cash flow represents the yearly net expenditure in the system and is used to eval-
uate the total cost of fuel production over the project lifetime. The general formula-
tion of annual cash flow, including revenue, depreciation, and tax, is shown in Equa-
tion 5.3 [Peters et al., 2003]:

Aj = (sj − coj − dj) · (1 − θ) + dj (5.3)

where Aj is annual cash flow in year j, sjis sales revenue, coj is cost of manufacturing
which includes capital expenditures (CAPEX) and operating costs (OPEX), dj is deprecia-
tion and θ is income tax rate.

In this study, depreciation and sales revenue are excluded to align with the LCOSAF
framework. Since revenue is not included, income tax is also excluded because there is
no taxable income without the inclusion of revenue. Instead, cash flows consist of CAPEX
during the construction phase and annual OPEX during the production phase. Thus, the
simplified expression becomes:

Aj = −CAPEXj − OPEXj (5.4)

To account for inflation, both CAPEX and OPEX values are expressed in nominal (in-
flated) terms as they are escalated annually using a general consumer price inflation rate
(CPI). The inflated cost in year j is calculated as:

Cj = C0 · (1 + f )t (5.5)

where Cj is the cost in year j which can be OPEX or CAPEX, adjusted for inflation, C0 is
base year cost (initial CAPEX or OPEX), f is annual inflation rate, and tis the number of
years after the base year.

Consequently, the discount rate applied in the net present value (NPV) calculation is
also nominal to maintain consistency with the inflated cash flows.
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The net present value (NPV) represents the amount of money earned over and above
the repayment of all investments and the earnings on the investments at the discount (or
earning) rate used in the present worth factor (PWF) calculations. The NPV is defined by
Equation (5.6):

NPV =
n

∑
j=1

(Aj × (1 + i)−j) (5.6)

where Aj is cash flow, i is the discount rate. (1 + i)−j overall is called present worth
factor (PWF).

5.2.3 Levelized Cost of Sustainable Aviation Fuel Calculation

The LCOSAF is calculated by dividing the net present value (NPV) of total costs over the
plant’s lifetime by the total mass of SAF produced during the same period. This method
accounts for the time value of money by discounting annual cash flows and aggregates the
fuel output over the full operational horizon (see Appendix D).

LCOSAF =
NPV

∑n
j=1 Pj

(5.7)

where LCOSAF is in [€/tonne], NPV is the net present value of all costs over the plant
lifetime [€], Pj is the amount of SAF produced in year j [tonne/year], n is the plant lifetime
[years].

5.3 Economic Results

Figure 5.1 illustrates the capital cost distribution across different sections of the MtJ pro-
cess for the year 2025. The methanol synthesis section (MEOH-SYN) includes the equip-
ment: K-101, E-100, R-100 (MEOH-R), E-101, E-107, and E-108. The methanol-to-olefins
(MTO) section consists of E-102, V-101, E-103, R-101 (MTO-R), K-104, R-102 (REGEN-R),
E-104, and V-102. The oligomerization (OLI) unit comprises K-102, E-105, R-103 (OLI-R),
and K-103. The hydrogenation (HYDRO) section includes E-106 and R-104 (HYDRO-R).
Finally, the refining unit (REFIN) consists of V-103, V-104, and C-100 (KERCOL). (see Fig-
ures 4.1, 4.2)
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Figure 5.1: Capital breakdown of MtJ process.

The largest share of the investment is attributed to the oligomerization and methanol
synthesis sections. This high share is likely due to the intensity of compressors and heat
exchangers in those sections. Because of their high capital intensity, the OLI and MEOH-
SYN sections might be particularly sensitive to design changes, which can significantly
influence total investment. The remaining capital is distributed among the MTO, HYDRO,
and REFIN sections. The "other costs" category captures indirect capital expenditures such
as installation, contingency, engineering, and project management, which are not itemized
by Aspen but significantly influence the total investment. The refining section accounts
for only a minor fraction of the total capital cost. This is likely due to its relatively simple
separation duties and the use of smaller or less complex equipment. Additionally, the
low contribution may be partly attributed to the simplified modeling of the distillation
column (KERCOL), which was represented as a RADFRAC block in Aspen. Overall. this
breakdown highlights the relative cost impact of each processing step, guiding future
optimization efforts and cost-reduction strategies.

Figure 5.2 presents the breakdown of raw material and utility costs in the MtJ process
for 2025.
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Figure 5.2: Raw material cost (top) and utility cost (bottom) breakdown across major units in the MtJ process
(2025).

Raw materials account for the majority of operating costs, with hydrogen alone con-
tributing over 94% of the raw material cost. At an assumed market price of 4 $/kg (con-
verted to 3.70 €/kg [Vickers et al., 2020]), hydrogen supply represents a key economic
driver of the process. CO2 contributes marginally to the total, at a cost of 0.025 $/kg
(0.023 €/kg [IEA, 2021]). Among utilities, heating utilities are the most significant, sug-
gesting potential benefits from heat integration or process redesign. Electricity and cooling
demands are comparatively lower. Overall, the results emphasize the need for hydrogen
cost optimization and thermal efficiency improvements to enhance the economic viability
of the MtJ pathway.

5.3.1 Levelized Cost of Sustainable Aviation Fuel Results

Figure 5.3 presents a comparison of the levelized cost of sustainable aviation fuel (LCOSAF)
for this study’s base and optimized cases against literature benchmarks from 2025.
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Figure 5.3: LCOSAF comparison with literature benchmarks. [Bube et al., 2025], [Bassanino et al., 2024]

The optimized MtJ configuration achieves an LCOSAF of 6980 €/tonne, slightly lower
than the base case at 7321 €/tonne, indicating moderate economic improvements through
process optimization. These values are compared with literature benchmarks, including
estimates by Bube et al., which also analyze the MtJ pathway under similar assumptions
(e.g., oligomerization selectivity of 90 %) and report LCOSAF in the range of 4500–5000
€/tonne [Bube et al., 2025]. Other synthetic fuel studies, report similar cost ranges as
4500–5000 €/tonne. Conventional fossil-derived jet fuel remains significantly cheaper
(700–900 €/tonne), while biojet fuels are reported in the range of 2300–3000 €/tonne.
[Bassanino et al., 2024]

The large cost gap between synthetic and conventional jet fuels highlights the prevailing
economic barriers to e-fuel deployment. However, this price difference does not account
for environmental externalities, such as lifecycle carbon emissions, which are increasingly
being internalized through regulatory measures. As SAF becomes central to achieving
aviation decarbonization targets—such as the EU’s ReFuelEU initiative mandating a 2 %
SAF blend by 2025 and reaching 70 % by 2050 [Larsen et al., 2023]. By comparing the
synthetic and conventional fuel prices, the role of policy support seems critical to ensure
competitiveness. Stable policies, revenue guarantee mechanisms, and incentives for low-
carbon hydrogen and CO2 are crucial to make synthetic fuels cost-competitive.

For this study specifically, further reductions in LCOSAF may be achievable through
strategies such as heat integration, improved carbon and energy efficiencies, and access
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to lower-cost hydrogen and CO2 sources. Heat integration could reduce utility demand,
particularly for heating, which accounts for a significant share of the utility cost. Addition-
ally, as shown in sensitivity analyses by Bube et al., hydrogen and CO2 feedstock prices
are among the most influential factors in production cost variance [Bube et al., 2025]. This
sensitivity is clearly reflected in the current study as well. As shown in Figure 5.2, raw
material costs, particularly hydrogen, takes the dominant portion of operational expendi-
ture. This highlights the strong dependency of the MtJ process on feedstock pricing and
emphasizes the economic benefit of securing low-cost, renewable hydrogen and captured
CO2.

This significant cost gap also emphasizes the critical role of policy. According to Johnson
Matthey, narrowing this gap will require a combination of long-term regulatory stability,
carbon pricing, and dedicated SAF mandates to incentivize investment and de-risk pro-
duction. Such regulations such as ReFuelEU Aviation not only provide market certainty
but also help close the cost gap between fossil and synthetic fuels—especially as techno-
logical advancements and scale economies begin to take effect. [Johnson Matthey, 2024]
In the long run, scaling up production and using a wider range of feedstocks which will
increase supply-side flexibility can help bring SAF prices down. This market-driven cost
reduction will be important for closing the price gap with fossil jet fuel and making it
more affordable for airlines, supporting wider use of sustainable aviation fuels.
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Discussion
In this study, a comprehensive Aspen Plus process model was developed to design

and evaluate a methanol-to-jet (MtJ) synthesis pathway for producing sustainable avia-
tion fuel (e-SAF) from CO2 and hydrogen. The flowsheet includes all major conversion
steps: a methanol synthesis reactor primarily generating methanol, a methanol-to-olefins
(MTO) reactor producing mainly light C2–C4 olefins, an oligomerization reactor convert-
ing these olefins into heavier hydrocarbons in the C6–C24 range, and a hydrotreatment
reactor for saturating the olefins to paraffins. To capture the effect of operating conditions
on product distribution, a model was developed on MATLAB, and the Aspen Plus simu-
lation was dynamically coupled with MATLAB and Excel, enabling real-time updates of
the oligomerization product distribution in response to changes in inlet temperature and
pressure.

Following the process modeling, an optimization strategy was implemented to simulta-
neously maximize kerosene yield and minimize capital cost by varying selected operating
parameters: methanol reactor pressure, and both the temperature and pressure of the
oligomerization reactor. A central composite design (CCD) was employed to systemati-
cally generate simulation data across the parameter space. The resulting data were then
used to fit response surface models, which were then used during multi-objective opti-
mization.

Multi-objective optimization generated a Pareto front which shows higher kerosene pro-
duction required a higher expense of equipment costing due to more severe operating
conditions for the oligomerization unit. Although milder conditions were selected and a
compressor got removed for the methanol synthesis step, the overall cost did not decrease
significantly, as lower pressure led to reduced conversion and thus increased recycling of
unreacted gases. Within the Pareto front, a compromise “knee point” was identified that
offered an optimal balance between performance and investment. The optimized config-
uration achieved a significantly higher kerosene fraction compared to the base case, high-
lighting the effectiveness of targeted process tuning. These results show that combining
process simulation and optimization is useful for making methanol-to-jet fuel production
more efficient and cost-effective.

From the techno-economic analysis, the levelized cost of e-SAF (LCOSAF) which is
6980 €/tonne remained well above current fossil-jet prices. For example, Bube et al.
predicted MtJ-SAF costs of 4500–5000 €/tonne for 2025 which is roughly six times to-
day’s jet fuel price [Bube et al., 2025] [Bassanino et al., 2024]. Raw materials, especially
renewable hydrogen, dominated operating costs, echoing other studies that find electric-
ity and H2 to be the largest cost drivers in PtL processes. Johnson Matthey likewise re-
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ports that SAF currently costs 2–7 times conventional jet fuel [Johnson Matthey, 2024].
This persisting price gap implies that economic viability will depend on external factors,
mostly to supportive policies to be competitive against their conventional counterparts.
Carbon pricing and blending mandates (e.g. EU ReFuelEU requirements) are needed
to close the fossil/e-SAF cost gap. EU regulations will soon mandate a minimum SAF
blending target of 2 % in 2025 and reaching up to 70 % by 2050, which should drive de-
mand and scale [Larsen et al., 2023]. In addition, further reductions in cost are anticipated
as technological readiness level increases and production efficiencies improve over time
[Bassanino et al., 2024]. It should also be noted that the economic assessment in this study
focused solely on kerosene as the target product. A more comprehensive evaluation that
includes potential revenues from by-products such as naphtha and diesel may reveal im-
proved profitability and better reflect the full value of the MtJ process. This suggests that
future studies should explore multi-product allocation strategies when assessing economic
performance.

The MtJ simulation model has several strengths. It integrates all key process steps: CO2

hydrogenation to methanol, methanol-to-olefins (MTO), olefin oligomerization, and hydro-
genation. Unlike some prior work with fixed product distribution from the experimental
data, this study’s oligomerization section uses a pressure- and temperature-dependent
distribution, enabling realistic optimization of kerosene range output.

Despite these strengths, the model also has limitations. Like all steady-state simulations,
it omits dynamic behaviors: start-up effects, catalyst deactivation, transient operation. The
used model for oligomerization reactor and fitted response surfaces (RSM) fitted to sim-
ulation points for optimization are highly accurate but still represent an approximation
which may not capture all the mechanism. The techno-economic model also relies on
several assumptions that will need refinement with pilot-scale data. Thus, while the inte-
grated Aspen model with MATLAB integration approach is powerful, it must be validated
against experiments and further tuned for large-scale realities.

On a broader level, the results highlight both the promise and the challenges of MtJ-
based e-SAF production. One of the key advantages of the MtJ pathway lies in its modular-
ity and flexibility. Unlike centralized Fischer–Tropsch (FT) systems that require integrated
syngas production and extensive on-site infrastructure, MtJ can leverage e-methanol as
a standardized, transportable feedstock [Liquid Wind, 2024]. While this study modeled
the full pathway including green hydrogen production, CO2 conversion, and methanol
synthesis, the MtJ process can offer the flexibility to decouple these upstream steps from
the final fuel production stages in practical applications. As a result, MtJ enables smaller,
distributed units that can focus specifically on the conversion of e-methanol to synthetic
crude, followed by refining and blending. This not only reduces system complexity
and capital requirements but also allows for faster deployment, improved adaptability to
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changing market conditions, and enhanced supply chain stability. Nevertheless, economic
feasibility remains a significant challenge, with MtJ-based e-SAF still requiring policy sup-
port and technological innovation to become competitive with fossil-based alternatives.

In summary, the results confirm that the MtJ pathway is technically feasible and offers
promising efficiency, but its commercial viability depends on the availability of low-cost
renewable hydrogen, effective carbon pricing, efficient heat integration, increasing the car-
bon and hydrogen efficiency, potential by-product credits and mandated SAF blending
targets.
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Conclusion & Future Work
7.1 Conclusion

The transition toward sustainable aviation fuel (SAF) is essential to decarbonize the
aviation sector, and electro-based synthetic kerosene (e-SAF) produced via the methanol-
to-jet (MtJ) pathway presents a promising route. This thesis presented the modeling and
optimization of a methanol-to-jet (MtJ) process for sustainable aviation fuel (e-SAF) pro-
duction from CO2 and renewable hydrogen. A detailed Aspen Plus model was developed
to simulate the full pathway including methanol synthesis, methanol-to-olefins (MTO),
oligomerization, and hydrogenation, while MATLAB and Excel were integrated to enable
dynamic product distribution updates and multi-objective optimization.

The base case scenario resulted in a kerosene yield of 0.2104, which was improved to
0.3945 through optimization, nearly doubling the product yield. Moreover, the annual
production rate increased significantly from 2103 to 9395 tonnes, indicating a substantial
improvement. This improvement was achieved by adjusting key operating parameters:
methanol synthesis pressure and oligomerization temperature. The corresponding lev-
elized cost of SAF (LCOSAF) decreased from 7321 €/tonne in the base case to 6980 €/tonne
in the optimized scenario. While this represents moderate improvement, the LCOSAF still
exceeds current market prices for fossil-based jet fuels.

The LCOSAF can be reduced with increasing the carbon and hydrogen efficiency, with
an efficient heat integration and inclusion of byproducts. Other operating strategies can
also be conducted, not only the operating conditions but also the process configurations.
The findings also reinforce that while the MtJ route is technically feasible and relatively
efficient in general, its economic viability depends heavily on raw material cost, and policy
support.

The flexibility of using e-methanol as a transportable feedstock enables decentralized
and modular production, reducing infrastructure requirements and enhancing adaptabil-
ity. This modularity provides a strategic advantage in scaling up e-SAF production and
adjusting to fluctuating supply and demand conditions. Nevertheless, closing the cost gap
with fossil fuels will require a combination of supportive policies such as carbon pricing,
SAF blending mandates, and financial incentives, as well as further technological improve-
ments.

With continued innovation and supportive policy frameworks, the MtJ pathway has
strong potential to become a key enabler in the transition to low-carbon aviation fuel
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systems and to help meet long-term climate goals.

7.2 Future Work

There are several opportunities which can be future work to improve both technical
accuracy and economic performance.

• Heat Integration and Energy Efficiency: Future investigations should focus on im-
plementing heat integration across unit operations to reduce utility demands and
overall operating costs. For example, recovering heat from the exothermic methanol
and oligomerization reactions could offset energy use in the recycle heating of non-
reacted gases in the methanol synthesis section and MTO reactor or product separa-
tion stages. A pinch analysis approach could be applied to evaluate the process-wide
energy optimization potential.

• Dynamic and Flexible Operation: As with other electro-fuel systems, MtJ plants
will likely be affected by variable renewable electricity supply. Dynamic modeling
could be performed to evaluate part-load operation, start-up/shutdown behavior,
and demand-side flexibility. This would enable assessment of profitability under
fluctuating electricity prices and grid conditions, and support integration with power
markets. Additionally, if electrolyzer modeling is included, the impact of fluctuating
electricity load on hydrogen production and overall process performance could also
be analyzed.

• By-product Strategies This study focused only on kerosene as the target product.
Future work should incorporate the economic contribution of by-products such as
naphtha, diesel-range hydrocarbons, and light ends. Incorporating multi-product
allocation strategies can improve revenue streams, and it should also be investigated
whether integrating additional refining units for by-product upgrading or recycling
them back into the process is technically and economically feasible.

• Life-Cycle and Environmental Assessment: A lifecycle assessment (LCA) of the
MtJ process—including CO2 capture, hydrogen production, methanol synthesis, and
refining can help measure the total emissions saved. Comparing the carbon footprint
of MtJ e-SAF to fossil jet fuel would provide stronger support for its environmental
benefits.

• Techno-Economic Sensitivity and Policy Scenarios Conducting a sensitivity anal-
ysis on key economic parameters, such as electricity cost, hydrogen price, and SAF
selling price, can help identify cost drivers and break-even points. Additionally, sim-
ulating policy scenarios (carbon pricing, subsidies, SAF mandates, etc.) can support
strategic planning for commercial deployment.
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Appendix A

Component specifications

Table A.1: Component list used in the simulation.

Component ID Type Component Name Alias
N2 Conventional NITROGEN N2
AR Conventional ARGON AR
O2 Conventional OXYGEN O2
H2 Conventional HYDROGEN H2
CO Conventional CARBON-MONOXIDE CO
CO2 Conventional CARBON-DIOXIDE CO2
NH3 Conventional AMMONIA H3N
H2O Conventional WATER H2O
MEOH Conventional METHANOL CH4O
ETOH Conventional ETHANOL C2H6O-2
DME Conventional DIMETHYL-ETHER C2H6O-1
CH4 Conventional METHANE CH4
C2H6 Conventional ETHANE C2H6
C3H8 Conventional PROPANE C3H8
N-C4 Conventional N-BUTANE C4H10-1
N-C5 Conventional N-PENTANE C5H12-1
N-C6 Conventional N-HEXANE C6H14-1
N-C7 Conventional N-HEPTANE C7H16-1
N-C8 Conventional N-OCTANE C8H18-1
N-C9 Conventional N-NONANE C9H20-1
N-C10 Conventional N-DECANE C10H22-1
N-C11 Conventional N-UNDECANE C11H24
N-C12 Conventional N-DODECANE C12H26
N-C13 Conventional N-TRIDECANE C13H28
N-C14 Conventional N-TETRADECANE C14H30
N-C15 Conventional N-PENTADECANE C15H32
N-C16 Conventional N-HEXADECANE C16H34
N-C17 Conventional N-HEPTADECANE C17H36
N-C18 Conventional N-OCTADECANE C18H38
N-C19 Conventional N-NONADECANE C19H40
N-C20 Conventional N-EICOSANE C20H42
N-C21 Conventional N-HENEICOSANE C21H44
N-C22 Conventional N-DOCOSANE C22H46
N-C23 Conventional N-TRICOSANE C23H48
N-C24 Conventional N-TETRACOSANE C24H50
C2H4 Conventional ETHYLENE C2H4
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Appendix A. Component specifications

Component ID Type Component Name Alias
C3H6 Conventional PROPYLENE C3H6-2
1-C4H8 Conventional 1-BUTENE C4H8-1
1-C5H10 Conventional 1-PENTENE C5H10-2
1-C6H12 Conventional 1-HEXENE C6H12-3
1-C7H14 Conventional 1-HEPTENE C7H14-7
1-C8H16 Conventional 1-OCTENE C8H16-16
1-C9H18 Conventional 1-NONENE C9H18-3
1-C10H20 Conventional 1-DECENE C10H20-5
1-C11H22 Conventional 1-UNDECENE C11H22-2
1-C12H24 Conventional 1-DODECENE C12H24-2
1-C13H26 Conventional 1-TRIDECENE C13H26-2
1-C14H28 Conventional 1-TETRADECENE C14H28-2
1-C15H30 Conventional 1-PENTADECENE C15H30-2
1-C16H32 Conventional 1-HEXADECENE C16H32-2
1-C17H34 Conventional 1-HEPTADECENE C17H34-D1
1-C18H36 Conventional 1-OCTADECENE C18H36-1
1-C19H38 Conventional 1-NONADECENE C19H38-D1
1-C20H40 Conventional 1-EICOSENE C20H40-D1
1-C21H42 Conventional 1-HENEICOSENE C21H42-N2
1-C22H44 Conventional 1-DOCOSENE C22H44-D1
1-C23H46 Conventional 1-TRICOSENE C23H46-N3
1-C24H48 Conventional 1-TETRACOSENE C24H48-D1
COKE Conventional CARBON-GRAPHITE C
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Appendix B

Reaction Model Validations
For each reactor model which includes a kinetic model, validation is applied before

employing the reactors into the process system.

B.1 Methanol Synthesis Reactor Validation

The Aspen model, with the kinetic model given in Chapter 3, was validated with the
data reported by Bussche et al. [Bussche and Froment, 1996]. A plug flow reactor (RPLUG)
was used under isobaric and adiabatic conditions with a feed consisting of 4% CO, 82%
H2, 3% CO2, and 11% inerts (Ar). The reactor used in the simulation was 0.15 m in length
and 0.016 m in diameter, and it contained 34.8 g of catalyst with a density of 1775 kg/m3

and a void fraction of 33%.
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Figure B.1: Mole Fractions of the Aspen model vs. the experimental data at 50 bar and 220 ◦C.

Figure B.1 shows mole fraction profiles of MeOH, H2O, CO, CO2 along the reactor length
which is normalized. The model and experimental data closely match. MeOH and H2O
formation and CO, CO2 consumption trend captured well by the simulation, confirming
that the model accurately reflects the reaction behavior along the reactor.
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Figure B.2: Methanol mole fractions of the Aspen model vs. the experimental data with varying pressure at
220 ◦C.

Figure B.2 illustrates the effect of pressure on methanol formation at 15, 30, and 50
bar. As shown in the figure, the methanol mole fraction increases with rising pressure,
indicating enhanced methanol production. This trend is consistent with Le Chatelier’s
principle, since the methanol synthesis reaction involves a net decrease in the number of
gas-phase moles, hence an increase in pressure shifts the reaction to the product side (3.1).
The model accurately captures this behavior across different pressures and shows good
agreement with the experimental data.

Figures B.1 and B.2 demonstrate the strong agreement between the Aspen Plus simula-
tion results and the experimental data. These results confirm that the Aspen Plus model,
which is based on the Vanden Bussche and Froment kinetics, reliably captures the behavior
of methanol synthesis. Therefore, it is suitable for use in process design and optimization.
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Appendix C

Oligomerization Reactor Conversion Model
The conversion of light olefins to heavier products was modeled as a second-order func-

tion of temperature and pressure. The fitted model is given by:

X(T, P) = 0.0035 · T − 1.8851 + 0.1210 · P − 0.0035 · P2 (C.1)
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Figure C.1: 3D Model of Conversion vs Temperature and Pressure.

To ensure physically meaningful values, the conversion is bounded between 0 and 1.
The model was fitted using nonlinear least squares regression and evaluated against ex-
perimental data. The performance metrics are: R2 = 0.9809, RMSE = 0.0189, and MAE =
0.0149, indicating a good correlation between model predictions and the data.
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Appendix D

Economic Evaluation Calculations
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Appendix D. Economic Evaluation Calculations
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