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Summary
The use of carbon neutral fuels and chemicals is receiving an increased interest from both
industry and private consumers, as the need to reduce one’s carbon footprint is increas-
ingly encouraged. This carbon reduction requires modification to numerous aspects in
industries and private consumer habits. One of these aspects is to produce carbon neutral
fuels and chemicals.

This is the aim of the presented study, which seeks to investigate the feasibility of
producing Green methanol that may serve as a fuel or it may be converted into other
Green chemicals. This production of Green methanol is achieved through a process that
consumes CO2 and H2, which are obtained from carbon capture and water electrolysis.
The CO2 is captured from the flue gas of RenoNord, whose CO2 emission serves as the
size to which the remainder of the system is scaled. The CO2 is removed from the flue gas
using an absorber/stripper system, where a solvent is utilised to transport the CO2 from
the flue gas into a pure CO2 stream for the methanol synthesis. The H2 is produced using
an alkaline electrolyser cell, where water is split into its two constituents, being hydrogen
and oxygen. The H2 is used in the methanol synthesis, while the O2 can be sold as a
separate product. The electricity required for all processes is partly supplied by on-site
wind turbines and photovoltaic panels, while the remainder is assumed to be supplied by
external renewable sources.

The methanol synthesis is done using an adiabatic reactor equipped with a packed cata-
lyst consisting of Cu/ZnO/Al3O3, in which hydrogenation of CO2- and a reverse water-gas
shift reaction occur. The ensuing product stream consists of water, methanol and dissolved
gases, which is sent through two distillations to yield fuel grade methanol. The methanol
may also be further treated to produce larger organic molecules, i.e. chemicals, such as
benzene, toluene and xylene (BTX). This is achieved in an adiabatic reactor packed with
a ZSM-5 catalyst where 13 different reactions occur, yielding 17 species. Similar to the
methanol synthesis, the product stream from the BTX synthesis also contains a significant
amount of water along with a multitude of Light Gases, Alkanes and Aromatic molecules,
which may be separated.

The feasibility of producing either methanol or BTX, also designated as System 1 and
System 2, respectively, is determined based on a capital expenses (CAPEX) and operational
expenses (OPEX) analysis of both systems. All components modelled in the Aspen Plus
software have their CAPEX and OPEX determined by the add-on ’Aspen Process Economic
Analyzer’, while any additional components are investigated through the literature. With
the asking price of the products from both systems defined, the profit, when accounting
for the CAPEX and OPEX, can be determined. In order to investigate the sensitivity of
the potential profits, a sensitivity analysis is conducted for both systems, where the most
influential components and parameters are varied to analyse their impact. The results of
these sensitivity analyses are shown in Figure 1 on page iv.
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(a) System 1 - Green methanol as end product.
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(b) System 2 - Green BTX as end product.

Figure 1: Sensitivity analysis of CAPEX and OPEX by variation in component pricing and various variables.

With respect to the Green methanol, its sensitivity analysis indicates the baseline value
will result in a deficit. To achieve a profitable system, the asking price must be at a pre-
mium level for the Green methanol, otherwise the system will produce a deficit. A more
profitable tendency is observed if BTX is the end product, where the baseline value pro-
duces a minor profit. Only if the electricity price, electrolyser CAPEX and BTX separation
costs are increased, or a bad capital loan is taken, will System 2 become unprofitable.
Lastly, similar to System 1, the elevated asking price of Green products will result in an
increased profit.

The presented study has hence shown that in order for methanol or BTX production from
renewable sources to be considered profitable, the asking price for such chemicals must be
at a premium level compared to their traditionally produced Black counterparts.
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Preface

This Master’s Thesis has been written by the project group TEPE4-1014 at the Depart-
ment of Energy Technology at Aalborg University, with specialisation in Thermal Energy
and Process Engineering during the spring semester of 2021. The objective of this project,
prescribed as ’the presented study’ from here on out, is to assess the feasibility of produc-
ing Green methanol and determine if it would be lucrative to further convert the produced
Green methanol into other Green chemicals. The Green methanol is produced by a process
which consumes CO2 and H2. The CO2 is captured from the flue gas exiting the inciner-
ation plant of RenoNord, where biomass is combusted. Furthermore, the H2 is acquired
through an electrolysis of water which is powered by renewable energy. Two systems are
designed where the end product of the first system is methanol and chemicals (BTX) for
the second, named System 1 and System 2, respectively. In order to estimate the potential
feasibility of each system, both must be modelled in order to determine the capital- and
operational expenses of both systems.

During this Master’s Thesis the following software have been utilised:

• Aspen Plus V9 - Performing process modelling.
• Aspen Process Economic Analyzer V9 - Estimate component- and utility costs.
• Engineering Equation Solver - Look up physical properties of species, and model

the electrolysis process and storage of gases.
• Excel - Processing data.
• Graph - Extrapolate or interpolate data from literature.
• Inkscape - Produce illustrative figures.
• Maple - Perform calculations.
• MatLAB - Create McCabe-Thiele diagrams.
• Overleaf - Writing and formatting the presented study.
• PGFPlots - Create plots and other illustrative figures.
• WebPlotDigitizer - Extract data from plots and images listed in literature.

Readers’ Guide

On page vii, the Table of Contents can be found. Viewing this document as a PDF the
Table of Contents will function with hyper-links allowing fast navigation to the desired
chapters and sections.

The nomenclature on page xv lists the different subscripts, superscripts, abbreviations,
chemical formulas, notations and symbols along with their respective units. They will be
presented in alphabetical order.

xi



xii Preface

The bibliography on page 125 presents the sources and literature used in the presented
study. The bibliography is structured according to the Harvard format, and is hence
ordered alphabetically with respect to the authors. The reference will be placed prior to
the subsequent period if refer to the current sentence. Whereas if it placed after the period
it refers to the presented segment.

The units used in the presented study will be following the metric system. Decimal num-
bers will be indicated with a dot, while a comma will function as a thousands separator.

The graphs used in the presented study can either be single y-axis graphs or dual y-axis
graphs. In order to distinct between what function is associated to which axis in a dual
y-axis graph, a solid lined function will be associated to the left axis, while a dotted line is
associated to the right axis.

All chapters, sections and subsections are labelled with a unique number according to the
order of which they are presented. The figures and tables are numbered similarly, for
instance "Figure 5.3" refers to the third figure in Chapter 5. Viewing in a PDF format these
references work as hyperlinks.

When equations are presented they will have a number assigned in the right margin.
This number will be used for referencing to the equation. Viewing in a PDF format the
references work as hyperlinks. The variables used in the equations will only be explained
the first time they are used.

The final pages of this Master’s thesis consist of the Appendices. The appendices contain
additional results or calculations. The appendices will, in contrary to the other chapters,
be assigned a letter which is ordered alphabetically.

Finally, it is recommended to read the presented study in a colourised format to get the
optimum visual- and reading experience, mainly in regards to the graphs and figures.

Chapter Structure

Chapter 1 on page 1 will shortly present the required species when producing Green
methanol, being CO2 and H2, and further also the state of the art of such plants. Addition-
ally, the challenges of utilising renewable energy sources will be presented which results
in a general process design. Finally, the objective of this Master’s Thesis will be presented.

As it is desired to either produce Green methanol or further convert this into other
Green chemicals, it is necessary to understand each of the subsystems presented in the
process design. This will be presented in Chapter 2.

Chapter 2 on page 11 describes all the theories, concepts and reactions necessary to
model each of these subsystems. Some subsystems are modelled as dynamic whereas the
remainder are modelled as steady state. The dynamic- and steady state subsystems will
be modelled in Chapter 3 and 4, respectively.

Chapter 3 on page 39 seeks to implement the general theories and concepts for the
dynamic subsystems into a dynamic model. This includes the carbon capture and the



Preface xiii

electrolyser due to their fluctuating production. As it is desired to model the consecutive
subsystems as steady state, storage of CO2 and H2 is implemented in order to couple the
dynamic- and steady state models.

Chapter 4 on page 59 seeks to implement the general theories and concepts for the
steady state subsystems into two steady state systems, differentiated by their desired end
products. The first system produces Green methanol, while the second further converts
the Green methanol into other Green chemicals. With the two complete systems defined,
heat- and mass integration between the subsystems can be performed in order to reduce
the utility costs of the two systems. This will be done in Chapter 5.

Chapter 5 on page 89 performs heat- and mass integration of the two systems. With the
systems being optimised with respect to the excess heat and mass within each system,
the costs of both systems can be estimated in order to determine the feasibility of the two
systems. This will be done in Chapter 6.

Chapter 6 on page 103 performs the feasibility assessment of the two systems. A
sensitivity analysis for each system is conducted in order to determine the uncertainty
of the feasibility for both systems, depending on specific parameters. A multitude of
assumptions are made throughout this Master’s thesis, where the most influential require
a discussion.

Chapter 7 on page 121 discusses these assumptions in order to justify if they are acceptable.

Chapter 8 on page 123 concludes the presented Master’s Thesis and summarises the
acquired results.

This Master’s Thesis has been written by the following authors:

Signatures of project participants

Frederik Meyer Elimar
<felima16@student.aau.dk>

Nicolai Hermann Rasmussen
<nhra16@student.aau.dk>

Nikolaj Hornshøj Petersen
<nhpe16@student.aau.dk>

Aalborg University, May 28, 2021
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Nomenclature

Symbols Explanation Unit
A Area m2

AC Pre-exponential factor m3/(kmol · s),
1/s,
kmol/(kg · h),
kmol/(kg · s · bar),
kmol/(kg · s · bar2)

ap Surface area per volume of packing m2/m3

B Correlation constant -
b Correlation constant -
C Capacity factor m/s
Cf Fair’s capacity m/s
Cp Heat capacity kJ/K
cp Mass specific heat capacity kJ/(kg · K)
D Diameter m
E Energy kJ
EA Activation energy kJ/mol, kJ/kmol
F Factor -
FLV Liquid-vapour flow factor -
f Flooding factor -
G Gibbs’ free energy kJ
H Enthalpy kJ
h Molar specific enthalpy kJ/kmol
HC Henry’s constant kPa
HETP Height equivalent theoretic plate m
I Current A
Isolar Solar irradiance kWh/m2

i Current density A/cm2

k Kinetic factor kmol/(kg · s · bar),
kmol/(kg · s · bar2)

kads Adsorption constant -,
p

1/bar, 1/bar
L Length m
m Mass kg
m?

V Vapour mass per unit column cross-
sectional area

kg/m2

MW Molecular weight kg/kmol
N Arbitrary number -
n Moles kmol
P Pressure kPa, bar

xv



xvi Nomenclature

Psat Saturation pressure kPa, bar
p Partial pressure kPa, bar
PR Pressure ratio -
Q Heat kJ, MJ
R Reflux ratio -
r Rate of reaction mol/(kg · s)
Rgas Gas constant kJ/(K · kmol)
S Entropy kJ/K
s Molar specific entropy kJ/(K · kmol)
T Temperature K, �C
t Time s
V Voltage V
�V Volume m3

v Velocity m/s
W Work kJ, MJ
wt Weight fraction -
x Liquid molar fraction -
y Vapour molar fraction -
z Electrons transferred per ion -

Greek letter Explanation Unit
↵ Relative volatility -
b Initial loan USD
g Interest rate -
D Change in value -
z Activity coefficient -
h Efficiency -
hF Faraday’s efficiency -
 Balance after number of periods USD
l Number of periods -
µ Dynamic viscosity Pa · s
n Stoichiometric coefficient -
ns Molar specific volume m3/kmol
x Activity coefficient -
r Density kg/m3

s Surface tension N/m
t Yearly payment USD/year
f Chemical potential kJ/kmol
y Base size solvent flow rate kg/s

Subscripts
a Active
air Air
an Anode
B Bottom
cat Cathode
cell Cell



Nomenclature xvii

CO Carbon monoxide
CO2 Carbon dioxide
conc Concentration
cool Cooling
D Distillate
d Downcomer
elec Electrolyser
eq Equilibrium
F Foaming
f feed
g Gas
gen Generated
h Hole
H2 Hydrogen
H2O Water
HA Hole-to-active area
i Integer
in Input
ini Initial
L Liquid stream
l Liquid
max Maximum
MeOH Methanol
O2 Oxygen
ohm Ohm
out Outlet
p Power
pack Packed distillation column
phy Physical
PV Photovoltaic
q-line Characteristic line used in distillation
reboil Reboiler
rev Reversible
RWGS Reverse water-gas shift
ST Surface tension
stage Stage
swept Swept
tank Tank
th Theoretic
tot Total
V Vapour stream
w Wind

Superscript
eq Equilibrium
i Integer
N Arbitrary number



xviii Nomenclature

Abbreviations
AEC Alkaline electrolysis cell
APEA Aspen Process Economic Analyzer
BTX Benzene, toluene and xylene
CAPEX Capital expenses
CCS Carbon capture and storage
CCU Carbon capture and utilisation
CHP Combine heat-power
DKK Danish krone
elec-NRTL Redlich-Kwong coupled with electrolyte Non-Random Two

Liquid
FUG Fenske, Underwood and Gilliland
HEN Heat exchanger network
HETP Height equivalent to a theoretical plate
M Million
MEA Monoethanolamine
MSA Mass-separating agent
MTBE Methyl tertiary-butyl ether
MTO Methanol-to-Olefins
MTP Methanok-to-propylene
NRTL Non-random two liquid
OPEX Operational expenses
O&M Operation and maintenance
PEMEC Polymer electrolyte membrane electrolysis cell
PFR Plug flow reactor
PV Photovoltaic
RKSMHV Redlich-Kwong-Soave equation of state with a modified Huron-

Vidal mixing rule
RWGS Reverse water-gas shift
SOEC Solid oxide electrolysis cell
SQP Sequential quadratic programming
UNUQUAC Universal quasichemical
USD United States dollar
VLE Vapour-liquid equilibrium

Chemical form
Al2O3 Aluminium oxide
CH4 Methane
C2H4 Ethane
C3H6 Propene
C3H8 Propane
C4H10 Butane
C5H12 Pentane
C6H14 Hexane
C6H6 Benzene
C7H8 Toluene
C8H10 Xylene
C9H12 1,2,4-Trimethylbenzene



Nomenclature xix

C10H14 1,2,4,5-Tetramethylbenzene
CO Carbon monoxide
CO2 Carbon dioxide
Cu Copper
H2 Hydrogen
MeOH, CH3OH Methanol
N2 Nitrogen
O2 Oxygen
ZnO Zinc oxide

Notation
ẋ Time derivative
[x] Concentration
rx Gradient
x Time average
x⇠ Time fluctuating



[This page is intentionally left blank]



Chapter 1

Motivation and Objective
Before the reader embarks on reading through the following chapters of the presented study, it is
highly encouraged that the reader reviews the Readers’ Guide presented on page xi in order to get
a thorough understanding of the structure in which the following chapters are presented and their
intercorrelation.

The motivation of the presented study originates in the vision of a future where renewable
energy is the main source of energy. The renewable energy is not only of great importance
with respect to the electricity demand, but also for instance in the transport- and chemical
sector. The incorporation of renewable energy into the transport sector is slowly increas-
ing from 1.4 % in 2004 to 8 % in 2018 for the members of the European Union [eurostat,
2020]. Furthermore, as the technological development continues, indispensable products
are desired to be manufactured from renewable energy sources as well.

A product which has a multitude of uses in both the transport- and chemical sector is
methanol, which will be denoted MeOH for the remainder of the presented study, as may
be seen in Figure 1.1.

MeOH

BUNKER
FUEL

MTO/MTP

MTBE

FINE
CHEMICALS

BULK
CHEMICALS

FUEL

Figure 1.1: Overview of products manufactured from MeOH. Adapted from RoyalGlobalEnergy [2020].

MeOH can be used both in its pure form as a fuel in a combustion engine, or it may be
diluted with other fuels extracted from fossil sources, such as bunker fuel. Furthermore,

1
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it can be processed into methyl tertiary-butyl ether (MTBE) which can replace otherwise
toxic, yet necessary, additives in the petrol fuel [ICIS, 2010]. Among other chemicals,
conversion of MeOH-to-Olefins (MTO) and MeOH-to-propylene (MTP) can be performed,
which are used in the plastic production industry [Americanchemistry, 2020][LindeGas,
2020]. Due to this variety, it is of interest to further investigate the business potential of
MeOH both as a product but also as an intermediate.

However, in order to ensure the vision of a future where the use of fossil fuels are
reduced, the MeOH must be produced from renewable energy sources.

1.1 Renewable Methanol

The classification of renewable MeOH is defined by how the syngases, which are used
to make the MeOH, are produced. In order for the MeOH to be considered Green, the
synthetic gases must be produced from renewable sources with net zero CO2 emission.
The traditional MeOH is produced from fossil resources, such as natural gas, coal and
crude oil, which is classified as Black MeOH.[Hobson and Márquez, 2018] Similarly, the
MeOH can also be identified as Grey of which the synthetic gases are produced from waste
or by-products, which are only partially renewable.

1.1.1 Renewable Carbon Dioxide

The reactants used to produce Green MeOH are CO2 and H2. As already claimed these
must be acquired from renewable sources. The source of CO2 could be provided by either
extracting it from the air directly or from the flue gas of a plant run on biomass. The
technologies for capturing CO2 from the atmosphere is however still at a research state of
which this method is not viable [Bui et al., 2018].

For instance, the flue gas from biogas plants contains 30 % to 45 % CO2 and in
bioethanol plants up to 85 %, both on a volume basis.[Benato et al., 2017][Laude et al.,
2011]. As such it would be advantageous to use this produced CO2 to supply the MeOH
production plant, which will also be economically lucrative for the biomass plant, due to
the ensuing avoidance of carbon emission fees.

1.1.2 Renewable Hydrogen

To achieve a Green MeOH production the second reactant, H2, must as mentioned also
be obtained through renewable methods. Currently, the vast majority of H2 production
is achieved through reforming of natural gases and other fossil fuels, i.e. Black H2 is
produced, which accounts for about 90 % of the total production.[Liu et al., 2021][Hosseini
and Wahid, 2016]

However, other methods for H2 production exist, such as water electrolysis, where the
potential of utilising renewable energy sources is possible. Several electrolysis technologies
are available, namely the polymer electrolyte membrane electrolysis cell (PEMEC), alkaline
electrolysis cell (AEC), and solid oxide electrolysis cell (SOEC). All three technologies do
however suffer from various disadvantages such as expensive materials, low durability,
and crossover of gases leading to poor purity.[Rashied et al., 2015]

As a result, H2 production from electrolysis remains the more expensive production
method, compared to reforming from fossil sources [Acar and Dincer, 2014]. With a con-
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tinued interest in using H2 for different processes and technologies like MeOH production,
the need for H2 will continue to rise.[Dalena et al., 2018][Okolie et al., 2021]

In comparison to CO2, H2 is the bottleneck in the production of Green MeOH due to
its limited availability and price. If the Green H2 was to be produced by electrolysis, it
would be lucrative to utilise the fluctuating production of electricity, where the surplus
can reduce the Green H2 production cost.[Brynolf et al., 2018] Hence, in order for Green
MeOH production to become a reality, it is necessary for the production price of Green
H2 to be reduced to a level similar to that of Black H2. If the production price of Green
H2 cannot decline to the level of Black H2, the need for governmental subsidies may be
required to incentivise the use of Green H2.[Klenert et al., 2018] Even if governmental
subsidies are not available, Green branding could make the renewable MeOH attractive.

1.2 State of the Art Plants

A pilot plant is already established at Aalborg University, where the production capacity
is 300,000 litres of Green MeOH per year. This is a combined H2 and MeOH plant, since
the H2 is produced by an electrolyser located on site. The CO2 is however supplied by an
externally located biogas plant and as such the pilot plant is not directly coupled to a CO2
supply.[Green Hydrogen Systems, 2020] The next step for the Green MeOH technology is
to scale from pilot plant to commercial plant.

A Green industrial business park is currently under construction in Skive, where one
of the world’s first commercially scale combined Green H2 and MeOH plants will be
located [GreenLab, 2021]. There will be established a 10 MW MeOH plant and a 12 MW
electrolysis plant [GreenLab, 2019]. The expected production capacity of this MeOH plant
is 10 million litres per year, which is equivalent to eliminating the CO2 emission of 7,000
cars [GreenLab, 2020]. Additionally, a biogas plant with a production capacity of 19 million
m3 bio-methane per year will also be located in the park. The produced CO2 of the biogas
plant will then be used for the MeOH plant [GreenLab Skive Biogas Aps, 2021]. The Green
MeOH production is set to start in 2022 [GreenLab, 2020]. The industrial business park
is coupled to an energy grid powered locally by a 80 MW hybrid wind- and solar power
plant, making the entire park operate on renewable energy [GreenLab, 2019].

1.3 Plant Sizing

The production of Green MeOH is approaching commercialisation and as such it is of in-
terest to identify potential business partners to whom a business case can be established.
There are however two requirements they must fulfil. The first being that the industry in
question must emit an appropriate amount of CO2. The second is that the CO2 must be
produced by processes in which biomass is the feedstock, in order for the produced MeOH
to be classified as being Green. To determine a suitable industrial partner, an investiga-
tion regarding the largest private Danish CO2 emitting companies has been conducted, as
shown in Figure 1.2 on the next page.
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Figure 1.2: Top 10 most CO2 emitting private industrial companies in 2018.[DR.DK, 2020]

Due to the governmental restriction, that the Danish greenhouse gas emissions must
be reduced by 70 % by 2030 [State of Green, 2019], the industrial companies are looking for
solutions to this restriction. For instance, Aalborg Portland A/S states that they require
the implementation of CO2 capture in order to comply with the greenhouse gas restriction
[Nikolajsen, 2019]. From Figure 1.2 it is evident that Aalborg Portland was the largest
industrial emitter in 2018, the company emitted in that year approximately 14 times more
than the second largest. As such Aalborg Portland could be an interesting business partner,
since it might be possible to receive governmental subsidies, due to the potential significant
decrease in the Danish net CO2 emission. Yet, the resulting MeOH would not be identified
as being Green which is a constraint in the presented study. Biomass must be the feedstock
of the process and an appropriate biomass could be sorted municipal waste.

According to senior advisor Søren Dyck-Madsen from CONCITO: "The waste incinera-
tion plants are obvious for further development in CO2 capture, since the flue gas that exits
the chimney has a stable and high concentration of CO2, which originates from both fossil
sources and biomass based sources. The captured CO2 could either be directly stored un-
derground by the CCS-process (Carbon Capture and Storage), or used together with H2 to
make fuels by the CCU-process (Carbon Capture and Utilisation)".[S. Dyck-Madsen, 2020]

As such it is expected that there would be a mutual interest from both industries, of
which RenoNord has been chosen. RenoNord is a waste management company which has
one of the most modern incineration plants in Europe [Linkedin, 2021]. This incineration
plant emitted approximately 224,000 tonnes of CO2 in 2019, where 59 wt% was generated
from biomass. However, the CO2 must at first be captured from the flue gas, where dif-
ferent technologies are available. The efficiencies of these technologies are in the range of
80 wt% to 90 wt% [Leung et al., 2014]. As a result, by assuming that 90 wt% of the CO2 is
captured, a total of approximately 119,000 tonnes of Green CO2 is available to supply the
MeOH plant. Throughout the presented study, the dimensioning of the MeOH plant will
be based on this CO2 supply.
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1.4 Fluctuating Feedstock Supply and Energy

To obtain Green CO2 it must be supplied by the combustion of biomass, such is the case at
RenoNord. Similarly, to obtain Green H2 the electricity needed for the electrolysis could
be supplied by wind turbines and photovoltaics (PV) panels.

These two technologies were chosen since they are currently the most presented Green
energy sources in the Danish renewable electricity production. Wind- and solar power are
responsible for 33.0 % and 3.5 %, respectively, of the total primary energy production in
Denmark.[EnergiStyrelsen, 2020]

However, due to the desire of producing MeOH at a continuous rate, it may become
necessary to store both the CO2 and H2. This is a result of the possibility that the CO2 and
energy supply from the renewable sources may fluctuate.

1.4.1 Carbon Dioxide

The production of energy from power plants, such as the combined heat-power plant
(CHP) of RenoNord, varies according to monthly demand. The fuel burned at RenoNord
is converted to both electricity and heat, as shown in Figure 1.3.
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Figure 1.3: Monthly variation in electricity- and heat production from RenoNord, averaged over the years of
2018, 2019 and 2020.[Sørensen, 2020]

As is evident, the energy production is generally slightly lower during the summer
months compared to the higher values seen during the winter months. This is likely due to
the decreased heat requirement during the warm summer months, and as a result the CHP
plant produces more electricity. The slight difference in energy production throughout the
year is also reflected in the emitted CO2 as indicated in Figure 1.4 on the following page.
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Figure 1.4: Monthly variation in CO2 emission from RenoNord, averaged over the years of 2018, 2019 and
2020.[Sørensen, 2020]

Here the same trend is obvious as the CO2 emission is greater in the late autumn until
early summer. This fluctuating CO2 production must be taken into consideration when
attempting to model a carbon capture plant.

1.4.2 Wind Power

Wind energy is, like the CO2 emissions from RenoNord, also relatively constant on a
monthly basis as shown in Figure 1.5. However, daily variations are significant, and it
should also be noted that the wind speeds are measured 10 m above terrain, hence the
actual wind speed experienced by the wind turbine may be greater.
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Figure 1.5: Monthly- and daily variation in wind speed at Aalborg Airport measured 10 m above terrain and
as a daily mean value, averaged over the years of 2016 to 2020.[Danish Meteorological Institute, 2020]

Due to the power curve of wind turbines being highly dependent on the wind speed,
days with high wind speeds will produce more power, as shown in Eq. 1.1

Ẇw = 0.5 · Fp · rair · p · Aswept · v3
air (1.1)

where Fp is the power factor, rair is air density, Aswept is the swept area and vair is the
air speed. However, multiple factors, such as the power factor, are proportional to the
generated power. The power factor is not equal to unity, as may be seen in Figure 1.6 on
the next page.
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Figure 1.6: Wind power is the maximum theoretical power content in wind. The power curve and power
factor for Vestas V126-3.45MW are also displayed, which are linearly scaled to match the 4.2 MW turbines
used in Skive. Adapted from Wind Turbine Models [2020].
As presented in the Preface, the solid lines belong to the left y-axis, while the dotted line belongs to the right
y-axis.

Due to the power factor, the power production that can be achieved is much lower than
the theoretical power, which is obtained when not including the power factor in Eq. 1.1
on the facing page. This is also indicated by the wind power and power curve in Figure
1.6. Nonetheless, there is still a strong influence of wind speed until the rated wind speed
of about 12 m/s is reached. Hence, when taking into account the daily mean wind speed
shown in Figure 1.5 on the facing page, the power produced by wind turbines will remain
to vary significantly, since the wind speed generally varies between 3 m/s to 8 m/s for the
given altitude of 10 m.

1.4.3 Solar Power

Unlike the power produced from wind, the power from PV is not exponential to the solar
irradiation. Instead it is directly proportional to the solar irradiance, as is shown in Eq. 1.2

ẆPV = FPV · Isolar · APV (1.2)

where FPV accounts for the cell efficiency, packing factor, transitivity of glass and others,
Isolar is the solar irradiance and APV is the area covered by the PV panels.[Kaldellis et al.,
2014][Ratlamwala et al., 2011].

Contrary to the wind speed, the solar irradiance varies more noticeably, which is
mainly due to the annual change in position of the earth in relation to the sun. This
may also be seen in Figure 1.7 on the following page.
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Figure 1.7: Average daily solar irradiance throughout the last decade at Ulsted district heating facility.[Dansk
Fjernvarme, 2020]

As is clear from Figure 1.7 a larger production of H2 can be made from solar energy
during the late spring, summer and early autumn, as this period accounts for the majority
of the solar irradiance.

1.5 Overall Process

In order to estimate the business potential for a Green MeOH synthesis at RenoNord, the
processes from initial reactants to the end products need to be defined. As previously
discussed, this system needs to account for the fluctuating inputs of CO2 and H2. If a
constant output is desired throughout the year, the system must hence include storage of
both CO2 and H2 due to their fluctuating and seasonally opposite production tendencies.
However, another approach is to have a varying output depending on the CO2. Since the
trends of the CO2 emission, wind speed and solar irradiance are relatively predictable the
system could utilise this. It would require an excess production of H2 in the months where
the yields are relatively high from wind turbines and PV panels. Therefore, in the months
where the H2 production is lower than what is required to convert all the emitted CO2,
the excess H2 could be used as a buffer to supply the remaining months. However, if the
latter process is utilised the workload for the system will vary as a function of the CO2
emissions. This will affect the efficiency of the system, if it is designed to operate on the
maximum CO2 supply, due to partial load operation. Instead, it is expected to be more
feasible to design the system to operate from a mean value of the CO2 emission, which in
return would make it necessary to also store excess CO2 supply.

MeOH has a multitude of uses, where it can either be used as a final product or used
to produce other products. An economical assessment will be made in order to determine
if the plant would be more feasible if the MeOH is used as an intermediate to produce
a different product in contrast to having the Green MeOH as the end product. This will
require an analysis of the possible products and the determination of which are the most
feasible in relation to the MeOH plant. In order to conduct the economical assessment,
two systems are considered. One in which Green MeOH is the final product and a second
where it is used as an intermediate to produce Green chemicals, denoted System 1 and
System 2, respectively. An overview of such systems may be seen in Figure 1.8 on the
facing page.
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Figure 1.8: Block diagram of the overall processes where either Green MeOH or Green Chemicals are the end
products.

Figure 1.8 can be divided into six different subsystems, namely electrolysis, carbon cap-
ture, storage, MeOH synthesis, separation of the produced Green MeOH and the possible
production of other Green chemicals. In the electrolysis subsystem, H2 is produced from
H2O and electricity. The CO2 emission of RenoNord is included in the carbon capture,
where it is separated from the flue gas which consists of numerous gases. The storage
processes concern the necessary storage of H2 and CO2, in order for the plant to operate
at full load at all times. The MeOH synthesis process concerns the production of MeOH
from H2 and CO2. This MeOH may then either be separated so that the MeOH can be sold
in its pure state or it can be converted to other chemicals or fuels as presented in Figure
1.1 on page 1.

From this overview of all the subsystems of the plant, the objective of the presented
study may be defined as shown on page 10.
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1.6 Objective

The presented study seeks to investigate the business potential of producing Green chem-
icals from the carbon neutral CO2 emitted by the waste incineration plant of RenoNord
and renewable H2 produced from electrolysis. The objective is to determine the feasibility
of a system producing Green MeOH and to explore if further conversion of the Green
MeOH into other Green chemicals will be more lucrative. In order to make such a study, a
techno-economic analysis must be conducted, wherein the design and modelling of the en-
tire system is required. This leads to the following problem statement and further research
questions.

How can a system, in which syngases are converted into Green methanol, be designed, whereupon
it may be purified to fuel grade methanol or converted to other chemicals, from which the

economics of these products may be investigated to determine their feasibility?

To answer the problem statement, the following research questions will be investigated,
which will indirectly be answered in the following chapters.

• How can the system be designed in order to account for the fluctuating CO2 and H2
supply?

• How can a numerical model of the methanol synthesis and the conversion to other
chemicals be made?

• How can an optimisation of the system be done in order to increase its feasibility?

• Which are the most influential parameters in regards to the feasibility and how sen-
sitive is the system to these?



Chapter 2

System Analysis
In order to perform the techno-economic analysis and thereby determine the most prof-
itable product, the two systems need to be modelled. However, before the systems are
modelled, an analysis of the subsystems previously shown in Figure 1.8 on page 9, is
required in order to obtain knowledge of the individual processes and how the subsys-
tems operate. These will be outlined in the following sections regarding their belonging
theories, concepts and reactions necessary to model each of these subsystems. Hence,
the specific input parameters and component specifications will not be presented until
the following chapters, where the knowledge presented in this chapter will be used to
incorporate the individual subsystems into the two complete systems.

2.1 Carbon Capture

The CO2 required for the MeOH synthesis may be obtained from combustion of carbon
rich sources, where different technologies are available for extracting the CO2. Addition-
ally, the individual combustion technologies affect the gas composition, hence the CO2
concentration. In order to determine the best suited capture technology, the combustion
technologies will be presented firstly.

2.1.1 Combustion Technologies

In pre-combustion technology the fuel undergoes gasification, i.e. heated under low oxygen
conditions, which releases several gases to form a syngas consisting mainly of CO and
H2. This syngas may then be used in a water-gas shift reaction to form CO2. In pre-
combustion, a CO2 concentration above 20 wt% is obtainable, which can then be separated.
However, this technology involves adding additional process steps, mainly in the form
of the gasifier.[Leung et al., 2014] Additionally, the feedstock for the gasification process
will, in the case of RenoNord, not be simply coal or natural gas but will instead consist
of multiple constituents. Only about 9 wt% of the material received for combustion at
RenoNord is primary residue biomass, while the remainder is a mixture of residual waste
at 40 wt%, industrial waste at 28 wt%, and several types of environmentally dangerous
waste.[RenoNord, 2019] This discrepancy may lead to the syngas, if produced by the pre-
combustion process, being less pure and containing more undesirable gases compared to
the commonly used coal or natural gas.

In post-combustion technology the feedstock is not pretreated as in pre-combustion. In-
stead it is simply fed to the combuster and as a result it is easy to retrofit into power plants
which are already in operation. Although easy to implement, the CO2 concentration is usu-
ally relatively low at about 7 wt% to 14 wt% for coal fired power plants, which is a result

11
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of air mainly consisting of N2 and the combustion also producing water and other minor
species. As a result the CO2 concentration is lower compared to pre-combustion.[Leung
et al., 2014]

In oxyfuel-combustion the principle is similar to post-combustion, with the difference
being that pure O2 is used instead of air. This results in the flue gas containing no N2 and
other minor species associated with Nitrogen, hence making higher CO2 concentrations
possible. However, the need for pure O2 increases the price significantly, making this
method less feasible.[Leung et al., 2014]

Even though different combustion technologies are available, complications occur if
an existing plant was to be modified. Hence, RenoNord would likely continue to utilise
the post-combustion technology, however, oxyfuel-combustion could become a possibil-
ity. Besides H2, O2 is also produced from the electrolysis which could be utilised for the
combustion, since the electrolysis would be placed on site, and it should be relatively easy
to incorporate. Not only would this affect the concentration of CO2 in the flue gas, but
it would also increase the adiabatic flame temperature within the combustor and thereby
increase the power output of RenoNord.

2.1.2 Carbon Capture Technologies

Regardless of the chosen combustion technology, the CO2 still has to be separated from the
syngas or flue gas. Many technologies are available, however, only a few are developed to
a degree that can be considered viable.

Absorption utilises a solvent, such as monoethanolamine (MEA) or diethanolamine,
which act as a sorbent of the CO2. Many solvents are available, but the MEA solvent is
the most mature and studied solvent [Madeddu et al., 2019]. In this process the CO2 is
absorbed by the solvent, which may then later be stripped to release the absorbed CO2
through heating or depressurisation of the solvent [Wilberforce et al., 2021]. The main
advantages of this technology include high absorption efficiency of more than 90 wt%, as
well as being well established, mature and having easy regeneration of the solvent [Veawab
et al., 2002] [Aaron and Tsouris, 2005]. The disadvantages consist of substantial energy
requirements for heating of the solvent and the potential degradation of the solvent.

Contrary to absorption, the Adsorption technology uses a solid sorbent instead of a
liquid sorbent, where the CO2 is bound to the surface of the solid. As such the main
criteria for an effective solid sorbent is a large surface area, but also high selectivity towards
binding CO2 specifically and how easily the sorbent may be regenerated. The adsorbed
CO2 can be stripped by lowering the pressure or by heating the sorbent, both resulting in
recovery efficiencies of about 80 wt% [Leung et al., 2014].

As mentioned several other carbon capture technologies are available, such as Chemical
looping combustion, Hydrate-based separation, Membrane separation, and Cryogenic distillation.
However, these suffer from being immature in their development or having low output
rates, while the latter mentioned Cryogenic distillation technology requires high concen-
trations of CO2 to be feasible [Leung et al., 2014].

Following the comparison presented above, the technology with the best potential for
the presented study is the absorption process with MEA as the solvent. The overall details
for how such a subsystem operates is described in the following.
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2.1.3 Absorption Carbon Capture

As previously mentioned the purpose of a solvent, in this case MEA, is to absorb the CO2
from the flue gas. The conceptual principle of this process is outlined in the following.

In order to utilise MEA it is dissolved in H2O at a mixture of 30 wt%, into which CO2
may then be absorbed [Madeddu et al., 2019]. However, in order to utilise the CO2 it must
be separated from the H2O-MEA mixture, which is achieved through a stripper. After the
separation of CO2 the lean solvent is recirculated back into the subsystem. An overview
of such a subsystem may be seen in Figure 2.1.
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Figure 2.1: Overview of carbon capture subsystem, utilising the absorption method with MEA as the solvent.

The overall concept of this subsystem is to have a certain amount of CO2 from the flue
gas being captured by a solvent within the Absorber, which for the presented study is de-
fined as 90 wt% capture rate in accordance to former studies such as Madeddu et al. [2019].
The CO2 rich solvent exiting the Absorber, is heated in a heat exchanger by the regenerated
CO2 lean solvent exiting the Stripper, before it enters the Stripper. In the stripper the CO2
is distilled from the solvent after which the gas stream enters the Condenser. The pure
CO2 exits the condenser from which it can be used in the consecutive subsystem. H2O
is condensed in the Condenser, from which it is recycled and mixed with the CO2 lean
solvent, before it enters the absorber once again through. The pressure in the stripper is
slightly elevated at around 1.5 bar to 2.0 bar, thus implying relatively high temperatures at
95 �C to 120 �C. Due to the Clausius-Clapeyron correlation between the heat of absorption
of CO2 in MEA and the heat of vaporisation of H2O, the vapour pressure of CO2 increases
more rapidly than for H2O when increasing the temperature, leading to the CO2 being
separated from the liquid [Freguia, 2002]. The absorption process of CO2 into the MEA
can be described from the reaction scheme shown in Figure 2.2 on the next page, which
are based on the study done by Errico et al. [2016].
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Figure 2.2: Reaction scheme of the absorption process based on the study done by Errico et al. [2016].

The conversion rates for the reactions illustrated in the reaction scheme above are either
defined from the standard Gibbs’ free energy change or a first/second order rate law
expression. The following reactions are determined from the standard Gibbs’ free energy
change, where the equilibrium constants can be determined according to Eq. 2.1

MEA + H3O+ MEAH+ + H2O
2 H2O H3O+ + OH–

HCO –
3 + H2O CO 2–

3 + H3O+

Keq = ’(xi · xi)
ni (2.1)

where xi is the mole fraction of the species, xi is the activity coefficient and ni is the stoi-
chiometric coefficient. Lastly, the following reactions are determined from first or second
order rate law expressions, where the reaction order is marked by the exponents.

Table 2.1: Carbon capture rate law expressions, with corresponding pre-exponential factors, AC, and activa-
tion energies, EA. Furthermore, the exponents represent the order of reaction for the corresponding species.

AC Unit EA

h
kJ

kmol

i

[CO2]1 + [OH–]1 HCO –
3 4.32e+13

h
m3

kmol·s

i
55,433

[MEA]1 + [CO2]1 + [H2O]0 MEACOO– + H3O+ 9.77e+10
h

m3

kmol·s

i
41,236

[MEACOO–]1 + [H3O+]1 MEA + CO2 + H2O 3.23e+19
h

m3

kmol·s

i
65,500

[HCO –
3 ]1 CO2 + OH– 2.38e+17

⇥ 1
s
⇤

123,222

Given the above analysis the fundamental knowledge of carbon capture has been pre-
sented. More details on this process and the design specifications of the individual species
will be outlined in the following Chapter 3 on page 39.
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2.2 Electrolyser

The H2 required for the MeOH synthesis will be supplied by an electrolyser. Different
electrolysis technologies exist, as described in Chapter 1, but due to the maturity and
scale-ability of the Alkaline Electrolyser Cell (AEC), it is chosen as the technology to be
used in the presented study.[Rashied et al., 2015] The concept of this technology is to use
electrical current to split liquid H2O into its two constituents, namely H and O, which oc-
curs through a non-spontaneous chemical reaction. The electrolyser used for this reaction
consists of three main components: an anode, a cathode, and an electrolyte. In combina-
tion they make up a subsystem of two electronic conductors and an ionic conductor. As
current is passed through the subsystem, the anode facilitates oxidation while the cathode
allows for a reduction to occur, and lastly the electrolyte serves as a conductor of the free
ions.[Zhang et al., 2011] This subsystem can be described visually as shown in Figure 2.3.
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Figure 2.3: Schematic of AEC subsystem.

The reactions occurring at the two electrodes lead to the following reactions.[Zhang
et al., 2011]

Cathode: 2 H2O(l) + 2 e– H2(g) + 2 OH–(g)
Anode: 2 OH–(g) H2O(l) + 0.5 O2(g) + 2 e–

Overall reaction: H2O(l) H2(g) + 0.5 O2(g)

Since the electrolysis is an electrochemical process the rate of reaction is not determined
by kinetics but instead by the electric potential. The molar flow of H2 given in the overall
reaction can be expressed as seen in Eq. 2.2, which is derived from Faraday’s law of
electrolysis stating that the amount of substance produced is proportional to the current
passed through the electrolyte

ṅH2 = hF ·
I

z · FC
· N (2.2)

where hF is Faraday’s efficiency, I is the current, z is the electrons transferred per ion, FC
is Faraday’s constant and N is the number of cells in the stack. Due to the correlation
between the current and voltage defined by Ohm’s law, the voltage is also of interest. The
electrolysis cell voltage denoted Vcell can be expressed as seen in Eq. 2.3

Vcell = Vrev + Vcat + Van + Vohm + Vconc (2.3)



16 Chapter 2. System Analysis

where V is voltage and the subscripts rev, cat, an, omh and conc denote reversible, cath-
ode, anode, ohmic and concentration, respectively. It can be seen that multiple voltages
contribute to the total cell voltage. The first term Vrev is the minimum voltage needed
to make the reaction seen in the overall reaction occur. This corresponds to the voltage
required to reach the electrochemical equilibrium which can be described from the change
in Gibbs’ free energy as seen in Eq. 2.4.

DG = z · FC · Vrev (2.4)

Since the change in Gibbs’ free energy can be determined from look-up the value of Vrev
can be defined, from which four terms remain undefined in Eq. 2.3 on the preceding
page. However, these terms are dependent on the physical properties of the electrolyser,
from which empirical data is required. A study conducted by Sánchez et al. [2018] made
an empirical correlation for an AEC to determine these four terms, based on the current
density, temperature and pressure. With all terms determined, Vcell can be defined as in
Eq. 2.5

Vcell = Vrev + (4.139e-5 + 6.889e-9 · T + 4.471e+7 · P) · i

+ 0.338 · log10

✓
�0.015 +

2.002
T

+
15.243

T2

◆
· i + 1

� (2.5)

where i is the current density, T is the temperature and P is the pressure. Given Eq. 2.5
the polarisation curve for the cell voltage at different temperatures may be seen in Figure
2.4.
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Figure 2.4: Polarisation curve for the cell voltage at different temperatures.

From the figure it may be seen that an increased temperature reduces the cell voltage.
This corresponds to an increased cell performance as a result of the reduction in the Gibbs’
free energy of the electrochemical reaction, due to the temperature increment.

In Eq. 2.2 on the preceding page Faraday’s efficiency was also introduced which is the
ratio between the actual- and theoretical production of H2. The study by Sánchez et al.
[2018] also made an empirical correlation based on the current density and temperature as
seen in Eq. 2.6.

hF =

✓
i2

478, 645.74 � 2, 953.15 · T + i2

◆
· (1.040 � 0.001 · T) (2.6)
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With the Faraday’s efficiency defined, the molar flow of H2 can be determined as outlined
in Eq. 2.2 on page 15. The remaining molar flows can be determined from the stoichio-
metric balance, resulting in the molar flow rates shown in Eq. 2.7 and 2.8.

ṅH2O = ṅH2 (2.7)

ṅO2 = ṅH2 · 0.5 (2.8)

Eq. 2.7 and 2.8 defines the mole balance for the electrolysis, however, the required power
to run the process is also of interest which can be described by Eq. 2.9.

Ẇ = N · Vcell · I (2.9)

Furthermore, the energy balance is also of interest where the generated heat can be ex-
pressed as described by Eq. 2.10

Q̇gen = N · I · (Vcell � Vth) (2.10)

where Vth denotes the thermoneutral voltage. Depending on Vcell the reaction can either
be endothermic or exothermic which is defined by Vth. Vth defines the voltage at which
the added thermal energy equals the required electrical energy. This can be described by
the change in enthalpy which is determined as seen in Eq. 2.11

DH = DG � T · DS (2.11)

where S is entropy. Therefore Vth can be defined from the change in enthalpy as may be
seen in Eq. 2.12.

Vth =
DH

z · FC
(2.12)

Since the reaction can both be endothermic or exothermic it will be desirable for Vcell to
approach Vth, to reduce the cooling utility usage. It is however known that all the voltage
contributions are temperature dependent as shown in Figure 2.5.
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Figure 2.5: Vcell, Vth, Vrev, along with Vphy which corresponds to the sum of Vcat, Van, Vohm and Vconc. All at
constant pressure and current of 7 bar and 0.45 A/cm2, respectively.

From Figure 2.5 it can be concluded that Vcell is greater than Vth resulting in the reaction
being exothermic, hence making cooling a necessity. Vth can be assumed constant whereas
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Vcell decreases as the temperature increases. In order to minimise the required cooling the
electrolysis should be operated at a relatively high temperature. However, the influence
of the temperature with respect to the produced molar flow should also be considered.
Figure 2.6 shows the molar flow as function of the current density at different tempera-
tures. Since the absolute molar flow is not of interest in this analysis the molar flows have
been normalised with respect to the flow obtained at 20 �C. Furthermore, Figure 2.6 also
illustrates the generated heat as function of the current density at different temperatures.
Similar to the molar flows, the absolute value of the generated heat is not of interest from
which they have been normalised with respect to the heat generated at 20 �C.
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Figure 2.6: Molar flows and heat generation as function of the current density at different temperatures
normalised with respect to the molar flow and heat generation, respectively, at 20 �C. The pressure and
number of cells in the stack are constant at 7 bar and 12, respectively.

From Figure 2.6 it can be concluded that the trend, of which the molar flows decrease
as function of the temperature, is linear. However, the molar flows decay exponentially as
function of the current density. This occurs due to the influence of Faraday’s efficiency.
The optimum operating temperature for the molar flow is relatively low, opposite to the
generated heat. When the temperature increases the generated heat is reduced due to Vcell
approaching Vth. The relative change in generated heat as function of the temperature, is
however, greater than the change in molar flow. From this analysis it can be concluded
that the optimum operation of the electrolysis is at the higher temperatures of the 20 �C
to 80 �C range. Throughout this section the pressure has been assumed to be constant at
a value of 7 bar. The influence of varying the pressure has been discussed by multiple
authors, however due to practical aspects, which is not of interest, the pressure is fixed at
7 bar for the remainder of the presented study.[Sánchez et al., 2018]

Given the above analysis the fundamental knowledge of electrolysis has been pre-
sented. More details on this process and the design specifications of the individual com-
ponents will be outlined in the following Chapter 3 on page 39.
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2.3 Storage of Gases

In order to obtain a constant MeOH production, storage of CO2 and H2 is needed. As
presented in Chapter 1, the production of H2 is influenced by the fluctuating supply of
energy from renewable energy sources, from which it becomes necessary to store the H2.
Similarly, the production of CO2 is also fluctuating, due to the change in heat- and elec-
tricity demand throughout the year. At standard conditions the density of CO2 and H2 is
1.82 kg/m3 and 0.083 kg/m3, respectively, where they are in gaseous state. If the gases are
to be stored at these densities it will require disproportionately large containers.

Numerous technologies exists for H2 storage, including adsorption, chemical hydrides and
mechanical storage, each with multiple sub-technologies [Durbin and Malardier-Jugroot,
2013]. Oppositely, technologies regarding storage of CO2 generally involve suppressing
it into geological storage, such as underground reservoirs [Leung et al., 2014]. This sug-
gests that the focus of most studies have been on removing the CO2 completely from the
ecosystem, rather than storing it for further use [Jackson and Brodal, 2018]. Since the tech-
nologies regarding storage of H2 is described in more detail compared to CO2, these will
be analysed to gain an understanding of the possibilities.

2.3.1 Hydrogen Storage Technologies

Although it is not desired to store H2 at standard conditions, it is not always required to
increase the density too much, as would be the case when using some of the technologies
mentioned above. Relatively high densities are primarily required in the transport sector,
due to spatial restrictions, whereas in stationary systems this requirement is loosened.
The most common methods for storage are as liquid or as compressed gas, which are
subcategories to the mechanical storage method.

In compressed storage the H2 is compressed to increase the density, while retaining its
gaseous state. The pressure ranges from 200 bar to 800 bar at ambient temperature, result-
ing in densities of 20 kg/m3 to 40 kg/m3, where the reachable pressure is linked to the
costs of the storage unit.[Makridis, 2016]

In liquid storage, also known as cryogenic storage, the H2 is cooled instead of pres-
surised. The saturation temperature of H2 is 20 K at standard pressure where the cor-
responding density at liquid state is 71 kg/m3, hereby increasing the volumetric energy
density. This concludes that a higher density is achievable for liquid storage compared
to compressed storage, however, the liquid storage of H2 is more energy expensive. The
required power to compress H2 from 20 bar to 700 bar is 1.36 kWh/kg where the minimum
theoretical energy to liquefy the H2 at standard conditions is 3.3 kWh/kg [Gardiner, 2009].
Additionally, the liquid H2 requires continuous cooling to retain its liquid state [Makridis,
2016].

Since the two above mentioned storage technologies are simply based on applying
power to the H2 in order to change its physical properties, they are also applicable for
storage of CO2. From the analysis of the MeOH synthesis it is known that CO2 and H2
enter the reactor as gases. Therefore, it is not desirable to make a phase change of the gases
in order to store them since they would have to be converted back into gases, which would
add unnecessary entropy to the system. Furthermore, the power required to convert H2
into liquid is as stated earlier higher than compressing it. The compression storage is
therefore chosen as the technology used for storing both CO2 and H2.
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2.3.2 Compressed Storage

In order to store CO2 and H2 as compressed gases, the saturation point must be considered.
The saturation point is known to be affected both by the temperature and pressure. The
density of CO2 and H2 as function of the temperature at different pressures may be seen
in Figure 2.7.
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Figure 2.7: Density for CO2 and H2 as function of the temperature at different pressures.

From Figure 2.7 it can be concluded that a pressure of 800 bar, within the corresponding
temperature range of �50 �C to 50 �C, is not enough to reach the saturation pressure for H2.
Oppositely, CO2 becomes saturated at much lower pressures, as shown by the dotted line.
There are, however, also a relatively large difference in the obtainable densities depending
on the pressure. For example, at a temperature of 0 �C the saturation pressure of CO2
is approximately 34 bar where the corresponding density is approximately twice as large
than for H2 at a pressure of 800 bar. It can therefore be concluded that H2 requires higher
pressure levels to increase its density, compared to CO2, at a fixed temperature within
�50 �C to 50 �C. Contrary, the influence of the temperature for H2 within the range of
�50 �C to 50 �C can be assumed insignificant compared to CO2, due to the saturation
pressure.

The storage is desired to convert the fluctuating production of CO2 and H2 into mean
flows such that the MeOH synthesis does not operate at partial loading. The three above
mentioned processes, being carbon capture, electrolysis and storage, will therefore be anal-
ysed as dynamic subsystems in the following Chapter 3 on page 39. The remaining pro-
cesses, presented in the following sections of this chapter, will be analysed as steady state
subsystems in Chapter 4 on page 59.

2.4 Methanol Synthesis

The synthesis of syngases into MeOH can be performed from a various of methods, how-
ever, some key components and processes do not vary. A simplified version of the MeOH
synthesis subsystem may be seen in Figure 2.8 on the next page. It should be noted that
the components used to control the operational conditions are not included since they are
dependent on the operation of the key components.



2.4. Methanol Synthesis 21

Mixer ReactorReactor Flash

S2

Mixer

hej

Absorber/stripper/packed column BTX&MeOH-Dist/TrayBTX&MeOH-Dist/Tray

Valve

Comp

Pump Heat exchanger

Cooler

Fluid/liquid separator

Tank

Comp
Flash

Column 1Column 1 Column 2Column 2 Column 3Column 3 Column 4Column 4

BTX synthesis 
product stream

H2         
CO        

CH4
C2H4

C2H6
CO2

C3H6
C3H8 C4H10

C5H12
C6H14

CH3OH

C6H6
H2O

C7H8
C8H10 C9H12

C10H14

Heater

Mixer MeOH ReactorMeOH Reactor

Flash

Separator

Recycle

Gas

Purge

Liquid

H2
CO2

Figure 2.8: Key components in the MeOH synthesis subsystem.

The conceptual idea of MeOH synthesis is to convert CO2 and H2 into MeOH in a
chemical reactor. The reactor type of choice is a plug flow reactor (PFR) to ensure a contin-
uous flow. Since a complete conversion is unattainable, due to reversibility of the reactions,
a separation of the products and excess reactants is required. A suitable separator may be
an equilibrium flash vaporisation separator, due to its simplicity and low energy requirement,
which will be discussed later. From the flash separator, a liquid product can be extracted.
The unconverted reactants, which are separated in the flash separator, are recirculated and
used once again, by utilising a feedback loop. This is done to optimise the absolute yield
of MeOH. Since the overall process utilises a feedback loop it can become a concern that
undesired products will accumulate in the subsystem. To avoid this problem a separator
is implemented at the feedback loop.

The operation of the flash separator is determined by the vapour-liquid phase equilib-
rium which is defined by the chemical potential. The chemical potential differences are
the driving force for mass transfer from one phase to another phase. When equilibrium is
reached the chemical potential of a substance must be the same in all co-existing phases,
as described by Eq. 2.13

dG =
N

Â
i=1

�
fl,i � fg,i

�
· dng,i = 0 (2.13)

where f is the chemical potential, dn is the change in moles, N defines the number of
species and the subscripts l and g denotes, liquid- and gaseous states, respectively.

The equilibrium is a function of temperature and pressure. Therefore, the performance
of the flash separator is determined by the operational conditions and the composition of
the fluid.[Klein and Nellis, 2017] To increase the liquid yield in the flash separator, the tem-
perature should be reduced or the pressure should be increased, however, it must be taken
into account that the flash separator is integrated in a closed loop subsystem. Therefore,
the optimum operational conditions for the flash separator is not necessarily the optimum
for the entire subsystem. A concern regarding the modelling of the MeOH synthesis pro-
cess, is the PFR. The produced molar flow of MeOH is determined by kinetics, which is
empirically determined. The study done by Bussche and Froment [1996] investigated the
kinetics in an adiabatic PFR with a catalysed bed consisting of Cu/ZnO/Al2O3. The data
is based on a cylindrical bench scale reactor with an internal diameter of 15.8 mm and
a length of 150 mm. It is however known that the kinetics are highly dependent on the
system [Fogler, 2016]. Therefore, when up-scaling this reactor, the assumptions suited for
the bench scale reactor may no longer be representative, which includes uniform velocity,
temperature and pressure in the radial direction. Nonetheless, this data is accepted with



22 Chapter 2. System Analysis

the knowledge that it will differ in a commercial plant.
Among others, the MeOH synthesis could be based on the global reactions of the

hydrogenation of CO and CO2 and the reverse water-gas shift (RWGS). However, the study
done by Bussche and Froment [1996] assumes CO2 to be the main supply of carbon in the
MeOH synthesis. Therefore, the reaction scheme is defined from the RWGS reaction and
the hydrogenation of CO2 as may be seen in Figure 2.9. It should be noticed the chemical
form of MeOH is CH3OH.

H+ + CO 2-
3 ��*)�� HCO -

3
HCO -

3 ��*)�� HCO +
2 + O2-
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Figure 2.9: MeOH reaction scheme based on hydrogenation of CO2 and RWGS. Adapted from [Bussche and
Froment, 1996].

It may be seen that the right hand side of the reaction scheme defines the RWGS,
whereas the left hand side defines the hydrogenation of CO2. The two global reactions
with their belonging heat of formation ire shown below.

CO2 + H2 ⌦ CO + H2O DH298K = 41,157 kJ
kmol

CO2 + 3 H2 ⌦ CH3OH + H2O DH298K = �49,316 kJ
kmol

The study done by Bussche and Froment [1996] defines the rate of reaction for the two
global reactions based on the reaction scheme defined in Figure 2.9, as may be seen in Eq.
2.15 and 2.14, respectively

rRWGS = k1 ·
pCO2 ·

⇣
1 � Keq

RWGS ·
pCO·pH2O
pCO2·pH2

⌘

1 + kads,1 ·
pH2O
pH2

+ kads,2 ·
ppH2 + kads,3 · pH2O


mol

kgcat · s

�
(2.14)

rMeOH = k2 ·
pCO2 · pH2 ·

✓
1 � 1

Keq
MeOH

· pCH3OH·pH2O

pCO2·p
3
H2

◆

⇣
1 + kads,1 ·

pH2O
pH2

+ kads,2 ·
ppH2 + kads,3 · pH2O

⌘3


mol

kgcat · s

�
(2.15)

where p is the partial pressure and Keq
n is the equilibrium constant for the reactions of

hydrogenation of CO2 and RWGS. The correlations of the equilibrium constants may be
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seen in Eq. 2.17 and 2.16.

Keq
RWGS = exp

✓
4, 773.26

T
� 4.67

◆
(2.16)

Keq
MeOH = exp

✓
7, 059.73

T
� 24.39

◆
(2.17)

Lastly, k1 and k2 are the kinetic factors whereas kads,1, kads,2 and kads,3 are the adsorption
constants, based on the reaction scheme. They are defined by Arrhenius equation and
their corresponding coefficients may be seen in Table 2.2 and 2.3.

Table 2.2: Reaction constants used in the RWGS and hydrogenation of CO2. Rgas is the gas constant.

kn = AC,n · exp(EA,n/(Rgas · T)) AC Unit EA

h
kJ

kmol

i

k1 1.22e+7
h

kmol
kg·s·bar

i
-94,765

k2 0.001
h

kmol
kg·s·bar2

i
36,696

Table 2.3: Adsorption constants used in the RWGS and hydrogenation of CO2. bn and Bn are correlation
constants.

kads,n = exp(bn + Bn/T) Unit b B

kads,1 [�] 8.147 -

kads,2

h� 1
bar

�0.5
i

-0.695 2.068

kads,3
⇥ 1

bar
⇤

-23.438 14.929

The kinetics defined by Bussche and Froment [1996] have been validated in the tem-
perature range of 180 �C to 280 �C. Since the hydrogenation of CO2 is assumed to be the
dominating reaction, the MeOH synthesis becomes an exothermic process. As a result it
favours a cold environment, of which it is expected that the MeOH reactor should oper-
ate at the lower end of the temperature range, to enhance the MeOH yield.[Fogler, 2016]
Additionally, the MeOH yield is influenced by the amount of reactants in the subsystem.
CO2 is the limited reactant whereas the concentration of H2 can be increased, which could
influence the reactions due to the increased collision frequency.

From the MeOH synthesis subsystem, the end product could either be purified Green
MeOH or other Green chemicals. Therefore, depending on which end product is desired,
the processes downstream to the MeOH synthesis will be different, which will further be
analysed.

Given the above analysis, the fundamental knowledge of the MeOH synthesis subsys-
tem has been presented. More details on this subsystem and the design specifications of
its individual components will be described in the Chapter 4 on page 59.

2.5 Liquid-Liquid Separation of Methanol

From the MeOH synthesis process, a liquid mixture of MeOH and H2O is produced.
Additionally, the remaining unconverted- and intermediate gases are also present in this
stream. As presented in Section 2.4, a flash separator could be implemented to separate
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the gases from the liquid mixture to ensure that the liquid mole fraction of the mixture
entering the liquid-liquid separation approaches unity. However, depending on the oper-
ating conditions for the MeOH synthesis, it could occur that some gases are not separated
and exits along with the MeOH and H2O. This will be analysed when the modelling of the
MeOH synthesis has been conducted, from which it can be concluded if further separation
of gases is required before the liquid-liquid separation. Currently, it is assumed that all
gases are separated from which the liquid-liquid separation can be analysed.

The purity level of MeOH has a direct influence on the asking price, hence it requires
purification if it is the desired end product. As such a liquid-liquid separation is required
for the MeOH-H2O mixture. The following section discusses the best suited separation
technique in order to obtain MeOH at high purity and the designing of this technique.

MeOH is an alcohol which contains a hydroxyl group. This enables the MeOH to
easily form hydrogen bonds with the hydroxyl groups in H2O, resulting in the MeOH-
H2O mixture being homogeneous, which is commonly know as a solution.[Dalena et al.,
2017]

Numerous separation techniques exists for separating a solution. Due to the mixture
being a single-phase solution it excludes techniques using barriers, solid agents and sep-
aration by external fields such as centrifugal, thermal or electric forces. This identifies the
requirement of phase creation or phase addition in order to separate the two liquids. Phase
creation is defined as the conversion of a liquid to vapour which is accomplished by an
energy-separation agent, typically in the form of heat transfer. Phase addition is defined as
the addition of another phase which is done by a mass-separating agent (MSA), in which
the MSA may be partly immiscible with one of the species. However, the MSA option is
not applicable in commercial plants since it leads to issues, such as product contamination
and the need of additional separators to remove the MSA.[Sorsamäki and Nappa, 2015]
This results in phase creation being the most suitable separation technique for the pre-
sented application. Phase creation is accomplished by distillation, which will be presented
in the following.

2.5.1 Distillation

The concept of distillation is to separate the species of a solution based on the volatility
of the individual species, hence the relative volatility is the driving factor. The distillation
technique is generally not recommended for a relative volatility below 1.2, as the difficulty
in separating the species results in the technique being infeasible [Sorsamäki and Nappa,
2015]. Distillation is carried out by either flash distillation or fractional distillation. Flash dis-
tillation is the simplest technique and it is based on producing vapour by boiling the liquid
solution and then condensing the vapour without letting any condensed vapour recircu-
late. This technique is well suited for a solution with a high relative volatility, resulting
in the species boiling at widely different temperatures. If the volatility of the species are
similar, the resulting liquid- and vapour streams would become less pure.[McCabe et al.,
1993]

The relative volatility is determined in order to justify if the flash distillation, and
distillation technique in general, is suited for this separation process. The solution for the
presented study, is a binary MeOH-H2O solution, where the relative volatility is defined
as shown in Eq. 2.18

↵MeOH,H2O =
(yMeOH/xMeOH)

(yH2O/xH2O)
=

Keq
MeOH

Keq
H2O

(2.18)
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where yn is the molar fraction in the vapour. By assuming the solution to be an ideal
mixture, Raoult’s law can be applied as shown in Eq. 2.19

↵MeOH,H2O =
Keq

MeOH

Keq
H2O

=
Psat,MeOH

Psat,H2O
(2.19)

where Psat is the temperature dependent saturation pressure.[Halvorsen, 2001] The result-
ing relative volatility of this solution is shown in Figure 2.10.
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Figure 2.10: Relative volatility of the binary MeOH-H2O solution as function of temperature.

From Figure 2.10 it becomes evident that the relative volatility is above the advised
minimum value of 1.2, hence the distillation technique is deemed suitable. The relative
volatility of the binary MeOH-H2O solution drops as function of temperature, as shown
in Figure 2.10, indicating that this separation is theoretically easier at lower temperatures.
The pressure also varies depending on the temperature, hence if the distillation column
operates at 20 �C the corresponding pressure must be somewhere in between the satura-
tion pressure range of MeOH and H2O to separate this solution. This is due to that the
boiling point of a binary solution depending on the boiling point of the two species as
well as the composition of the solution [Klein and Nellis, 2017]. The saturation pressure
of MeOH and H2O at 20 �C is 12.7 kPa and 2.3 kPa, respectively. However, by performing
vacuum distillation, i.e. distillation under reduced pressure, the capital expenses (CAPEX)
increases due to the need of more robust materials and an additional pump, among others,
compared to if it operated at atmospheric pressure. This results in the necessity of per-
forming a preliminary optimum study, due to the trade-off between operational expenses
(OPEX) and CAPEX [Luyben, 2016][Cui et al., 2018]. Usually, the operating pressure of
a distillation column for a MeOH-H2O binary solution, is 110 kPa [Cui et al., 2017b][Cui
et al., 2017a]. At this pressure the corresponding boiling point for MeOH and H2O is
67.1 �C and 102.3 �C, respectively. The boiling point of the solution is somewhere within
this range, corresponding to the relative volatility being within approximately 3.4 to 4,
according to Figure 2.10. Given the constraint of a relative volatility of 1.2 being satisfied,
the distillation technique is suitable. However, as mentioned two different techniques are
available where flash distillation is the simplest. It is therefore analysed if separation by
flash distillation can achieve a sufficient purity of MeOH, otherwise fractional distillation
is required.
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2.5.2 Flash Distillation

A sensitivity analysis for the flash distillation is conducted to determine if this technique is
suitable. Ideally the produced distillate stream will consist solely of MeOH and the bottom
will consists solely of H2O, due to the MeOH being the most volatile species. The crude
MeOH produced from a MeOH synthesis typically contains about 30 wt% to 40 wt% H2O
[Bertau et al., 2014]. The sensitivity analysis has been conducted for this feed composition
range, with a 5 wt% increment. The temperature has been varied from 71 �C to 82 �C, since
this is the approximate boiling point of the mixture at a pressure of 110 kPa. The results
corresponding to a feed composition of 70 wt % MeOH and 30 wt% H2O, is illustrated in
Table 2.4. The two other feed compositions may be seen in Appendix A.

T MeOHD MeOHB H2OD H2OB MeOHD MeOHB Recovery
[�C]

h
kg
s

i
[wt%]

71 0.00 0.70 0.00 0.30 0.00 70.00 0.00
72 0.10 0.60 0.01 0.29 88.22 67.59 14.75
73 0.25 0.45 0.04 0.26 86.64 63.17 36.01
74 0.36 0.34 0.06 0.24 85.04 58.81 51.83
75 0.45 0.25 0.09 0.21 83.39 54.54 63.83
76 0.51 0.19 0.12 0.19 81.71 50.41 73.07
77 0.56 0.14 0.14 0.16 79.97 46.43 80.28
78 0.60 0.10 0.17 0.13 78.17 42.64 85.99
79 0.63 0.07 0.20 0.10 76.31 39.06 90.55
80 0.66 0.04 0.23 0.07 74.36 35.68 94.25
81 0.68 0.02 0.26 0.04 72.34 32.50 97.28
82 0.70 0.00 0.30 0.00 70.00 0.00 100.00

Table 2.4: Mass flow outputs from the flash distillation at different temperatures. The distillate is denoted D,
whereas the bottom is denoted B. The mass fractions of the input is 70 wt% MeOH and 30 wt% H2O.

From the sensitivity analysis it can be concluded that the feed composition with the
highest MeOH content, yields the highest MeOH purity in the distillate stream. From Table
2.4 it can also be concluded that the maximum achievable purity of MeOH is 88.22 wt%
with a feed composition of 70 wt % and 30 wt% of MeOH and H2O, respectively. It should
however be noted that only 14.75 wt% of the MeOH is recovered in the distillate stream.
If instead 90 wt% of the MeOH was to be recovered, the corresponding purity would be
approximately 76 wt%. However, the composition of the underflow would then consist
of approximately 39 wt% MeOH and 61 wt% H2O, resulting in the necessity to clean this
stream prior to disposing it. From the sensitivity analysis it may be concluded that the
feed composition affects the achievable purity in the distillate stream. As such the purity
could be further increased by numerous successive flash distillers. However this method
is inefficient and infeasible when nearly pure species are desired [McCabe et al., 1993].

The minimum purity requirement for commercial MeOH is 99.85 wt% to fulfil the
ASTM purity grades: A, AA, and IMPCA. The difference in the grades depend on content
restrictions regarding specific impurities, such as ethanol, acetone etc. [Ullmann et al.,
2011]. Furthermore, the IMPCA purity grade requirement for MeOH is also used in stud-
ies relating to the use of MeOH in biodiesel [Winther, 2019]. This clearly indicates that
the flash distillation is not suitable for the separation of the MeOH-H2O solution, due to
the nearly pure requirement for commercial MeOH. Instead, fractional distillation will be
utilised.
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2.5.3 Fractional Distillation

Contrary to flash distillation, the fractional distillation returns a fraction of the condensed
liquid which comes into contact with the rising vapour. The phases come into contact on
either plates or packing beds inside the distillation column, where the choice depends on
the diameter of the distillation column. For plate columns, the vapour partly condenses as
it hits the plate, due to the lower temperature of the plate. This releases energy of which a
fraction of the liquid vaporises, resulting in an enrichment of MeOH in the vapour phase
and likewise for H2O in the liquid phase. This leads to the purity being enhanced as the
number of plates increases. A schematic of a fractional plate distillation column is shown
in Figure 2.11.

Feed

Reboiler

Reflux Distillate

Condenser

Bottom

Figure 2.11: Fractional distillation where the internals consist of plates.

In contrary to plate columns, the packed column provides a continuous contact be-
tween the liquid and vapour between the top and bottom of the packed bed. The liquid
wets the surface of the packing while the vapour passes across the wetted packing, lead-
ing to mass transfer. This results in the necessity of well distributed liquid throughout
the column to achieve efficient performance. There are two general types of column pack-
ings, being random and structured. Random packing consists of numerous small pieces
in sizes ranging from 0.015 m to 0.1 m which are loaded into the column, such that they
are randomly arranged. Structured packing is often constructed as blocks with numerous
layers of sheets or meshes within. The structured packing enables a uniform spreading
of the vapour and liquid in the cross-section of the column. The structured packing out-
performs the random packing on both reducing the pressure drop throughout the column
and achieving better separation efficiencies at lower packed bed heights. However, the
structured packing is also more expensive than the random packing of which the ran-
dom packing is preferred if the packed column operates in an environment that rapidly
degrades the packing, such as in corrosive applications.[Pilling and Holden, 2009] This
is however not the case in the presented study of which the structured packing is used
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if packed columns are utilised. A schematic of a structured packed column is shown in
Figure 2.12.
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Figure 2.12: Fractional distillation where the internals consist of structured packing.

The designing of the distillation column is done through a process design followed by
a mechanical design. The objective of the process design is to determine the number of
theoretical plates and the reflux ratio. The mechanical design covers the choice of either
plates or packed beds and the determination of column height and diameter. The process
design is based on theoretical models, while the choice of the mechanical design is based
on practical aspects. Both design processes will be presented in the following.

Process Design

The process design is used to acquire an initial estimation of the number of plates and
the corresponding reflux ratio. The difficulty in performing a process design depends
mainly on the number of species in the feed- and output streams. An example of a distil-
lation process where numerous species are present in the feed- and output streams is in
petroleum refining processes. For such a distillation process, the designing is performed
by the analytic Fenske, Underwood and Gilliland (FUG) method [Mamudu et al., 2019].
However, the FUG method is quite comprehensive, where numerous calculations are re-
quired [García et al., 2017]. However, if the mixture is binary the graphical McCabe-Thiele
method is suitable, which is easier to perform compared to the FUG method. The McCabe-
Thiele method is a commonly used tool, which is based on the following assumptions:
The mixture is binary, the heat of vaporisation of the two species are equal and 100 %
stage efficiency is imposed [Neutrium.net, 2017]. However, it is known that the second as-
sumption is violated since the relative difference in heat of vaporisation is approximately
15 %. Nonetheless, the McCabe-Thiele method is further used as an initial prediction of
the process design, from which further adjustments can be done. This method uses the
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vapour-liquid equilibrium (VLE) curve to determine the number of theoretical plates to
achieve the desired degree of separation. The VLE curve is based on data at operational
conditions. The liquid equilibrium is a 45 � line drawn from molar fraction 0 to 1, as shown
in Figure 2.13. At this line the relative volatility is 1, as separation by use of distillation is
only possible if the difference in volatility is non-zero. The vapour equilibrium curve of
an ideal mixture is formulated in Eq. 2.20 [Ullmann et al., 2011].

y =
↵ · x

1 + (↵� 1)
(2.20)

Figure 2.13 shows a schematic of the McCabe-Thiele diagram, where a relative volatility
of 3.5 is used. The VLE curve is based on the most volatile species in the solution, MeOH,
where the molar fraction of the vapour is plotted as function of the molar fraction of the
liquid.
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Figure 2.13: Conceptual representation of McCabe-Thiele diagram with a relative volatility of 3.5.

In Figure 2.13, the desired composition of the distillate and the bottom product is
marked as xD and xB, respectively. The feed composition is marked as xfeed. This composi-
tion is controlled by the overall system, since the distillation column is the last subsystem
in System 1. The slope of the q-line depends on if the feed is a liquid, a vapour or a
two-phase mixture. The slope is determined by Eq. 2.21.

slopeq-line =
x

x � 1
(2.21)

According to Eq. 2.21, if the feed is a liquid the q-line will become vertical, whereas it
becomes horizontal if the feed is a vapour. The operational line in the rectifying section,
denoted Rectifying in Figure 2.13, is drawn from the point xD to the intersection with the
q-line. This operational line is formulated by Eq. 2.22

y =
R

R + 1
· x +

xD

R + 1
(2.22)
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where R is the external reflux ratio defined by Eq. 2.23

R =
ṅL

ṅD
(2.23)

where the subscripts L and D denote the liquid stream returning to the column and the
distillate stream, respectively. The higher the reflux ratio the fewer equilibrium plates are
required, but this also increases the energy demand. A reflux ratio can be chosen freely,
where two extreme cases exist, referred to as total reflux and minimum reflux. The total
reflux is when the operational line, denoted Rectifying in Figure 2.13 on the previous page,
intersects with the q-line at point xfeed. This yields the lowest number of theoretical plates,
however, no distillate is produced as it is all returned to the column. The minimum reflux
is when the intersection of the operation line on the q-line is at the equilibrium curve.
This results in the necessity of infinite plates in order to accomplish the separation. The
operating line in the stripping section is then drawn from the intersection point of the
q-line to the point xB.

The number of theoretical plates can be determined by counting the number of times
the horizontal steps touches the VLE curve, counting from xD to xB. From this procedure it
can be concluded that there is a correlation between the number of theoretical plates and
reflux ratio, where the choice of this combination is essential from an economical point
of view. This is due to the reflux ratio influencing the OPEX and the number of plates
impacts the CAPEX

Mechanical Design

The purpose of the mechanical design is to select either plates or packing as the internals
and calculate the height and diameter of the column. The choice of column internals
is often based on the column diameter, where packing is preferred for smaller columns
where the diameter is below 1 m, while plates are mainly used in larger columns where
the diameter is above 1 m. Not only are packed columns more feasible compared
to plate columns at small diameters, but the accessibility of plate columns at these
diameters are also limited which results in difficulties when installing or maintaining
the plates.[Ibrahim, 2014] This concludes that packing will be used if the diameter of the
column is less than 1 m and plates are utilised if the diameter is greater than 1 m. Since
the height and diameter are determined differently for the plate- and packed column, the
mechanical design must be performed by both procedures in order to determine which
are best suited, from the resulting diameters.

Plate Column
In order to determine the height of the plate column, the number of actual plates must
firstly be defined. The actual number of plates is determined by performing the process
design which estimates the number of theoretical plates, from which the number of plates
are increased to correct for non-ideal conditions. The height of the column between the top
plate and the bottom plate is proportionally increasing as function of the number of actual
plates, where the proportionality factor is the plate spacing. For reasons of accessibility the
minimum plate spacing is within the range of 0.45 m to 0.60 m, depending on the diameter
of the column. Greater plate spacing results in lower column diameter, which will be pre-
sented afterwards, however it increases the height of the column. As such an economical
trade-off needs to be considered between the column height and diameter.[Ibrahim, 2014]
In general the plate spacing is dependent on the diameter of the column, where:
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• Plate spacing = 0.45 m for column diameter less than 1.5 m

• Plate spacing = 0.60 m for column diameter in the range of 1.5 m to 6.0 m

• Plate spacing = 0.75 m for column diameter greater than 6.0 m

Due to practical aspects, an additional 1.22 m is added, to the column height, above the
top plate in order to keep liquid from entering the condenser. Furthermore, an additional
3.05 m is added to the column height, below the bottom plate, in order to ensure sufficient
surge capacity. From this the total column height can be determined.[Seader et al., 2011]
A maximum height of 53 m is recommended, due to wind load and foundation consider-
ations [Coker, 2007]. If the estimated height of the distillation column extends 53 m, either
the plate spacing must be reduced which would reduce the height, or the single column
must be split into multiple smaller distillation columns in series.

Proper dimensioning of the column diameter is crucial, since it influences the plate
efficiency, pressure drop throughout the column and the performance in general. In order
for the distillation column to operate efficiently, the following conditions must be fulfilled:

• The liquid flows from plate to plate only at the downcomers, which is located at the
periphery of the plate.

• The liquid does not weep through the gaps in the plates.

• The liquid is not carried by the vapour to the plate above.

• The vapour only flows through the gaps of the plate.

• The vapour is not carried down by the liquid in the downcomers.

These criteria can be fulfilled by dimensioning the diameter of the column in accordance
to the vapour flow rate. Weeping will occur if the vapour flow rate is insufficient. Op-
positely, if this flow rate is too great the vapour will carry the liquid to the above plate.
The general design procedure is to estimate the maximum allowable vapour velocity, and
thereby reduce it by 20 wt% as a safety factor.[Seader et al., 2011] The maximum allowable
vapour velocity is defined by the Sounders-Brown equation shown in Eq. 2.24

vmax = C ·
s

rL � rV

rV
(2.24)

where C is the capacity factor, r is the density and the subscripts L and V denotes the liquid
and vapour streams, respectively. The capacity factor can be determined theoretically,
where numerous factors are included such as the droplet diameter and the drag coefficient.
However, it is usually obtained from correlations based on empirical data acquired from
experiments. Different factors are included depending on the chosen correlation, where
a well known and often used capacity correlation is the Fair’s capacity (CF) as shown in
Figure 2.14 on the next page.[Stichlmair, 2010]
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Figure 2.14: Fair’s capacity correlation for different plate spacings as function of the liquid-vapour flow factor,
FLV. Adapted from Stichlmair [2010].

The value estimated in Figure 2.14 depends on the plate spacing and the liquid-vapour
flow factor (FLV), as shown in Eq. 2.25

FLV =
ṁL

ṁV
·
r

rV

rL
(2.25)

where ṁ is the mass flow. The value for the capacity factor C in Eq. 2.24 on the preceding
page is defined from Fair’s capacity, estimated by Figure 2.14, and correction factors as
shown in Eq. 2.26

C = FST · FF · FHA · CF (2.26)

where FST is the surface tension correction factor, FF is the foaming correction factor and
FHA is the "Hole-to-active area" ratio correction factor.

Figure 2.14 is based on a subsystem where the surface tension of the liquid is 0.02 N/m.
If the surface tension of the actual subsystem differs from this value, the capacity factor
must be corrected according to Eq. 2.27

FST =
⇣ sL

0.02

⌘0.02
(2.27)

where s is the surface tension of the liquid stream. The presence of foam in distillation
columns results in pressure drops and reduced mass transfer. FF adjusts for this effect,
whereas it is unity for non-foaming subsystems and between 0.5 to 0.75 for foaming sub-
systems. Chen et al. [2007] investigated the foaming effect of a MeOH-H2O solution in a
distillation column. The study concluded through empirical data, that no foaming took
place if the MeOH concentration was 50 wt% or above, however, foaming was observed for
MeOH concentration of 30 wt%. This results in the necessity of further investigating the
foaming behaviour when the actual composition of the solution is known. The remaining
correction factor from Eq. 2.26 is FHA, which is calculated from the ratio of vapour hole
area, Ah, to the plate surface area, Aa.

FHA = 1.0 for Ah/Aa � 10 %
FHA = 0.9 for Ah/Aa = 8 %
FHA = 0.8 for Ah/Aa = 6 %
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The ratio of Ah/Aa is typically in the range of 5 % to 15 %. A low hole area percent-
age allows higher efficiency for the plate, however, it comes at the expense of increased
pressure drop. As such, the hole area percentage of the plate is chosen depending on
the operating conditions of the distillation column, whereas the typical ranges are 5 % to
10 % for pressure levels relatively close to ambient pressure and 10 % to 16 % for vacuum.
[SeperationTechnology.com, 2012] [Chuang and Nandakumar, 2000] Since the operational
pressure is 110 kPa, as presented in 2.5.1 on page 24, a hole area ratio of 8 % is chosen of
which the corresponding value for FHA becomes 0.9.

With the definition of all the parameters in Eq. 2.24 on page 31 made, the maximum
allowable vapour velocity can be calculated. Given the maximum vapour velocity, the
corresponding diameter can be determined from the continuity equation as seen in Eq.
2.28

D =

0

@ 4 · ṁV

f · p · vmax ·
⇣

1 � Ad
Atot

⌘
· rV

1

A
0.5

(2.28)

where f is the flooding factor, Atot is the total column cross-sectional area and Ad is the
cross-sectional area of the downcomer. The ratio Ad/Atot in Eq. 2.28 is estimated by the
liquid-vapour flow factor, outlined in [Seader et al., 2011], to be:

Ad/Atot = 0.1 for FLV  0.1
Ad/Atot = 0.1 + FLV�0.1

9 for 0.1 < FLV < 1.0
Ad/Atot = 0.2 for FLV � 1.0

This concludes the mechanical design procedure for plate columns. The following
presents the mechanical design procedure for fractional distillation utilising packed
columns.

Packed Column
The packed column has continuous contact with liquid and vapour throughout the col-
umn, however, it is analysed in the mechanical design procedure as being a segmented
column. The packed portion of the column is divided into segments of equal height. The
height of these segments are known as the height equivalent to a theoretical plate (HETP).
The height of the column can then be calculated by the number of equilibrium plates and
the HETP-value, as shown in Eq. 2.29

L = Neq · HETP (2.29)

where Neq is the number of theoretical equilibrium plates. The number of theoretical
equilibrium plates is determined from the McCabe-Thiele method, as earlier presented.
The HETP-value is measured experimentally and it varies with the packing type, size
and vapour flow rate. It is however known that most packings of the same size have
approximately the same HETP-value, leading to a simplified estimation of the HETP-value
as shown in Eq. 2.30

HETP =
100
ap

+ 0.10 (2.30)

where ap is the surface area per volume of packing. Eq. 2.30 is, however, restricted to low
viscous fluids at low to moderate pressure. This results in corrections to the HETP-value
if the liquid dynamic viscosity is above 0.04 Pa · s, however, this is not necessary in the
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presented study since the viscosities of H2O and MeOH are in the order of 0.001 Pa · s.
A typical HETP-value for industrial applications is within 0.3 m to 0.6 m.[Wankat, 2012]
An investigation of the market for structured packings will be performed, in order to
determine which packing is best suited and estimate a realistic value of ap.

There are numerous manufacturers of structured packings who all have different prod-
ucts depending on the customer’s needs. A well-known manufacturer of packing is the
Swiss company ’Sulzer’, who likewise have multiple products. These products are de-
signed to operate at specific conditions, for instance in corrosive- or reactive environments,
or at vacuum pressure or pressurised conditions. None of these conditions are however
present in the presented study, since the feed stream consists of a MeOH-H2O solution
and the distillation column operates at 110 kPa. Hence, the "Mellapak" packing is chosen,
which according to Sulzer, is an ’all-rounder’ packing, which is typically used in refinery
applications, operating from vacuum to moderate pressure [Sulzer, 2021b].

There exists numerous types of the Mellapak packing where an example is the "Mel-
lapak 250.Y" and "Mellapak 250.X" [Sulzer, 2021a]. The conventional notation of the type
includes two geometric indicators, the first is a number that specifies the ap value, which
can range from 2 m2/m3 to 750 m2/m3 [Sulzer, 2021a]. The second is the channel flow
angle relative to horizontal, where Y and X denotes values of 45 � and 60 �, respectively
[Lassauce et al., 2014]. The general trade-off in the performance of packing is in the rela-
tion between the HETP-value and pressure drop. The HETP-value describes the efficiency
of the packing where a high efficiency yields a low HETP-value. It is typically the ap value
shown in Eq. 2.30 on the previous page which is increased if the objective is to enhance
the efficiency, however, by increasing ap the pressure drop rises as well. The pressure drop
depends both on the ap value and the flow conditions, where a general allowable pressure
drop in packed columns are 1 kPa/m.[Lassauce et al., 1994] This results in the necessity to
acquire experimental results in order to determine the most feasible packing type. How-
ever, the Mellapak 250.Y is widely used in industrial applications and Yang et al. [2003]
used this packing for a MeOH-H2O solution. As such the Mellapak 250.Y is utilised even
though a more feasible alternative might be available.

Similar to the height of the column, the diameter of this packed bed column must also
be determined. This is done as described by Towler and Sinnott [2008]. The vapour mass
flow rate per unit column cross-sectional area is determined of which it can be used to
calculate the required diameter corresponding to this mass flow. However, in order to
determine this mass flow, a correlation factor Fpack is required to be determined as may be
seen in Eq. 2.31

ṁ?
V =

0

B@
Fpack · rV · (rL � rV)

13.1 · ap ·
⇣

µL
rL

⌘0.1

1

CA

0.5

(2.31)

where µ is dynamic viscosity. In order to determine Fpack the liquid-vapour flow factor,
FLV, is calculated and used in Figure 2.15 on the next page. Furthermore, the pressure drop
must also be determined, where it should be noted that values above 0.8 kPa or below
0.08 kPa, should be avoided to prevent flooding or attain sufficient liquid distribution,
respectively.
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Figure 2.15: Factor, Fpack, at various liquid-vapour flow factor values, FLV, and pressure drop curves. Adapted
from Towler and Sinnott [2008].

Given Fpack, the vapour mass flow rate per unit column cross-sectional area can be
calculated from which the required column diameter can be determined as Eq. 2.32.

D =

s
4
p
· ṁV

ṁ?
V

(2.32)

The above section concludes the general procedure in performing the designing of the
fractional distillation column. Depending on the input stream to the distillation, which
will be determined from the MeOH production outlined in Chapter 4 on page 59, it can
be determined from the knowledge presented in the above analysis, which internal of the
fractional distillation column should be utilised. The designing of the actual distillation
column and its performance will be presented in Chapter 4.

2.6 Methanol to Alternative Products

MeOH may either be used as an end product or as an intermediate in the production of
other chemicals, as was outlined in Chapter 1. As an end product the MeOH is primarily
used in the transport- and chemical sector where the applications of MeOH are versatile.
The MeOH is used in the transport sector either as a direct fuel blending or as a raw ma-
terial to produce fuel additives such as MTBE. MTBE has a high octane number of which
it can replace other currently used additives in gasoline fuels, hence reducing pollution
[Bertau et al., 2014]. Back in the 1980s, the M15 (15 vol% MeOH to gasoline) fuel blend
was chosen to be the optimal blend concentration, since this is the highest concentration
that can be introduced with little modification required in the fuel system of the vehicles
[methanol.org, 2014]. Commercial interest of M15 has since increased, especially in China,
where the number of provinces that have been commercialising M15 blends are 26 out of
31 provinces [Bertau et al., 2014]. China is the main consumer of MeOH, accounting for
around 40 wt% of the global market in 2010, where a third of this MeOH was used in the
fuel consumption, representing about 5 wt% of China’s fuel pool [methanol.org, 2020].

If MeOH is used as an intermediate it may instead be converted to other chemicals,
such as benzene, toluene and xylene (BTX). These three chemicals are all light Aromatic
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hydrocarbons, which are used extensively in the chemical industry to produce polymers,
fibres, pesticides and pharmaceuticals.[Li et al., 2017][Gong et al., 2021]

Currently BTX is mainly produced from carbon sources which are not carbon neutral,
such as coal and methane [Ren et al., 2020][Lunsford, 2000]. However, with the overall
increased interest in converting the global society to rely on Green products, the need
for producing Green BTX presents itself, which must be produced from carbon neutral
sources.

Further incentive to produce BTX is that the feed stream may not be restricted to be
pure MeOH. Multiple studies have been conducted regarding the conversion of Ethanol
to BTX, where the conclusion has been that the influence of H2O in the reaction had no
influence on the conversion rate or the product distribution. Since Ethanol and MeOH
are relatively similar this assumption is assumed to also be valid for the MeOH to BTX
conversion.[Hannon et al., 2019] Therefore, since the input stream consists of a mixture of
H2O and MeOH, it may become unnecessary to perform the otherwise energy expensive
distillation needed if MeOH is the desired end product.

Yet, the production of Green BTX must be profitable to achieve market and consumer
interest. Hence, it becomes necessary to conduct a techno-economic analysis between the
most profitable end products, being either MeOH or BTX. To do so the production of
BTX must, similar to the MeOH, be analysed to obtain information about the conversion
rate and energy requirements of such a subsystem. A study done by Na et al. [2018]
investigated the BTX synthesis based on MeOH. A schematic of their subsystem may be
seen in Figure 2.16.
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Figure 2.16: Schematic of the BTX synthesis subsystem, based on Na et al. [2018].

Similar to the MeOH synthesis, a feedback loop is incorporated in order to increase
the product yield. The subsystem consists further of a flash separator and two separators.
The purpose of the flash is to separate the unconverted reactants from the products in
order to recycle them. The first separator, separates the excess H2 from the feedback
stream. The latter excess stream, can be assumed to only consist of H2, from which it
could be recycled back to the MeOH synthesis, since H2 is a valuable reactant. Due to
the feedback loop, there is a concern that the undesired products could accumulate in
this subsystem. To avoid this problem the second separator is implemented. The last
major component in this subsystem is the reactor where different reactors can be utilised.
The production of BTX may be achieved using either fluidised-bed and fixed-bed reactors.
Problems, such as rapid catalyst deactivation due to high temperatures in the fluidised-bed
reactor, and back-mixing of gases and undesired side reactions in the fixed-bed reactor, are
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observed.[Wang et al., 2014] To overcome these problems much research has gone into the
operating conditions and the catalyst used.[Li et al., 2017][Gong et al., 2021]

The catalysts generally used consist of ZSM-5 zeolite, which can be modified with Zinc,
Silver or Gallium, thereby promoting the production of BTX.[Gong et al., 2021] During the
production of BTX, numerous intermediates and other by-products are produced leading
to complex reaction schemes. This has lead to two approaches in the research where the
reactions are either described individually with their respective kinetics or by lumping the
kinetics of similar components, thereby representing a macroscopic reaction scheme.[Wang
et al., 2019][Mihail et al., 1983] By lumping the kinetics, the number of reactions can be
reduced from over 50 reactions to mere 10 reactions, thereby greatly simplifying the pro-
cess.[Mihail et al., 1983]

The reactions chosen to describe the BTX production in the presented study is obtained
from a study by Na et al. [2018], who lumped the kinetics to a total of 13 reactions, which
includes the production of Light Gases, Olefin, Alkanes, Aromatics and Heavy aromatics.
A reaction diagram of these lumped products may be seen in Figure 2.17.

MeOH

Light Gases

Olefin Aromatics

Heavy

Alkanes
Figure 2.17: Reaction diagram of MeOH to Light Gases, Olefin, Heavy, Aromatics and Alkanes.[Na et al.,
2018]

The 13 reactions occurring in the conversion of MeOH are as listed in Table 2.5.

Table 2.5: MeOH conversion to Light Gases, Olefin, Alkanes, Aromatics and Heavy, with corresponding pre-
exponential factors and activation energies. Furthermore, the exponents represent the order of reaction for
the corresponding species.[Na et al., 2018]

Category Reaction AC

h
kmol
kg·h

i
EA

h
kJ

kmol

i

Light Gases 3 [CH3OH]2 ! CO + CO2 + CH4 + 4 H2 5, 804.84 52,616.98
Olefin 3 [CH3OH]2 ! C3H6 + 3 H2O 405.71 22,546.73

Alkanes

2 [C3H6]2 + 3 [H2]0 ! 3 C2H6 2.34

34,357.66
[C3H6]2 + [H2]0 ! C3H8 37.78
4 [C3H6]2 + 3 [H2]0 ! 3 C4H10 98.38
5 [C3H6]2 + 3 [H2]0 ! 3 C5H12 182.51
2 [C3H6]2 + [H2]0 ! C6H14 92.20

Aromatics

2 [C3H6]2 ! C6H6 + 3 H2 89, 598.98

83,317.187 [C3H6]2 ! 3 C7H8 + 9 H2 701, 035.63
8 [C3H6]2 ! 3 C8H10 + 9 H2 1, 392, 565.70
3 [C3H6]2 ! C9H12 + 3 H2 644, 002.22

Heavy
10 [C3H6]2 ! 3 C10H14 + 9 H2 249.52 42,759.35
[C10H14]1 + 2 [H2]0 ! C8H10 + 2 CH4 520.78 93,000.05
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As shown in Figure 2.17 on the previous page and further also in Table 2.5 on the
preceding page MeOH is converted to Light Gases and an Olefin. The Olefin serves as
the reactant for all consecutive Alkanes, Aromatics and Heavy reactions. The Aromatics
include benzene, toluene, xylene and 1,2,4-Trimethylbenzene, denoted C6H6, C7H8, C8H10
and C9H12, respectively. These Aromatics are the desired products, however, in their re-
actions H2 is produced. This increases the amount of H2, which is a reactant for the
production of Alkanes, thereby promoting its production.

The implementation of these reactions will be further discussed in Chapter 4 on
page 59, where the combined system modelling of MeOH to BTX is presented.

Throughout this chapter the different processes and components have been analysed and discussed
from which the actual implementation can be performed. The subsequent chapter will present the
implementation of the dynamic models, whereas Chapter 4 on page 59 will present the implementa-
tion of the steady state models.



Chapter 3

Dynamic Modelling
As previously discussed the CO2 and H2 are acquired from fluctuating sources. The ob-
jective of this chapter is to elaborate on and utilise the knowledge presented in the former
Chapter 2, and thereby perform the modelling of the dynamic processes within the sys-
tem, in order to obtain a steady flow of CO2 and H2. These flows will be used as inputs for
the upcoming Chapter 4 on page 59 regarding the steady state modelling of the remaining
subsystems of the systems. The dynamic modelling consists of four dynamic subsystems,
which are the carbon capture, electrolysis and storage of CO2 and H2. Both the carbon
capture and electrolysis subsystems have fluctuating inputs where the storage tanks are
utilised in order to acquire steady flows, as may be seen in Figure 3.1.

Electrolysis Carbon Capture

Hydrogen Storage Carbon Storage

H2O
⇠

Power
⇠ Flue gas

⇠

H2
⇠

CO2
⇠

H2 CO2

Figure 3.1: Overview of unit operations for H2 and CO2 streams.
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3.1 Carbon Capture

The carbon capture technology, which was outlined in the former Section 2.1, will be pre-
sented in greater detail in the following section. The conceptual carbon capture subsystem
may be seen once again in Figure 3.2 utilising the absorption method with MEA as the
solvent.

Mixer ReactorReactor Flash

S2

Mixer

hej

Absorber/stripper/packed column BTX&MeOH-Dist/TrayBTX&MeOH-Dist/Tray

Valve

Comp

Pump Heat exchanger

Cooler

Fluid/liquid separator

Tank

Comp
Flash

Column 1Column 1 Column 2Column 2 Column 3Column 3 Column 4Column 4

BTX synthesis 
product stream

H2         
CO        

CH4
C2H4

C2H6
CO2

C3H6
C3H8

C4H10
C5H12
C6H14

CH3OH

C6H6
H2O

C7H8
C8H10 C9H12

C10H14

Heater

Absorber
Stripper

Heat Exchanger
Reboiler

Mixer

Flue gas

CO2 rich 
cold

CO2 rich
hot

CO2 lean
hot

CO2 lean
cold

CO2 lean
flue gas

CO2

CondenserH2O

Figure 3.2: Schematic of the carbon capture subsystem, utilising the absorption method with MEA as the
solvent.

In order to model such a subsystem several considerations and investigations must
be made for the individual components, as will be outlined in the following. The mod-
elling of the carbon capture was carried out in the Aspen Plus software, hence some of the
considerations are a necessity caused by the operation of the software. The equation of
state specified for the carbon capture model is the Redlich-Kwong coupled with the elec-
trolyte Non-Random Two Liquid (elec-NRTL) model. This method is suitable for systems
in which non-idealities occur as described in the Aspen Plus software.

A part of modelling such a system is to also determine the dimensions of the compo-
nents. These are known to affect, among others, the fraction of CO2 being absorbed in the
capture process. It was shown in Figure 1.4 on page 6 that the CO2 supply fluctuates. Since
RenoNord combusts both waste- and fossil feedstock it is impossible to determine which
part of the CO2 emission can be considered Green. Therefore, the carbon capture process
could be modelled as a steady state model where the input flow would equal the mean
flow of the CO2 contributed from the waste feedstock. This can be done since RenoNord
also emits CO2 which is produced from the fossil feedstock. Therefore, when the CO2 flow
contributed from the waste feedstock is lower than its mean, the system will still be able
to operate with the same flow rate. I.e, depending on the month some of the captured
CO2 will originate from fossil feedstocks, but the annual consumption would correspond
to the actual CO2 originated from waste feedstock. This is however not desired, since it is
expected that in the future the incineration plants will only be supplied from waste feed-
stocks. Therefore, if the total amount of emitted CO2 originates from waste feedstocks, the
above mentioned method cannot be utilised, and a dynamic system is required.

Due to the fluctuating flow rate of the flue gas the operational conditions as well as the
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required dimensions are expected to differ. In order to account for this, the dimensions
will be determined from the annual mean flow of the CO2 contributed from the waste
feedstock, from which it will be analysed if the desired operation can be maintained by
only varying the solvent flow rate and the energy consumption. If this is not the case,
alternative methods must be considered.

3.1.1 Absorber

The absorber is the component responsible for the absorption of the CO2 present in the flue
gas. Firstly, the type of Aspen Plus unit component must be chosen. Since the chemistry
defined in Section 2.1.3 involves several ions it results in non-ideality of the liquid phase.
In Aspen Plus the RadFrac unit component is able to account for these non-idealities, along
with interphase transfers, chemical reactions etc.[Madeddu et al., 2019]

In the RadFrac unit component different inputs must be specified. Firstly, the Rate-
Based mode is chosen as it is the most common approach for reactive absorption-stripping.
This approach utilises the Lewis and Whitman two-film theory which expresses the mass
transfer across the interface of two stagnant fluids by considering molecular diffusion.

Then, the number of segments is to be decided. In the RadFrac unit component the
modelling of the typically used ideal plug-flow, for this kind of system, is done through the
number of segments. The number of segments represent a series of continuous-stirred tank
reactors which, when approaching infinity, will resemble plug-flow. Hence, a sufficient
number of segments are required to achieve plug-flow. A total of 100 segments were
chosen to be sufficient for both the absorber, and the later described stripper, as reported
by the study done by Madeddu et al. [2019].

Both the absorber and the stripper are packed columns, chosen over the plate ones
because the packing provides a higher contact area and less pressure drop. The chosen
packing for both the columns is Sulzer Mellapak 250Y.

The parameters of the absorber must then be specified in regards to its height, diam-
eter and the lean solvent flow rate. This in done through an investigation of the liquid
temperature and the flue gas composition through the absorber, when varying the above
dimensions. A base size is first established, which is then scaled. The height of this base
size is defined to be 100 m as this is considered to be an infinitely long column. Then the
flow rate and diameter is varied until a 90 wt% CO2 absorption rate is achieved from the
flue gas into the solvent, which is the targeted rate according to Section 2.1. The flow rate
of the flue gas from RenoNord is defined by the CO2 emissions outlined in Chapter 1 and
it was assumed that the only additional species are H2O and N2 [Madeddu et al., 2019].
This resulted in a flue gas composition from RenoNord with CO2 = 0.21, H2O = 0.04
and N2 = 0.75, on mass fraction basis, where the annual mean flow rate is approximately
19 kg/s. With the specified CO2 absorption rate of 90 wt% and the given flue gas compo-
sition the resulting base size has a diameter of 5.53 m and solvent flow rate of 60 kg/s.

The base size solvent flow rate (y) is then linearly scaled by a factor, while the col-
umn diameter and height is iteratively reduced to match the previously defined 90 wt%
CO2 absorption rate. To determine the most suitable dimensions the following Figures
3.3 on the next page and 3.4 on the following page are investigated. Figure 3.3 on the
next page depicts the liquid temperature within the absorber column, with an inlet tem-
perature of 313 K for both the flue gas and liquid. The temperature is influenced by the
chemical reactions, which for the absorption is exothermic, but also by the vaporisation
and condensation of H2O.
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Figure 3.3: Liquid temperature in the absorber column, with varying solvent flow rates and the corresponding
column height, at various distances from the column bottom.

As shown in Figure 3.3 a peak occurs at the top of the column, regardless of solvent
flow rate and the corresponding column height. This peak is mainly due to the lean solvent
entering at the top of the column, i.e. at a relative distance from the bottom equal to 1.
An important consideration for the liquid temperature is that the bulge should have a
relatively uniform gradient until the peak located at a relative distance of 0.95. A uniform
gradient indicates that the absorption reactions occur evenly throughout the reactor. This
is observed not to be the case when the scaling factor falls below 1.1 or exceeds 1.2. This
indicates isothermal regions within the column which is undesired, as it implies low rates
of CO2 transfer. This can also be seen by analysing the molar fraction of CO2 in the flue gas.
The absorption of CO2 in the flue gas occurs either relatively rapidly in the top or bottom
of the absorber for the low- and high solvent flow rate factor, respectively. However, when
the solvent flow rate factor is between 1.1 to 1.2 the absorption of CO2 occurs relative
uniformly throughout the absorber as may be seen in Figure 3.4.
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Figure 3.4: CO2 flue gas composition in the absorber column, with varying solvent flow rates and the corre-
sponding column height, at various distances from the column bottom. The inlet temperature for both the
flue gas and solvent is 313 K.
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Considering the above figures, it is determined that a lean solvent flow rate equal to
1.15 times the base size is a suitable compromise between column height and solvent flow
rate, while simultaneously having only a small isothermal region. The resulting dimen-
sions for the absorber becomes 28.5 m and 3.67 m for the height and diameter, respectively.
With a lean solvent flow rate of 69 kg/s, which is used as the input flow for the stripper.

3.1.2 Stripper

The purpose of the stripper is the opposite of the absorber, meaning the previously cap-
tured CO2 has to be extracted from the now rich solvent. In order to strip the rich solvent
it is heated by a reboiler, as described previously in Section 2.1.3, where the distillation
rate of the stripper is increased until all of the previously absorbed CO2 is released. The
corresponding reboiler duty is 13.87 MW. Unlike the absorber dimensions, the dimensions
of the stripper cannot be determined in the same fashion. This is due to the reboiler being
the sole influence on the reversal of the absorption reactions that occurred in the absorber,
as was reported in Madeddu et al. [2019]. Hence, instead of changing a flow rate, as
was done for the absorber, the liquid temperature profile is investigated only through the
packing height, i.e. height of the column. Lastly, the diameter is determined through the
design specification in Aspen Plus, which defined its value to be 2.07 m.
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Figure 3.5: Liquid temperature in stripper column, with varying column height, at various distances from the
column bottom, with an inlet temperature of 367 K.

As shown in Figure 3.5 when the column height exceeds 3 m an increasingly large
isothermal region appears in the column. Hence, it is without advantage to increase the
height to a value above 3 m. Also, it is common to not have a column height/diameter
ratio equal to or below 1, hence the height of 3 m is used for stripper.[Nittaya et al., 2014]

3.1.3 Additional Components

The conceptual process of the carbon capture subsystem was presented in Figure 3.2 on
page 40, however, additional components are needed in order to run the subsystem. A
short description of the purpose of these additional components will be given in the fol-
lowing.
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After the absorber, a separator is placed with a split fraction of 1 wt%, which is imposed
to remove convergence problems associated with the later presented makeup stream.

Following the separator a pump is placed, which is implemented to increase the pres-
sure of the rich solvent to a value of 5 bar. This is done to raise the vapour pressure of
CO2, as was explained in Section 2.1.3. The value is however higher than the required cho-
sen pressure in the Stripper of 1.8 bar. The additional pressure is only required to avoid
partial vaporisation in the upcoming Heat exchanger, which could result in corrosive acid
breakout.[Madeddu et al., 2019] Then the cold rich solvent enters a counter-current heat
exchanger, where it is heated by utilising the lean solvent exiting the Reboiler of the Strip-
per. The rich solvent is raised to a temperature of 100 �C, as was explained in Section
2.1.3.

The now heated rich solvent is then reduced in pressure through a pressure valve,
since the corrosive acid breakout is no longer of concern and the pressure required for the
Stripper is only 1.8 bar.

After the earlier presented Stripper, the vapour, in the form of CO2 and H2O, enters a
condenser unit. The objective of the condenser is to separate the CO2 from the stream, by
converting the H2O to liquid state. It is essential that the CO2 stream becomes pure, since
any significant content of H2O has undesired influence on the downstream subsystem of
the storage. The performance of the condenser is dependent on the operational condition,
where high pressure and low temperature yield the highest degree of separation, while
not crossing the freezing point of H2O. A sensitivity analysis has been conducted, to inves-
tigate if sufficient separation can be achieved by the condenser. This sensitivity analysis
concluded that a moisture content of 0.1 wt% is acquired at the operational conditions of
5 bar and 5 �C, which is deemed sufficient. In order to achieve this condensation, three
components are incorporated, being a compressor, cooler and flash separator. The vapour
mixture is firstly compressed to the desired pressure and further cooled. After the cooler,
the separation of the CO2 and H2O can be achieved from a flash separator.

Lastly, the cooled and depressurised lean solvent exiting the Stripper, enters a mixer
together with the condensed H2O stream and a makeup stream. The makeup stream is
required to resupply the subsystem with a small proportion of H2O vapour which is lost
through the drain. The newly combined lean solvent flow is slightly cooled to match
the desired inlet stream temperature to the absorber. Following this stream the cycle is
complete and the loop may continue its operation as may be seen in Figure 3.6 on the
facing page.
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Figure 3.6: The carbon capture subsystem with the belonging stream temperature, pressure and mass flow
rate, for the steady state case.

The figure illustrates all the components needed in order to achieve the carbon capture
with the belonging stream temperature, pressure and mass flow rate. The stream proper-
ties are defined for the steady state case, whereas the mass flow rate would differ when the
model is converted into a dynamic model, which will be done in the following subsection.
The dimensions of this carbon capture subsystem, designed for the annual mean CO2 flow
from RenoNord, has the dimensions listed in Table 3.1.

Table 3.1: Parameters of the carbon capture subsystem.

Value Unit
Absorber Diameter 3.62 [m]
Absorber Length 28.50 [m]
Stripper Diameter 2.07 [m]
Stripper Length 3.00 [m]
Solvent flow rate 65.15 [kg/s]
Reboiler duty 13.89 [MW]

3.1.4 Dynamic Carbon Capture

Throughout this section the carbon capture has been dimensioned from the annual mean
flow of CO2. However, since this flow varies on an annular basis, it was expected that the
desired CO2 capture rate of 90 wt% could be maintained, by adjusting the solvent flow rate
and reboiler duty. This has been analysed, where it was determined that the minimum
and maximum variation of the mean flow is approximately 17 wt%. It was concluded that
scaling the solvent flow rate and reboiler duty linearly, the CO2 capture rate of 90 wt%
could be maintained. This may be seen in Figure 3.7 on the following page.
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Figure 3.7: Variation in CO2 molar flow rate and reboiler heat duty throughout a year.

When the subsystem is scaled in accordance to the varying flue gas, then the varying
and hence dynamic carbon capture, can be expressed as shown in Figure 3.7. To achieve
this in a real application the solvent flow rate and reboiler duty must be constantly moni-
tored to maintain a CO2 capture rate of 90 wt%, which could be accomplished by a sensor
that tracks the amount of flue gas and its CO2 content to which the two parameters in the
subsystem should be varied accordingly.

3.2 Storage of Carbon Dioxide

To account for the fluctuating CO2 flow, storage of this is required. This will enable a
constant CO2 flow to enter the MeOH synthesis as desired. As was discussed in Section
2.3.2, the storage will be done as compressed gas, from which a compressor is required.
An overview of the compression and storage process may be seen in Figure. 3.8.
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Figure 3.8: Schematic of storage tank with corresponding compressor and cooler.

From Figure 3.8 it may be seen that a cooler is implemented between the compressor
and the storage tank. This is done to decrease the temperature of the CO2, since the
compressor is assumed to be adiabatic. The operating conditions of the subsystem varies
depending on the physical properties and the desired conditions. The compression is also
assumed to operate with a corresponding isentropic efficiency of 0.74, due to this value
being the default efficiency [Klein and Nellis, 2017]. The cooler is assumed to have no
pressure loss, and ideal cooling to its surroundings.

3.2.1 Storage Tank Analysis

Since the CO2 flow entering the storage tank has been determined from the carbon capture
subsystem, the output of the storage tank can be defined as the mean which may be seen
in Figure 3.9 on the facing page.
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Figure 3.9: Molar flows entering and exiting the CO2 storage tank along with the cumulative moles.

From Figure 3.9 it can be seen that during the summertime, the entering CO2 flow is
reduced and becomes lower than the mean CO2 flow exiting. However, in the autumn
the trend becomes opposite. This is also illustrated in Figure 3.9 where ntot is the total
moles in the storage tank. Throughout the year it may be seen that the total number
of moles becomes less than zero. In order to account for this problem, the storage tank
has been defined to have an initial amount of CO2 such that the total number of moles
does not become negative or zero. However, the change in the total number of moles in
the storage tank directly influences the required power of the compressor as well as the
required cooling. The power of the compressor is defined from the energy balance as may
be seen in Eq. 3.1

dnCO2

dt
· hin +

Ẇrev

h
=

dnCO2

dt
· hout (3.1)

where hin is the specific enthalpy before the compressor, Ẇrev is the power of the compres-
sor with the corresponding isentropic efficiency h and hout is the specific enthalpy after the
compressor. hin is defined from the inlet temperature and pressure, while hout is defined
from the entropy and outlet pressure, due to the assumption of isentropic compression.
However, the outlet pressure is fluctuating and depends on the outlet temperature and the
specific volume of the storage tank. The latter is defined from the volume of the storage
tank and the total number of moles in the storage tank which are defined from a molar
balance, which may be seen in Eq. 3.2.

dntot

dt
=

dnin

dt
� dnout

dt
+ nini (3.2)

Due to the fluctuating inlet flow of CO2, the outlet pressure will also vary, and therefore
so will the power required for the compressor.

From the first law of thermodynamics the cooling can be determined as may be seen
in Eq. 3.3

DQ = DE � DW (3.3)

where E is the total energy. From the above presented equations, the power of the com-
pressor as well as the heat removed in the cooler can be determined. However, these can
be minimised which will be done in the following section.
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3.2.2 Optimisation of Compressor

As discussed, the required power for the compressor is dependent on the outlet pressure
which is defined from the specific volume as may be seen in Eq. 3.4

dns

dt
=

Vtank
dntot

dt

(3.4)

where ns is the specific volume, Vtank is the volume of the tank and ntot is the total moles
in the tank. The greater the value of ns, the larger the pressure becomes and thereby the
required power. Therefore, to reduce the required power the volume of the tank may
be increased. The minimum pressure in the tank throughout the year must however be
considered when defining its volume. If the volume of the tank is increased too much
the pressure will approach a vacuum, if the initial moles in the tank is not adjusted as
well. In the upcoming chapter it has been determined from optimisation that the pressure
in the MeOH synthesis must be 32 bar. If the minimum pressure in the tank is greater
than the 32 bar, the pressure can be used as the driving force of the molar flow, assuming
no pressure loss. Therefore, the volume has been constrained by a minimum pressure in
the tank of 32 bar. Furthermore, the inlet conditions for the compressor equals the outlet
conditions from the carbon capture subsystem, where the outlet temperature and pressure
are 5 �C and 5 bar, respectively. However, in Section 2.3 the saturation pressure as function
of the temperature for CO2 was analysed. At 5 �C the corresponding saturation pressure
is approximately 40 bar, which depending on the season and volume of the tank, could
be exceeded. Therefore, the CO2 is heated to 25 �C before entering the compressor since
this is the inlet temperature for the MeOH synthesis and this corresponds to a saturation
pressure of approximately 64 bar, which was not violated. The monthly variation in the
required compressor power for various storage volumes may be seen in Figure 3.10.
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Figure 3.10: Compressor power as function of the months at different tank volumes, with a minimum pressure
in the tank at 32 bar.

From Figure 3.10 it may be seen that when the volume increases the required compres-
sor power decreases. This occurs since the power of the compressors are affected by the
pressure which varies depending on the volume. Therefore with a larger tank volume,
the influence of the inlet- and outlet molar flows, have less of an influence towards the
pressure. It can be concluded that the larger the tank volume is, the less power is required
from the compressor, however, physical aspects must also be taken into consideration. Un-
derground pressure tanks are known to be build up to 100 m3 [Nordic, 2021]. The relative
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difference in compressor power between 50 m3 and 100 m3 could be assumed negligible,
from which there is no incentive to investigate larger storage tanks, hence the volume of
the storage tank is chosen to be 100 m3.

Another approach to minimise the required power of the compressor is to apply mul-
tiple compression stages. This is done since a smaller temperature difference between the
inlet and outlet of the compressor reduces the rate of entropy generation, and thereby the
required power [Klein and Nellis, 2017]. In order to apply this, the pressure ratio for each
compression is assumed to be alike as seen in Eq. 3.5

PRstage = PR
1
N
tot (3.5)

where PRstage is the pressure ratio for each stage dependent on the number of stages N,
and PRtot is the total pressure ratio defined as in Eq. 3.6

PRtot =
Pout

Pini
(3.6)

where Pout is the outlet pressure after the last compressor, and Pini is the initial pressure.
The inlet pressure for each compression can therefore be determined from Eq. 3.7.

Pin,i = Pini · PRi-1
stage for i = 1..N (3.7)

Furthermore, the outlet pressure for each compression can be determined from Eq. 3.8.

Pout,i = Pini · PRi
stage for i = 1..N (3.8)

Lastly the temperature at the inlet of each compressor is constrained to be equal, to repli-
cate an isothermal compression. The effect of multiple compression stages may be seen in
Figure 3.11 where N denotes the number of compressors.
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Figure 3.11: Total compressor power for CO2 as function of months with different number of compression
stages, for a tank volume of 100 m3.

From Figure 3.11 it may be seen that the required power decays exponentially with an
increased number of compression stages. In order to determine the number of compres-
sion stages, the CAPEX of this process should be taken into account. At some point the
savings in power is no longer feasible compared to the CAPEX, however, the CAPEX is
not known, hence the relative power reduction is required to be analysed. The relative
power reduction when increasing the stages by one is approximately 11.5 %, 4.3 %, 2.3 %
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and 1.4 %, respectively from one to five. The relative change between four and five stages
is assumed infeasible with respect to the savings contrary to the CAPEX, from which 4
stage compression is chosen. The compression process of CO2 may be seen in Figure 3.12
with the corresponding pressure and temperature based on a yearly mean CO2 input. The
temperature and pressure are shown in order to indicate the range for each compressor
and cooler.
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Figure 3.12: Compression and storage of CO2 with 4 compression stages and coolers. The corresponding
temperatures and pressures are based on a yearly mean input.

With the subsystem given in Figure 3.12 the fluctuating CO2 can be converted into a
steady flow entering the MeOH synthesis with the desired pressure and temperature.

3.3 Electrolysis

Similar to the carbon capture, the input for the electrolysis is also fluctuating. The CO2 is
however the limiting reactant in the MeOH synthesis, from which the electrolysis is sized
accordingly. The mean flow of H2 exiting the storage tank is therefore determined from an
optimisation of the MeOH synthesis process done in the following chapter 4 on page 59.
With the mean flow known, the objective of this modelling is therefore to determine the
size of the electrolysis subsystem in order to supply this mean flow. In order for the MeOH
to be classified as being Green, all of the required energy of the system must be acquired
from renewable sources.

It is of interest to place wind turbines and PV panels on site to supply the system. The
electrolysis is known to be one of the processes with the highest energy consumption in
such a system [GreenLab, 2021]. Due to the size of the system investigated in the presented
study, it is assumed to be unrealistic that onsite wind turbines and PV panels will be able
to supply the total energy requirement of the entire system. The electricity generated
by these renewable energy sources are known to fluctuate, hence making them suitable
suppliers for the electrolysis, due to its storage capabilities. Contrary, the other processes
requires a steady energy contribution, which must be contributed from external sources. It
is therefore of interest to determine the power consumption of the electrolysis subsystem
in order to estimate the required number of wind turbines and PV panels.

As discussed in Section 2.2, the electrolyser is based on a study by Sánchez et al. [2018],
with an approximately 10 kW bench scale system. This model has been scaled linearly to
meet the required H2 flow rate for the MeOH synthesis. Results acquired from bench
scaled systems are known not always to be representative for large scaled systems, from
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which the obtained results will be further discussed. The study has been validated in the
temperature range of 20 �C to 80 �C where it was previously discussed that the electrolyser
should be operated at relatively high temperatures in order to decrease the cooling. The
upper limit of what has been validated is therefore chosen, being 80 �C. The mean flow of
the H2 is used to define the size of the system where the current is defined to be 0.42 A,
from which the corresponding cell voltage and Faraday’s efficiency can be estimated. The
area (A) of a cell is defined to be 0.1 m2, which is equal to the study by Sánchez et al.
[2018], from which the corresponding number of cells can be determined. These values
may be seen in Table 3.2.

Table 3.2: Independent- and dependent values for the electrolyser.

Parameter Value Unit
nH2 0.2152 [kmol/s]
I 0.42 [A]
A 0.10 [m2]
Vcell 2.01 [V]
hF 0.94 [-]
Ncells 104,822 [-]
Ẇelec 88.45 [MW]
Q̇cool 22.38 [MW]

As seen from Table 3.2 the corresponding required power is defined, which is used to
determine the required number of wind turbines and PV panels. However, before these
are determined it is of interest to analyse if the required power is representative for an
upscaled plant. The plant located in Skive, which was discussed in Chapter 1, also utilises
electrolysis where its corresponding molar flow rate is approximately 7.81 times less, with
a corresponding power of 10 MW. If this electrolysis subsystem was to be upscaled, the
corresponding required power would be approximately 13 % less than what is defined in
Table 3.2. This was expected since the study by Sánchez et al. [2018] is based on a bench
scale system. However, the relative difference is assumed to be acceptable from which it
is known that the OPEX could be reduced if better information regarding a commercial
electrolyser was given.

3.3.1 Wind Turbines and Photovoltaic Panels

With the mean power known for the electrolyser, the required number of wind turbines
and PV panels can be estimated. In Section 1.4.2 the average daily wind speed was dis-
cussed as well as the power generation for a 4.2 MW turbine. It was determined that the
power generation is affected by the wind speed raised to the power of three from which
an averaging of the wind speed will be unrepresentative of the actual power production.
The average power generation of the 4.2 MW turbine can be determined from the average
daily wind speed which equals 0.448 MW, corresponding to approximately 10 % of the
rated capacity. Contrary, the relative difference between the generated power and actual
rated capacity in Denmark for onshore wind turbines is at least twice as large, which may
be seen in Figure 3.13 on the next page. [Denmark, 2021].
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Figure 3.13: Relative difference of generated power and capacity for onshore wind turbines in Denmark
throughout the last decade.

From Figure 3.13 it may be seen that the generated power compared to the capacity
has increased throughout the last decade. If the past half decade is analysed the ratio is
approximately constant at 25 %, from which the model output is corrected to this value,
instead of 10 %, as may be seen in Figure 3.14.
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Figure 3.14: Generated power of a 4.2 MW wind turbine as function of months.

From Figure 3.14 it may now be seen that the annual average generated power is scaled.
However, PV panels are also desired to be utilised to supply the electrolysis. In Section
1.4.3 the solar irradiance throughout the year was defined as well as the correlation be-
tween the generated power and the solar irradiance. The generated power is proportional
to the solar irradiance, the area- and efficiency of the cell. The efficiency of the cell is known
to differ dependent on the specific type of PV panels. However, due the technological de-
velopment the different efficiencies have become relatively alike and also with a greater
value. Third generation PV panels show promising efficiencies of up to 38 %, however,
these are yet to be commercialised.[Sharma et al., 2021] The efficiencies of commercialised
PV panels are approximately 20 % to 22 % [CleanEnergyReviews, 2021]. Assuming an ef-
ficiency of 22 % the generated power per unit area may be seen in Figure 3.15 on the next
page.
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Figure 3.15: Mean- and variation of generated power per unit area for the PV panels.

With the power generation known, for both a 4.2 MW wind turbine and PV panels
per m2 over a year, the available power to be generated can be estimated based on the
quantities of each. It is of interest to have the wind turbines and PV panels on site,
however, in order to determine if it is possible, the surrounding grounds must be analysed.
There are different aspects which requires to be accounted for when installing both wind
turbines and PV panels. Some of these are with respect to the optimal operating conditions
while others are socioeconomic aspects. Figure 3.16 highlights the surrounding grounds,
where the red ground represents RenoNord, the blue- and green grounds are municipal
properties and the yellow grounds are private properties.

Figure 3.16: Surrounding grounds of RenoNord, where the red ground represents RenoNord, the blue- and
green grounds are municipal properties and the yellow grounds are private properties [Geostyrelsen, 2021].

The blue area consist of three grounds with a total area of 83,784 m2 where the green
area consist of eight grounds with a total area of 180,749 m2. The Green industrial park
located in Skive, which was mentioned in Chapter 1, make up an area of 69,000 m2 which
consist of the MeOH plant, a waste handling facility, a biogas plant, Quantafuel’s plant, an
electrolysis plant and excess space. The blue area is therefore reserved for the construction
of the different subsystems, which leaves the green area as the only nearby available area
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for the wind turbines and PV panels. However, wind turbines must be placed with a
certain distance between each other and the ground area is relatively small, from which
it could be assumed that against payment, the wind turbines could be placed on the
surrounding private grounds. The green area is therefore only used for the PV panels.
In order to place the wind turbines on the surrounding private grounds, several laws must
be taken into account which may be seen in the following:

• The municipal plan in Aalborg restricts the noise from the wind turbines to be a max-
imum of 37 dB at the nearby housing [Kommune, 2021a], which requires a distance
of approximately 500 m [Europe, 2020].

• The distance between the wind turbine and the nearby housing must be no less than
four times the total height of the wind turbine.

• The distance between the wind turbine and public roads or railroads must be 250 m
or 1.7 times of the total height.

• The distance between the wind turbine and a high voltage power line must be at
least the distance of the total height of the wind turbine.[Kommune, 2021b]

The surrounding grounds with the noise- and high voltage power line constrains imple-
mented may be seen in Figure 3.17.

Figure 3.17: Surrounding grounds to RenoNord, where a high voltage power line as well as the surrounding
houses are illustrated.

The red ground represents RenoNord, the blue- and green grounds are municipal
properties and the yellow grounds are private properties. The orange dots are nearby
houses where the faded orange circles represent the corresponding 500 m radius. The
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grey dots are high voltage towers and the grey lines between are the high voltage power
lines, the faded grey circles represent the corresponding 200 m radius [Vestas, 2020]. Due
to the nearby houses and the high voltage power line, it is not possible to place any
wind turbines on site. However, further east of RenoNord it should be possible to place
wind turbines since the geographical population decreases. It was determined that a wind
turbine with a capacity of 4.2 MW has a annual average generated power of approximately
1 MW, from which it would require approximately 84 wind turbines since the PV panels
has a generated power of approximately 5.3 MW to supply just the electrolyser. This
would be an unrealistic one-time investment to make, however, it is shortly analysed what
a realistic number of wind turbines would be. The remaining power will therefore be
supplied by the grid, which must also be produced from renewable energy sources to
maintain the classification of Green products.

The industrial park located in Skive has 13 wind turbines on site where the molar flow
of the H2, produced by the electrolyser, is approximately eight times less, indicating that
an investment of more than 13 wind turbines would be realistic for the present system.
However, the geographical population surrounding Aalborg municipal is relatively high
from which a relatively big wind turbine park could become difficult to establish. Without
conducting a further analysis, 20 wind turbines are assumed to be a suitable number, due
to the complications which occur from the geographical population and the corresponding
socioeconomic dilemmas. The total installed wind capacity is therefore 84 MW where the
total actual power is approximately 21.01 MW. The total installed PV capacity is 9.54 MW
where the total actual power output is approximately 5.32 MW.

3.3.2 Storage of Hydrogen

The entire ground surrounding RenoNord, marked in green, is used to install PV panels,
and further 20 4.2 MW wind turbines are installed as well. This leads to an approximate
annual mean power of 62.13 MW being required from the grid. The annual average dis-
tribution of the supplied power is therefore 6.0 %, 23.8 % and 70.2 % for the PV panels,
wind turbines and the grid, respectively. The corresponding H2 molar flow, produced
depending on these energy sources, may be seen in Figure 3.18.
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Figure 3.18: Molar flow entering and exiting the H2 storage tank along with the cumulative moles.

From Figure 3.18 the molar flow of H2 exiting the storage tank may be seen as well as
the accumulative number of H2 moles within. Similar to the previously described storage
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of CO2, an increased volume of the H2 storage tank can also reduce the required power
from the compressor. A volume has been fixed at 100 m3 identical to the CO2 storage
tank. The influence of multiple compression stages may be seen in Figure 3.19, where
the corresponding total compressor power is illustrated. While the CO2 flow exiting the
carbon capture was heated before entering the first compressor, the H2 flow exiting the
electrolysis is not. The operating conditions for the electrolyser is as earlier mentioned
80 �C and 7 bar, which would also be the exiting conditions for the H2 flow, if separation
was not needed. The H2 stream exiting the electrolyser also contains H2O, which needs
to be separated. This is done in a flash separator, however, in order to achieve an almost
ideal separation, the temperature is lowered to 25 �C whereas the pressure is maintained
at 7 bar. These two latter conditions become the inlet conditions for first compressor.
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Figure 3.19: Total compressor power for H2 as function of months with different number of compression
stages, at a tank volume of 100 m3.

Similar to the total compressor power for the CO2 flow, the total compressor power for
the H2 flow decays exponentially as the compressor stages increase. In order to determine
the number of compression stages, the CAPEX of this process should be taken into account,
which was also done for the CO2 storage. The relative power reduction when increasing
the stages by one is approximately 10.8 %, 3.7 %, 1.8 % and 1.1 %, respectively from one
stage to five. The relative change between four and five is assumed infeasible with respect
to the energy savings contrary to the CAPEX, from which four stage compression is chosen.
The total compressor power for the H2 is larger than the power required for the CO2
compression, which is among others due to the difference in flow rate. The compression
process of H2 may be seen in Figure 3.20 on the next page with the corresponding pressure
and temperature based on a yearly mean H2 input. The temperature and pressure are
shown in order to approximate the range for each compressor and cooler.
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Figure 3.20: Compression and storage of H2 with 4 compression stages and coolers. The corresponding
temperatures and pressures are based on a yearly mean input.

Throughout this chapter the dynamic aspects regarding the carbon capture and electrolysis have
been defined, from which storage tanks are utilised to convert the fluctuating flows of CO2 and
H2 into constant flows. The outputs from the storage tanks will be used as input for the MeOH
synthesis in the following Chapter 4 on page 59.
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Chapter 4

Steady State Modelling
From the previous chapter, the fluctuating flows of CO2 and H2 have, by means of storage,
been converted into steady state flows which are desired for the following processes, which
is the MeOH synthesis and the subsequent subsystems. The steady state inputs are desired
to avoid partial loading which entails a reduced efficiency.

4.1 Methanol Synthesis

The objective of the MeOH synthesis is to determine the liquid flow exiting the flash sep-
aration, where the inputs for this subsystem are CO2 and H2. In order to acquire valid
results, a representative equation of state must be chosen. Due to the relatively high pres-
sures used in the MeOH synthesis, which will be the outcome of this model, the Redlich-
Kwong-Soave equation of state with a modified Huron-Vidal mixing rule (RKSMHV) is
chosen. The Peng-Robinson equation of state with a modified Huron-Vidal mixing rule
could also have been utilised, however, the study done by [Ghanbari et al., 2017] investi-
gated the difference between both equations of states, yet, without the modified mixing
rule. They concluded the use of the Redlich-Kwong-Soave equation of state should be
chosen if modification to the equation of state is done, which is the case for the presented
study.

The molar flow of CO2 is the limiting reactant and is determined from the carbon
capture whereas the molar flow of H2 is adjusted to optimise the MeOH yield. From the
molar flow of H2, the corresponding electrolysis subsystem and size of the H2 storage was
defined. A schematic of the MeOH synthesis can be seen in Figure 4.1 on the next page.
As was discussed in section 2.4 the subsystem consists of a reactor where pure CO2 and H2
enters along with the gases from the feedback-loop. The gases exiting the reactor enters a
flash separator in order to separate the products from unconverted reactants. Additionally,
a separator is implemented to avoid accumulation of unwanted products.

59
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Figure 4.1: Schematic of the MeOH synthesis subsystem.

It may be seen that the subsystem does not contain any components which adjusts the
pressure or temperature. These operation conditions will however be determined trough
an optimisation.

4.1.1 Optimisation of Methanol Production

Optimisation is a tool which estimates an optimum depending on the variables and con-
straints. The variables, which affect the optimum MeOH molar flow exiting the flash
separator, are the ratio of H2 to CO2, the size of the reactor, temperatures and pressures.
The OPEX could also have been included, to account for the change in cost compared to
the change in the molar flow of MeOH. This cost would include the costs associated with
utility and the production of H2. This will however not be included in order to simplify
the optimisation. In addition, this optimisation does not include any influence of CAPEX.
Even with relatively few variables, the complexity of the optimisation is relatively large.
To ease the convergence, good initial values are needed.

The size of the reactor are based on the supplied molar flow of CO2 and a study done
by Bussche and Froment [1996]. Given their dimensions and CO2 molar flow, scaling
can be performed. Since their reactor length and diameter are known, a ratio between
them can be defined as L/D = 9.49, from which the corresponding reactor volume can be
determined. The CO2 molar flow of the presented study is much greater than in Bussche
and Froment [1996], being approximately 4.3e+6 times larger, where the reactor volume is
scaled by the same quantity. From the L/D ratio and CO2 molar flow, the initial length
and diameter can be determined as may be seen in Table 4.1 on the facing page. In order
to further reduce the complexity of the optimisation, boundaries are applied which may
also be seen in Table 4.1 on the next page.

In order to determine the H2 molar flow, a starting point is to analyse the reactions
given in Section 2.4. It may be seen that the hydrogenation of one mole CO2 requires three
moles H2 to form one mole MeOH. However, this ratio is constrained to the input of this
subsystem, but since a feedback-loop is incorporated this will affect the supplied H2 molar
flow. Essentially, the kinetics indirectly determine the optimum supplied H2 molar flow,
however, as an initial value the molar flow is defined to be three times larger than the CO2
molar flow, corresponding to the stoichiometric balance, as may be seen in Table 4.1 on the
facing page with the associated boundaries.

From Section 2.4 it is known that both the reactor and flash separator are temperature
and pressure dependent. From the study done by Bussche and Froment [1996], it is known
that the kinetics have been validated in the temperature range of 180 �C to 280 �C, which



4.1. Methanol Synthesis 61

defines the boundaries whereas the initial value is defined as the median. With respect to
the pressure, only the upper boundary has been defined from the study, which is 51 bar.
The lower boundary is defined to be 10 bar, and the initial value is defined to be the
median, which may be seen in Table 4.1. From Section 2.4 it was determined that the
operation of the flash separator is determined from the chemical potentials. Since the
objective is to optimise the MeOH flow exiting the MeOH synthesis, it is desired to attain
a high pressure in the flash separator since this increases the evaporation temperature.
Additionally, the temperature is desired to be maintained relatively low. The boundaries
for the temperature of the flash separator are defined to be 30 �C to 90 �C and the initial
value is defined by the median as may be seen in Table 4.1.

Table 4.1: Initial values and associated boundary values.

Initial value Lower value Upper value Unit
CO2 molar flow 0.0816 - - kmol/s
H2 molar flow 0.2448 0.1 0.6 kmol/s
Length 24.3 3.0 30.0 m
Diameter 1.3 1.0 3.0 m
Reactor inlet temperature 230.0 180.0 280.0 �C
Reactor inlet pressure 25.5 10.0 51.0 bar
Flash separator temperature 60.0 30.0 90.0 �C
Flash separator pressure 25.5 10.0 51.0 bar

With the initial values and boundaries defined the optimisation can be performed. The
optimisation is based on the Sequential Quadratic Programming (SQP) algorithm. With the
objective function being to optimise the liquid MeOH molar flow, the resulting operational
conditions may be seen in Figure 4.2.
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Figure 4.2: Process diagram of the MeOH synthesis subsystem with the corresponding temperatures, pres-
sures and mass flow rate.

In Figure 4.2, additional components have been implemented compared to the
schematic shown in Figure 4.1 on the preceding page, in order to reach the optimised
temperatures and pressures in the subsystem. These components includes a heater, two
compressors and a cooler. The Heater heats the reactants to a temperature of 208.0 �C prior
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to the Reactor. The Reactor is defined as being adiabatic from which it can be seen that
the temperature has increased to 244.0 �C. Additionally the pressure drops throughout the
reactor from 32.0 bar to 25.6 bar. Since the optimised operational conditions for the Flash
separator is 30 bar and 30 �C, both compression and cooling of this stream is required.
The pressure is increased in the first compressor and the temperature is decreased in the
Cooler. Since the output of the Reactor needs to be cooled and the input heated, a heat
exchanger could be implemented to reduce the OPEX. This will be further analysed in the
following Chapter 5 on page 89. The optimum pressure of the reactor is 32.0 bar, while the
pressure of the recirculated gases are 30 bar. As such a second compressor is implemented
to increase the pressure of the gases by 2 bar.

The resulting molar flow of H2 from the optimisation yields a reduction compared to its
initial value. The initial value corresponded to a molar flow three times larger compared
to CO2, however, the final value corresponds to approximately 2.6. The optimum molar
flow of H2 becomes 0.2152 kmol/s which is used to define the size of the electrolyser.
Lastly the dimensions of the reactor have been determined by the optimisation to be 2.1 m
and 6.46 m for its diameter and length, respectively. The associated conversion rates may
be seen in Figure 4.3 as function of the reactor length. Furthermore, the corresponding
gradients are also illustrated.
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Figure 4.3: The MeOH synthesis conversion rates and conversion gradients, with a diameter of 2.1 m.

From the molar fractions it may be seen that the H2 is the dominating species, which
was to be expected due to its flow being approximately 2.6 larger than the CO2. Also,
the molar composition of MeOH, H2O and CO increases as expected while H2 and CO2
decreases, which may be seen from the gradients. From the gradients it may also be seen
that the largest conversion rates occur within the first meter of the reactor, whereas they all
approach zero somewhere between 4 m to 5 m downstream. The reason why the reactor
length has been optimised to be above 6 m and not somewhere in between 4 m to 5 m, is
due to lack of variables in the optimisation algorithm. If the CAPEX of the reactor was to be
included in this optimisation, it is expected that the optimum length would be closer to the
point where the gradients approach zero. The difference in MeOH production depending
on the reactor length being approximately 4.5 m or 6.46 m is assumed to be insignificant,
compared to the costs of extending the reactor. If the reactor length is reduced to 4 m the
reduction of the MeOH molar flow exiting the flash separator is approximately 0.02 mol%,
from which this length is chosen to reduce the CAPEX. Furthermore, the pressure loss
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is also reduced by approximately 2.9 bar which lowers the costs of the compressor. The
resulting values of the optimisation algorithm are shown in Table 4.2.

Table 4.2: Final values for the MeOH synthesis optimisation.

Initial value Optimised value Unit
CO2 molar flow 0.0816 0.0816 kmol/s
H2 molar flow 0.2448 0.2152 kmol/s
Length 24.3 4.0 m
Diameter 1.3 2.1 m
Reactor inlet temperature 230.0 208.0 �C
Reactor inlet pressure 25.5 32.0 bar
Flash separator temperature 60.0 30.0 �C
Flash separator pressure 25.5 30.0 bar

Applying the resulting values of the optimisation, the corresponding liquid composi-
tion of the mixture exiting the flash separator may be seen in Table 4.3.

Table 4.3: Mass fraction and mass flow of the liquid output from the flash separator.

Species Mass fraction [%] Mass flow [kg/s]
MeOH 57.29 2.27
H2O 32.42 1.28
H2 0.04 1.57e-3
CO2 10.11 0.40
CO 0.20 5.32e-3

It may be seen from Table 4.3 that some of the gases remain dissolved in the liquid
in the output of the flash separator, which might be undesired in the downstream unit
operations. The gas and H2O content must be separated if the end product is commercial
Green MeOH, which has a purity requirement of 99.85 wt%. This may however not be
necessary if the objective is to produce BTX, since H2O, H2, CO2 and CO are all byproducts
in the BTX synthesis, as earlier presented in Section 2.6. This results in two different
downstream subsystems which will be presented and modelled in the following sections.

4.2 Separation of Methanol

In the first subsystem the subsequent key component to the reactor is the distillation col-
umn which separates the MeOH-H2O solution, when the desired end product is Green
MeOH. The relative volatility is the driving factor in the distillation technique, whereas
the gases presented in Table 4.3 will end up in the distillate stream. This is undesired
since the MeOH is the lighter species in the binary MeOH-H2O solution, hence the ma-
jority of the MeOH ends up in the distillate stream. This leads to a choice between either
degassing the mixture prior to the liquid-liquid distillation column or from the distillate
stream containing the MeOH and gases. However, in order to perform the procedure
for distilling the binary MeOH-H2O solution, as presented in Section 2.5.3, the degassing
process must take place prior to the distillation column.

A suitable equation of state must be chosen in order to produce valid results. The
non-random two-liquid (NRTL) equation of state is chosen for this analysis and the re-
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maining processes presented in this section. This is due to the relatively low pressures
used throughout this section, making it the suitable approach according to the Aspen Plus
software.

4.2.1 Degassing of Liquid Phase

The gases are dissolved in the liquid, however, they can be released by changing the
temperature and pressure. The pressure influences the maximum number of moles of gas
that can be dissolved in the mixture, which is defined by Henry’s law presented in Eq. 4.1

HC =
pg

x
(4.1)

where HC is the Henry’s constant and pg is the partial pressure of the specific gas. Henry’s
law states that the maximum number of moles of gas dissolved in the mixture is propor-
tional to the partial pressure. Additionally, the Henry’s constant is temperature depen-
dent and the Henry’s constants for CO, CO2 and H2 all increase as temperature increases.
Hence, the expected outcome is that the performance of the degassing process is enhanced
at decreased pressure and elevated temperature. An investigation has been conducted to
determine if the degassing process is sufficient by simply applying these operational con-
ditions, which is carried out by feeding the stream into a flash separator. The pressure
of the liquid exiting the MeOH synthesis is 30 bar whereas the desired pressure region
for the degassing process is relatively low. The operational conditions of the consecutive
liquid-liquid distillation column with respect to the pressure is 1.1 bar. The pressure of
the degassing process is therefore varied from 5 bar to 1 bar. The temperature of the liquid
exiting the MeOH synthesis is 30 �C whereas the feed stream for the distillation process is
desired to retain its liquid state, where an estimated boiling point for the mixture is 70 �C
at standard pressure. The temperature of the degassing process is therefore varied from
30 �C to 60 �C. The results of this analysis may be seen in Figure 4.4.
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Figure 4.4: The mass fraction of the dissolved gases are denoted Gas and the MeOH recovery is denote Rec.,
at different temperatures as function of pressure.

From figure 4.4 it becomes evident that manipulating the operational conditions of
the flash separator decreases the amount of dissolved gases, however, this comes at the
expense of MeOH recovery. At the operational conditions of 1 bar and 60 �C the content of
dissolved gases is approximately 0.61 wt%. The separation remains insufficient, due to the
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impurity tolerance of the pure MeOH being 0.15 wt%. From the relation that this process
comes at the expense of MeOH recovery, it is obvious that a more complex separation
method is required. Such a method could be the fractional distillation technique.

The distillation is performed in the Aspen Plus software of which three unit compo-
nents are available, named DSTWU, Distl and RadFrac. Both the DSTWU and Distl units
are known as simple unit components, since they require relatively few inputs from the
user. The DSTWU unit component is typically used in designing of the distillation col-
umn. It estimates either the minimum reflux ratio or the number of plates, by defining
one of these. This unit component additionally calculates the optimum feed plate location,
as well as condenser- and reboiler duty. The Distl unit component estimates condenser-
and reboiler duties, which requires the number of plates, reflux ratio and overhead prod-
uct rate to be defined. Both of these units are however not suited, due to the non-ideal
characteristics of the mixture [Miroshnichenko and Vrabec, 2015] [Corsaro et al., 2018].

The RadFrac unit component is, compared to the other units, a more rigorous model,
which requires additional input specifications [Aspen Technology, 2000]. In addition to the
number of plates and reflux ratio, the RadFrac unit component also requires specifications
for bottoms rate, feed plate location, plate spacing and column diameter. The number of
plates, reflux ratio and feed plate location all influence the performance of the distillation
column. The number of plates is associated with the CAPEX of the column whereas the
reflux ratio influences the OPEX. This results in the necessity of an optimum study to find
the most feasible combination, as will be presented in Section 4.2.2 on page 69.

The determination of optimum feed plate location is also essential in the designing
of distillation columns, due to its influence on the performance of the column, where a
non-ideal location results in increased boiling and condensing duties [Taqvi et al., 2016].
In contrary to the design process for a binary solution, presented in Section 2.5.3, this
mixture consists of multiple species of which the McCabe-Thiele method is not applicable.
Column designing for a multi-species mixture is a known issue, where a study done by
Labarta [2001] have developed more sophisticated models to overcome this challenge. An
alternative to performing these models is to make an optimisation study in Aspen Plus.
Taqvi et al. [2016] conducted an optimisation of the reboiler duty, where multiple param-
eters such as feed plate location and number of plates were included. They implemented
this into Aspen Plus with predefined specifications such as reflux ratio and purity require-
ment. The distillation column presented in this section is coupled to a subsystem where
the bottom product is transported to an additional distillation column. This results in an
increased complexity if the previously mentioned algorithm is applied.

Due to these complications a simplification has been applied of which only the boil-
up ratio is varied and as such a sensitivity analysis has been performed. The boil-up
ratio is equivalent to the reflux ratio, but it concerns the bottom product instead of the
distillate stream. The boil-up ratio is investigated since the MeOH will accumulate in
the bottom stream. If the number of plates are specified to be three, the feed location is
not required to be analysed, since plate No. one and three represent the condenser and
reboiler, respectively. The feed stream is defined according to Table 4.3 on page 63, where
the temperature is equal to the output of the MeOH synthesis, being 30 �C. The distillation
column is known to operate within the boiling points of the involved species. This results
in a preliminary investigation regarding the influence of the temperature of the feed stream
to the performance of the column. This investigation showed that the temperature had no
significant influence, hence heating or cooling prior to the distillation column will not be
done, neither for the degassing- nor the following liquid-liquid distillation. The pressure
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is defined as 1.1 bar, which is the common operation pressure when distilling a MeOH-
H2O solution, as presented in Section 2.5.1. Additionally, the rate of the bottom product
is specified to be 3.55 kg/s corresponding to the sum of the MeOH- and H2O flow from
Table 4.3 on page 63. By fixating the bottom rate, the condenser- and reboiler duties will
be determined by Aspen Plus according to the varied boil-up ratio.

The determination of the mechanical design is, similar to the process design, compli-
cated for a multi-species mixture. The determination of mixture properties such as: den-
sity, viscosity and surface tension is complicated when the mass fraction of each species is
unknown throughout the column. This leads to the necessity of designing the distillation
column by utilising the Aspen Plus software. Aspen Plus has an implemented function
which constructs a hydraulic plot. The hydraulic plot concerns the factors presented in the
mechanical design in Section 2.5.3, where the factors differ if the internals of the distilla-
tion column are plates or packing. A suitable diameter is chosen from the hydraulic plot in
order to satisfy efficient operation of the distillation column. The hydraulic plot changes
depending on the vapour- and liquid flow rates throughout the distillation column of
which the determination of the column diameter becomes an iterative process depend-
ing on the individual boil-up ratio value. In order to properly explain the procedure of
determining the diameter from the hydraulic plot, the following hydraulic plots are gen-
erated from the optimal boil-up ratio determined by the currently investigated sensitivity
analysis.

For plate columns, the diameter is determined from the maximum vapour mass flow,
also known as flooding. However, a safety factor is applied, generally specified to 80 %,
from which the minimum allowable diameter is defined.

The hydraulic plot for the plate column is shown in Figure 4.5.
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Figure 4.5: Hydraulic plot for plate column.

In addition to the allowable vapour mass flow, the factors: 0 % weep, constant V/L,
minimum- and maximum weir load are all included in Figure 4.5. Weeping occurs when
the vapour mass flow is insufficient at keeping the liquid from weeping through the holes
in the plate which is undesired. The minimum- and maximum weir load refer to the
liquid level on the plate, due to frictional forces and it defines the operating range of
the liquid mass flow. If the liquid mass flow rate is insufficient, the liquid will not flow
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throughout the column properly and if the liquid mass flow exceeds the maximum, the
vapour will not be able to sufficiently travel through the liquid. As such the actual liquid-
and vapour mass flow rate must be within these boundaries. If these criteria are fulfilled
the diameter does not influence the performance of the distillation column. This is shown
by the Constant V/L line in Figure 4.5 on the facing page, which represents the liquid- and
vapour velocity. The operating point will as such be somewhere on the Constant V/L line,
where the CAPEX will be reduced, when the operating point approaches the minimum
allowable diameter. From the hydraulic plot shown in Figure 4.5 on the preceding page,
the minimum allowable diameter is indirectly determined to be 0.92 m.

As previously discussed, both the diameter for the plate- and packed column must be
determined. With respect to the packed column the primary factor in the hydraulic plot is
the pressure drop, as shown in Figure 4.6.
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Figure 4.6: Hydraulic plot for packed column.

As earlier presented in Section 2.5.3, the allowable pressure drop range is within
0.08 kPa/m to 0.8 kPa/m, corresponding to Min. pressure drop and Max. pressure drop
in Figure 4.6, respectively. Additionally, the liquid mass flow rate must be larger than the
minimum value, also shown in Figure 4.6. The minimum allowable diameter is estimated
from the Constant V/L line when it intersects with the maximum allowable pressure drop,
which indirectly yields a diameter of 0.81 m.

As previously discussed in Section 2.5.3, the diameter must be greater than 1 m for
the plate column to be considered. However, the plate column diameter was determined
to be 0.92 m, hence the packed column will be used, with a diameter of 0.81 m. In order
to conduct the sensitivity analysis, regarding the boil-up ratio, the column diameter had
to be determined. Given the above mentioned diameter, the analysis can be conducted,
where the results may be seen in Table 4.4 on the next page.
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Table 4.4: Sensitivity results for distillation yield.

Boil-up ratio [-] Gaseous content
in bottom [wt%]

Recovered
MeOH [wt%]

0.10 1.07e-1 99.84
... ... ...

0.31 1.02e-2 99.98
0.32 9.79e-3 99.99
0.33 9.43e-3 99.99

From Table 4.4 it becomes evident that a packed column with 3 segments of packing
is capable of sufficiently degassing the mixture, with respect to the previously defined
purity requirement. With an impurity tolerance of 0.15 wt% an acceptable gaseous content
of 0.01 wt% has been chosen. This corresponds to a boil-up ratio of 0.32 for the distil-
lation column in question, where the duties of the condenser and reboiler are 0.990 MW
and 1.578 MW, respectively. Figure 4.7 shows the operational conditions of the involved
streams for this distillation column.
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Figure 4.7: Packed distillation column for the degassing subsystem with corresponding streams temperature
and pressure.

The distillate stream consists of approximately 98 wt % CO2 which is known to be the
limiting reactant for the MeOH synthesis. Furthermore, the mass flow of this stream is
approximately equal to 12 wt% of the CO2 feed stream, used in the previously presented
MeOH synthesis, from which there is a potential for recirculating this gas stream in or-
der to enhance the MeOH yield. Even though this stream cannot be considered as pure
CO2, the other species within this stream are H2 and CO which can both contribute to
an enhanced MeOH production due to hydrogenation of CO. In order to implement this
feedback stream, re-scaling of the entire system will however be a necessity, which will be
discussed in the upcoming Chapter 5 on page 89.

The bottom product of this degassing distillation column, will then be fed into the
liquid-liquid distillation column, where the composition is as presented in Table 4.5 on the
next page.
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Table 4.5: Mass flows and composition of bottom stream.

Species Mass fraction [%] Mass flow [kg/s]
MeOH 63.85 2.27
H2O 36.14 1.28
H2 1.57e-11 5.59e-13
CO2 9.43e-3 3.35e-4
CO 1.11e-7 3.97e-9

The gaseous content of the bottom stream is approximately 0.01 wt% of which the gases
are considered negligible in the remainder of this system.

4.2.2 Distillation of Liquid-Liquid

The remaining process is the distillation of MeOH from the binary MeOH-H2O stream pre-
sented in Table 4.5. The process- and mechanical design of this column will be presented
firstly, and subsequently its performance will be evaluated.

Process Design

While fulfilling the purity requirement of commercial MeOH, different combinations of
reflux ratios and number of plates are possible. This is due to their intercorrelation, as
earlier presented in Section 2.5.3. The reflux ratio impacts the OPEX, while the number of
plates influences the CAPEX. The optimum combination results in the lowest total costs of
the distillation column as shown in Figure 4.8.
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Figure 4.8: Costs of distillation column versus reflux ratio. Adapted from [Gaurav et al., 2016].

Typically, the optimum reflux ratio is in the range of 1.2 to 1.5 times the minimum reflux
ratio [Coker, 2007]. A value of 1.5 has been chosen, from which the reflux ratio can be
estimated. The minimum reflux ratio is determined from the McCabe-Thiele diagram, by
evaluating the operational line in the rectifying section. The slope of this operational line
is defined by the reflux ratio, where the minimum reflux ratio is when this line intersects
the vapour equilibrium curve, as presented in Section 2.5.3. The units in the McCabe-
Thiele diagram are molar based of which the MeOH purity requirement of 99.85 wt %
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must be converted to molar fraction, which yields 0.9973. By specifying the molar fraction
of MeOH in the bottom stream to be 1 mol%, the resulting minimum reflux becomes 0.72.
This constraint has been defined in order to ensure a relatively high recovery rate of the
MeOH. The McCabe-Thiele diagram shown in Figure 4.9 is defined by the corrected molar
reflux ratio being 1.08 which is used to determine the number of theoretical plates and
optimum feed plate location.
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Figure 4.9: McCabe-Thiele diagram of this distillation column.

From Figure 4.9, the resulting number of theoretical plates and feed plate location is 15
and 8, respectively. This concludes the process design from which the mechanical design
can be performed.

Mechanical Design

The mechanical design will be performed based on the procedure presented in Section
2.5.3. The first objective is to determine which column is best suited, either the plate- or
packed column, where the choice is based on the diameter of the distillation column. The
calculations for estimating the diameter of the distillation column is done in Appendix B.
However, the composition of the reflux is unknown, as such a sensitivity analysis is per-
formed in order to estimate the influence of the composition to the resulting diameter. The
calculated diameter of the plate column and the packed column as function of composition
of the reflux is shown in Table 4.6 on the facing page.
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Table 4.6: Column diameter as function of composition.

MeOH composition
of reflux [wt%] Plate column [m] Packed column [m]

0 1.30 1.45
10 1.51 1.48
20 1.54 1.51
30 1.57 1.53
40 1.60 1.55
50 1.42 1.58
60 1.45 1.60
70 1.50 1.63
80 1.55 1.66
90 1.60 1.70
100 1.67 1.74

From Table 4.6 it is evident that the column diameter is within the range of 1.30 m to
1.74 m, where it also is shown that the diameter of the column increases as function of
the MeOH composition of the reflux. In general the resulting diameter for the packed
column is larger than for plate column, except in the MeOH composition range of 10 wt %
to 40 wt %, due to the influence of foaming occurring in a plate column. The foaming
was previously assumed to be present within this composition range. Since the calculated
column diameter is larger than 1 m, it is concluded that the plate column is best suited for
distilling the MeOH-H2O solution. It is expected that the reflux will consist of insignificant
amounts of H2O due to the purity requirement of MeOH being 99.85 wt % of which the
diameter of 1.67 m is chosen.

The height of the plate column is determined by Eq. 4.2

L = plate spacing · N + 1.22 + 3.05 (4.2)

where N is the number of plates and the constants are due to practical aspects as presented
in Section 2.5.3. By defining the number of plates to be 15 and a plate spacing of 0.60 m,
the height of the plate column becomes 13.27 m. This concludes the both the process-
and mechanical design of the column of which it will be implemented in Aspen Plus to
determine its performance.

Model

The distillation column is modelled according to the presented design specifications. Ad-
ditionally, the distillate rate is specified of which Aspen Plus determines the correspond-
ing condenser- and reboiler duty. The distillate rate is specified according to Table 4.5 on
page 69, where the distillate rate is set to equal the mass flow of MeOH. The results of this
distillation column is shown in Table 4.7.

MeOHD MeOHB H2OD H2OB MeOHD MeOHB Recoveryh
kg
s

i
[wt%]

2.24 0.03 0.03 1.26 98.76 2.18 98.77

Table 4.7: Mass flow and composition outputs from the distillation column. The distillate is denoted D,
whereas the bottom is denoted B. The mass fraction of the input is 63.86 wt % and 36.14 wt % of MeOH and
H2O, respectively.
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From Table 4.7 on the previous page it becomes evident that the current design is in-
sufficient at separating the MeOH, as a purity of only 98.78 wt % can be achieved. This
was expected since the process design defined by the McCabe-Thiele method would be
inadequate, due to the violation of two assumptions of which the McCabe-Thiele method
is based upon. The two violated assumptions are that the heat of vaporisation of the two
species must be equal and that the plates are ideal. The application of these assumptions
are represented by the horizontal and subsequent vertical lines in the McCabe-Thiele dia-
gram. If the two species have identical heat of vaporisation, then the energy released when
a mole of H2O condenses equals the required energy for one mole of MeOH to evapo-
rate. The assumption regarding ideal plates make it such that a vapour-liquid equilibrium
is achieved at each plate. [Ravi, 2007] The difference in the heat of vaporisation of the
two species is approximately 15 %[Egineeringtoolbox.com, 2010][Egineeringtoolbox.com,
2018]. Non-ideal plates are a common issue in distillation column design, where numer-
ous correlations exist to define an estimated efficiency [Neutrium.net, 2018] [Duss and
Taylor, 2018]. This results in the necessity of re-designing the distillation column.

The two major parameters in the process design of the distillation column is the reflux
ratio and the number of plates, as earlier presented. The reflux ratio is fixed due to the
earlier presented relation between the simplified optimum reflux ratio and the minimum
reflux ratio. As such, a sensitivity analysis will be conducted where the number of plates
are varied from the theoretical value of 15 plates to 81 plates, the latter corresponding to
the maximum height of 53 m according to earlier presented practical aspects in Section
2.5.3. However, the feed plate location is unknown and must be estimated since it also has
a significant influence on the performance of the distillation column, as earlier presented.
This results in the necessity of defining the feed plate location as function of the number of
plates. This was done by Taqvi et al. [2016] where a fixed ratio of 2/3 times the number of
plates defined the feed plate location. This ratio was determined from an optimisation in
Aspen Plus where the minimum reboiler duty was determined at the feed plate location
equivalent to 2/3 times the number of plates. The feed plate location is dependent on
numerous factors such as number of plates, molar fractions of distillate, feed and bottom
product, which may be determined from the McCabe-Thiele method. This yielded a feed
plate location at the eighth plate, where the total number is 15, as shown in Figure 4.9 on
page 70. The feed plate location ratio of 8/15 is kept constant in this analysis where the
resulting MeOH purity and MeOH recovery is shown in Figure 4.10.
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Figure 4.10: MeOH purity and MeOH recovery as function of number of plates.
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From Figure 4.10 on the facing page it becomes evident that the increased number of
plates results in a sufficient separation. The MeOH purity requirement is fulfilled when
the distillation column contains 34 plates, where the corresponding feed plate location is
18. This results in a MeOH recovery of 99.86 wt % corresponding to producing 2.27 kg/s.
The corresponding duties of the condenser and reboiler are 5.19 MW and 5.35 MW. The
belonging stream temperatures, pressures, and mass flow rates for the column may be
seen in Figure 4.11.

Mixer ReactorReactor Flash

S2

Mixer

hej

Absorber/stripper/packed column

BTX&MeOH-Dist/TrayBTX&MeOH-Dist/Tray
Valve

Comp

Pump Heat exchanger

Cooler

Fluid/liquid separator

Tank

Waste

8.2
66.81.1

Condenser

Reboiler

T [°C]
m [tonne/h]

P [bar]

.

MEOH

4.6
101.81.1

H2O

Liquid-Liquid
Separator

Liquid-Liquid
Separator12.8

75.11.1
MEOH-H2O

Figure 4.11: Plate distillation column for the liquid-liquid subsystem with corresponding streams temperature
and pressure.

4.3 BTX Synthesis

In System 2 it is of interest to investigate the conversion of MeOH to other chemicals,
which might be more profitable, such as BTX, as was presented in Section 2.6. The product
distribution stated in Na et al. [2018] is defined from the outlet of a flash separator and
not the reactor. However, Na et al. [2018] only defines the operational conditions for the
reactor and not the flash separator. As such, the use of the kinetics stated in Na et al. [2018]
becomes limited. In order to account for this, a model similar to theirs is designed in order
to obtain equal results. If this model replicates similar results for the product distribution,
the model is deemed viable for incorporation into System 2. Na et al. [2018] defines
the equation of state to be the Universal Quasichemical (UNIQUAC), which is suitable
for systems with strongly non-ideal liquid mixtures and liquid-liquid equilibrium, from
which the following model is based upon. The system defined by Na et al. [2018], with
the limited stream information, may be seen in Figure 4.12 on the following page.

An overview of the different components and streams required for this process is
shown in Figure 4.12 on the next page.
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The feed supplied to the reactor is a mixture of a pure MeOH and a recycle stream,
where the MeOH stream has a flow rate of 18,750 kg/h. Two heaters are implemented
prior to the reactor: the first is only being used to heat the pure MeOH feed, while the
second heats up the mixture. The mixture stream is heated in coherence to Na et al. [2018],
where a temperature of 360 �C is chosen as a compromise between BTX production and
catalyst degradation. If the temperature in the reactor increases too much it may result in
coke formation and hereby catalyst deactivation, hence the input temperature should not
be increased without this consideration. The pressure for the subsystem is kept at a value
of 18 bar as assigned by Na et al. [2018].

The reactor itself is adiabatic, with a length of 5 m and diameter of 3.1 m, catalyst
loading of 24.95 tonne and catalyst density of 2 g/cm3. The catalyst used is ZSM-5. The
reactions occurring in the reactor, which was outlined in Table 2.5 on page 37, are overall
exothermic, resulting in the stream exiting the reactor being warmer than its feed stream.
In order to extract the BTX in the flash separator it is crucial that it is at liquid state, from
which it must be cooled, or the flash separator must operate at a elevated pressure level.
However, since other products than BTX is produced, the separation of these will also be
affected by the operational conditions of the flash separator. Na et al. [2018] states that the
BTX conversion produces a relatively large amount of excess H2 which is then separated
after the flash separator. Due to its significant flow rate, it could be feasible to recycle
it to the MeOH synthesis and thereby reduce the required amount of electrolysis, which
will be discussed in Chapter 5 on page 89. The separation fraction for H2 in the separator
is specified to 98 wt%. Equal to the MeOH synthesis, a separator is incorporated in the
feedback loop in order to purge some of the impurities which could otherwise accumulate.
The recycle ratio is determined to be 8.2 as defined by Na et al. [2018], which is the ratio
between the recycled flow and the feed, as shown in Eq. 4.3.

Recycle ratio =
ṅrecycle

ṅfeed
(4.3)

The recycled gas is used to effectively control the temperature rise caused by the exother-
mic reactions in the reactor.

When directly implementing the above described subsystem into Aspen Plus, along
with the reactions presented in Section 2.6, the product stream did not provide similar
results to those presented by Na et al. [2018]. This is attributed to the general information,
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provided in the study and the few other publications on the subject, not being detailed.
Because of this it became necessary to consider the subsystem as a grey box model, mean-
ing some specifications were not supplied by the study used to create the model, thereby
making it a necessity to fit the model to provide equal results.

This was achieved by investigating the activity coefficients of the reactions as well as
the temperature and pressure of the flash separator. The activity coefficients are essentially
scalar multipliers on the reaction rates. Hence, the actual reaction rate of the different
reactions is a product of the reaction activity and the intrinsic reaction rate, the latter
being the only parameter provided by Na et al. [2018], which was presented in Table 2.5
on page 37.

In order to determine the activity coefficients, temperature and pressure of the flash
separator, such the desired conversion rates stated in Na et al. [2018] can be obtained, an
optimisation algorithm is defined to approach these rates. If sufficient data had been given
the problem could be solved algebraic, however, this is not possible due to the lack of in-
formation. Through a preliminary investigation it was determined that the optimisation
had difficulties converging, due to the number of variables and constraints. The reac-
tion scheme is defined from 13 reactions, where an equal number of activity coefficients
are defined as variables. Additionally, 2 variables are introduced being the temperature
and pressure of the flash separator, from which the total number of variables becomes
15. Essentially, 7 constraints could be defined, being the molar fraction of the five lumped
products after the flash separator, the annual flow rate of Aromatics and the outlet temper-
ature of the reactor. However, if all 7 constraints were applied the optimisation algorithm
became too restricted from which the temperature of the reactor was not included, but
evaluated in the post-processing. The molar fractions of the lumped products after the
flash separator are given by Na et al. [2018], however, the molar fractions of each species
are not given, which could have eased the optimisation. The annual production of Aro-
matics is also defined by Na et al. [2018], which is used as a constraint. Since the given
information from the study is limited, the results obtained from the optimisation algorithm
were expected to differ from the stated values given by Na et al. [2018]. The acquired re-
sults attained by the optimisation algorithm as well as the results given by Na et al. [2018],
and the corresponding relative- and absolute difference, may be seen in Table 4.8.

Table 4.8: Relative- and absolute differences between the results by Na et al. [2018] and the acquired results
attained in the presented study, with a reflux ratio at 8.2 and the inlet temperature of the reactor at 360 �C,
where the annual production is defined by 8,000 hours.

Category Unit Presented
study Na et al. [2018] Rel. Diff. Abs. Diff.

Alkanes [wt%] 18.07 18.30 1.28 0.23
Aromatic [wt%] 22.16 23.10 4.08 0.94
Heavy [wt%] 0.94 1.00 5.97 0.06
Light Gases [wt%] 1.36 1.30 -4.59 -0.06
Others [wt%] 57.48 56.30 -2.10 -1.18
Reactor outlet Temp. [�C] 432.00 428.00 -0.93 4.00
Aromatic production [tonne/year] 31,738.60 31,751.50 0.04 14.19

The corresponding activity coefficients from the optimisation may be seen in Table 4.9
on the next page. The first activity coefficient (R1) corresponds to the first reaction given
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in Table 2.5 on page 37, R2 equals the second reaction, etc.

Table 4.9: Activity coefficients for the presented study.

Activity Value [-] Activity Value [-] Activity Value [-]
R1 2.0000 R6 1.0199 R11 0.5699
R2 2.8699 R7 1.0199 R12 0.1447
R3 1.0199 R8 0.5699 R13 0.4699
R4 1.0199 R9 0.5699 - -
R5 1.0199 R10 0.5699 - -

Furthermore, the operational temperature and pressure for the flash separator is 32 �C
and 4.2 bar, respectively. As may be seen from Table 4.9, the activity coefficients for all
Aromatics, being R3 to R7, are identical and likewise are the activity coefficients for all
the Alkanes, being R8 to R11. The first activity coefficient, R1, is the only integer, which
is due to manual fittings performed in the post-processing. The biggest concern of the
optimisation algorithm regards whether the Aromatics were representative or not, since
these are the desired products. However, the relative difference in the Aromatic production
can be assumed negligible due to its value of 0.04 %. Similar to the annual production, the
relative differences for the rest of the variables are also assumed to be representative due
to the lack of information provided by Na et al. [2018].

In order to further analyse if the fitting is representative, the tendencies of the conver-
sion rates are analysed. Due to the lack of information, the actual values are not evaluated
since no reference values are given. However, Na et al. [2018] states that the conversion
of MeOH is almost complete at the end of the reactor, from which conversion rate of the
MeOH may be seen in Figure 4.13.
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Figure 4.13: MeOH conversion as function of the reactor length and conversion gradient.

From Figure 4.13 it may be seen that the molar composition of MeOH approaches zero
towards the end of the reactor. Even though nothing is stated regarding the conversion
rates of the remaining products, they have still been analysed in order to determine if the
tendencies look representative, which may be seen in Appendix C. Given all the conversion
rates, the fitted model has been deemed representative for the results provided by Na et al.
[2018], from which the fitted model can be used to estimate the production of Aromatics
given the output of the MeOH synthesis previously presented in Table 4.3 on page 63.
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4.3.1 Feed Composition

The fitted model is implemented into the subsystem of the presented study, of which the
feed is based on the output of the MeOH synthesis subsystem. The model is originally
based on an input stream of pure MeOH, whereas the input in this subsystem consists
of: MeOH, H2O, CO, CO2 and H2. As earlier presented in Chapter 2.6 there should be no
influence of H2O on the conversion of MeOH to Aromatics, however, the H2O could still
benefit the overall subsystem. In the study done by Na et al. [2018], they utilise a feedback
loop in order to control the temperature of the reactor due to the overall reactions being
exothermic. However, since the input for this subsystem also contains H2O, which does
not react, it is expected to absorb some of the released heat due to its relatively high heat
capacity. The feedback ratio is as previously stated 8.2, meaning the recycled stream is 8.2
larger than the input of pure MeOH. If this ratio would be reduced due to the additional
content of H2O it could essentially reduce the size of the subsystem.

Secondly, the input stream also consists of CO and CO2 which could affect the reac-
tions. However, the kinetics defined by Na et al. [2018] do not include any reactions in
which these gases are reactants, even though they constitute a relatively large molar frac-
tion throughout the reactor. This leads to the hypothesis that the reactions would have
been included in the kinetic data, if they were occurring. Lastly, H2 is also present in the
feed stream which is used as a reactant in the reactions regarding Alkanes, and it becomes
a by-product for the Aromatics reactions. However, as previously discussed, there is a
relatively large amount of excess H2 in the subsystem, from which the additional content
of H2 might not affect the reactions.
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Even though a change in the composition of the feed does not affect the kinetics, it
should be investigated whether some of the species in the feed must be removed prior to
the reactor for other reasons. It is assumed that the H2O should not to be removed before
the reactor, since it as mentioned can be used to cool the reactor and thereby reduce the
recycle ratio. Contrary, CO, CO2 and H2 may affect the product flow rate composition
negatively. This may occur since they are more volatile compared to the Alkanes, as such
these could be recycled instead of the Alkanes. If the amount of recycled Alkanes is
reduced due to this, the total flow rate of Alkanes could be reduced. In order to analyse
if this hypothesis is valid, two simulations will be conducted, one with- and one without
CO, CO2 and H2 in the feed stream.

Prior to this implementation of the different feed streams, two adjustments have been
made to the model. Firstly, the recycle ratio has been adjusted for each feed stream,
in order to maintain the previously defined outlet temperature of 432 �C. Secondly, the
volume of the reactor is scaled to match the flow rate defined by the MeOH synthesis.
In order to apply scaling, the ratio between the diameter and length of the reactor is
kept constant. This has been done in order to maintain a space velocity relatively close
to the initial value given from the previous model done with only MeOH as the feed.
When scaling the reactor, the total catalyst mass must be taken into account, since the
conversion rate unit is defined as kmol/(kg · h) where the mass represents the total mass
of the catalyst. If the reactor volume is reduced, the total mass of the catalyst must also be
reduced by the same factor.

Given these considerations three simulations have been conducted in order to inves-
tigate the composition of the lumped products in the product stream, as well as their
individual mass flow rates. The first simulation, denoted S1 in Table 4.10 on the next
page, is the reference results defined by a feed stream only consisting of MeOH, and an
input feed flow rate of 18,750 kg/h, which is the rate given in Na et al. [2018]. The second
simulation, denoted S2 in Table 4.10, is defined with a feed- flow rate and composition
equal to the exiting flow of the MeOH synthesis, where MeOH, H2, H2O, CO2 and CO are
present. The third simulation, denoted S3 in Table 4.10, is defined with a feed- flow rate
and composition equal to the exiting flow after the degassing process has been applied,
from which only MeOH and H2O are present as presented in Table 4.5 on page 69.

The mass flow rates of each simulation, denoted S1m, S2m and S3m, respectively, are
also listed. The mass flow rates of the Alkanes, Aromatics and Heavy for S2m and S3m
have been scaled relative to their individual difference to the amount of MeOH entering
in the feed stream, which is denoted S2m* and S3m*. This has been done in order to make
them comparable to the reference mass flow rate, S1m. The amount of MeOH in the feed
stream for S2 and S3 are approximately 2.3 times less than the reference mass flow rate in
S1. Lastly, the ratio between scaled mass flow rates of S2m* and S3m* relative to S1 have
been analysed in order to investigate the influence of the gases in the feed stream.
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Table 4.10: Mass fractions and mass flows for the three simulations. The scaled mass flow rates of S2 and S3
with respect to S1 is also shown, as well as the ratio between the scaled mass flow rates and S1.

Unit Alkanes Aromatic Heavy Light Gases Others Sum
S1 [wt%] 18.06 22.16 0.94 1.36 57.48 100.00
S2 [wt%] 9.40 13.45 0.57 4.65 71.93 100.00
S3 [wt%] 11.49 13.86 0.59 1.20 72.86 100.00
S1m [kg/h] 3232.20 3965.07 168.24 243.11 10284.98 17893.59
S2m [kg/h] 1189.72 1703.82 72.19 588.86 9108.60 12663.19
S3m [kg/h] 1429.58 1724.17 73.20 149.58 9066.36 12442.89
S2m* [kg/h] 2729.69 3909.24 165.63 - - -
S3m* [kg/h] 3294.61 3973.52 168.70 - - -
S2m*/S1m [-] 0.844 0.986 0.984 - - -
S3m*/S1m [-] 1.019 1.002 1.003 - - -

From the first three rows of Table 4.10, the composition of the lumped products may be
seen. As expected the results from the second simulation show that the lumped Alkanes,
Aromatics and Heavy have decreased, due to the presence of H2, H2O, CO2 and CO in
the feed stream, from which both the composition of the Light Gases and Others have
increased. From the third simulation the composition of Others has also increased due
it containing more H2O. The contribution of the Light Gases are however, as expected,
lowered compared to the second simulation since H2, CO2 and CO are no longer present
in the feed stream.

As mentioned the mass flow rates of S2m and S3m have been scaled to make them
more comparable to the reference mass flow rate of S1m. The last two rows in Table 4.10
shows the relative difference in the mass flow rates from the scaled mass flow rates. This
is done in order to investigate the influence of H2, CO2 and CO in the feed stream.

As seen from the second last row, where the gases are present in the feed stream, the
composition of Alkanes are approximately 15 wt% less than the reference mass flow rate.
However, if the gases are removed prior to the process, the Alkanes, Aromatics and Heavy
products are all within a 2 wt% margin from the reference mass flow rates as may be seen
in the last row. Therefore, the previously presented degassing distillation utilised in the
purification of MeOH in System 1 is also included in System 2 in order to increase the
flow rate of the Alkanes. This yields a diameter and length of the reactor to be 2.7 m and
4.4 m, respectively. Furthermore, the total catalyst weight has been reduced to 16.96 tonne.
Given this analysis the corresponding conversion rates for the Aromatics, Alkanes, Light
Gases, Heavy and Others, are visualised in the following four figures, respectively.
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Figure 4.14: Aromatics conversion as function of the reactor length and conversion gradient.
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Figure 4.15: Alkanes conversion as function of the reactor length and conversion gradient.
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Figure 4.17: Heavy and Others conversion as function of the reactor length and conversion gradient.

The tendencies of the four figures above may be compared to those defined from the
study done by Na et al. [2018] which are given in Appendix C. The tendencies can be
assumed to be equal, however, the actual values differ due to the contribution of H2O in
the feed stream. The induvidual streams belonging temperature, pressure and mass flow
rate may be seen in Figure 4.18.
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Figure 4.18: BTX synthesis subsystem, with belonging temperatures, pressures and mass flow rates.

The output stream composition of the Flash separator yields a mixture consisting of
17 different species. An analysis is required in order to determine which products must
be separated to make the subsystem as feasible as possible. This will be presented in the
following as well as the processes associated with the separations.
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4.3.2 Distillation of BTX

The kinetics of the BTX process is based on a study by Na et al. [2018] where the species are
lumped into Alkanes, Aromatics, Heavy, Light Gases and Others, from which the amount
of each species is unknown and hence cannot be verified. Furthermore, the use of MeOH
to produce BTX is not well described in the literature, of which no other comparisons
could be made to verify the product distribution. As a result, it cannot be determined if
the production of the individual species in the presented study is representative. Hence,
a concern is raised in regards to the sale of the various products, as their prices vary
up to a factor of 500, as shown in Table 4.11 on the facing page. Regardless, since the
content of each lumped product were verified to those presented by Na et al. [2018] and
the individual content within each lumped product cannot be further investigated, the
production of the individual species is accepted.

Before the BTX, or any other valuable produced products, can be sold, they should be
separated. However, it is of interest to investigate which species in the product stream are
worth purifying. This is determined based on weight fraction of the individual species
within this stream and their respective market prices. These are presented in Table 4.11 on
the next page.
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Table 4.11: The annual mass flow rate of the output stream S3 is 109,000 tonne/year, and the products are
ordered in regards to their boiling points. The prices for C6H14, C9H12 and C10H14 are scaled to match their
expected bulk prices, since quantities at a maximum of only 0.5 kg were available. As an estimation, the asking
prices of C6H14 and C9H12 have been reduced by 70 %, while C10H14 has been reduced by 90 %. The annular
price is given in million USD.
The sources for prices are given by:
[1] [Mathis, 2020][OfficeOfEnergyEfficiency&RenewableEnergy, 2010][NREL, 2011]. [2] - .
[3] [Dinkin, 2016][GlobalPetrolPrices, 2021].
[4] [FederalReserveBankOfDallas, 2020][U.S.-E.I.A., 2019]. [5] - .
[6] [Echemi, 2021a][IHS, 2014]. [7] [Ycharts, 2021][U.S.EnergyInformationAdministration, 2020].
[8] [Nasdaq, 2021][U.S.EnergyInformationAdministration, 2020]. [9] [GlobalSources, 2021a][Alibabba, 2021a].
[10] [FischerScientific, 2021][GlobalSources, 2021b].
[11] [Echemi, 2021e][Methanex, 2021][MMSA-MethanolInstitute, 2021][Gelsenchem, 2021].
[12] [Echemi, 2021b][S&Pglobal, 2021]. [13] - .
[14] [Echemi, 2021c][SunSirs, 2021a]. [15] [Echemi, 2021d][SunSirs, 2021b].
[16] [Alibabba, 2021b][ChemicalBook, 2021]. [17] [AlfaAesar, 2021][eMolecules, 2021].

Lump Species Boiling Point [�C] [wt%] USD/tonne MUSD/year Source
Light gas H2 -252.76 0.00 3,395 - [1]
Light gas CO -191.45 0.15 - - [2]
Light gas CH4 -161.49 0.16 1,388 0.244 [3]
Alkane C2H6 -88.60 0.03 51 0.002 [4]
Light gas CO2 -78.45 0.89 - - [5]
Other C3H6 -47.70 0.19 1,125 0.239 [6]
Alkane C3H8 -42.04 0.28 353 0.106 [7]
Alkane C4H10 -0.50 3.01 394 1.291 [8]
Alkane C5H12 36.07 6.77 2,000 14.764 [9]
Alkane C6H14 60.26 1.40 3,176 4.860 [10]
Other CH3OH 64.70 0.83 386 0.348 [11]
Aromatic C6H6 80.09 0.13 988 0.143 [12]
Other H2O 100.00 71.84 - - [13]
Aromatic C7H8 110.63 3.71 848 3.433 [14]
Aromatic C8H10 139.12 8.52 865 8.034 [15]
Aromatic C9H12 169.38 1.49 3,078 4.992 [16]
Heavy C10H14 196.84 0.59 34,571 22.169 [17]
Total - - - - 60.626 -

In general, the separation in BTX producing systems are performed through distilla-
tion, however, as the boiling points of the different species presented in Table 4.11 are
relatively similar this method does not suffice.[Sweeney and Bryan, 2000] E.g. the differ-
ence of boiling points for C6H14 and CH3OH is only 4.44 �C of which the separation of
these species by distillation will be too costly.

Instead, methods such as liquid-liquid extraction and extractive distillation can be
used, the difference being that liquid-liquid extraction utilises solubility only, while ex-
tractive distillation utilises both solubility and boiling point differences.[Hernandez, 2013]
Both techniques involve the use of a solvent to perform the extraction of the BTX from
the multi-species product stream. However, due to the complexity of designing even sim-
ple distillation for binary mixtures, as shown for the MeOH-H2O distillation in Section
4.2 on page 63, the modelling of distilling the product stream from the BTX synthesis is
considered out of scope of the presented study. Instead, the required number of compo-
nents and utility will be approximated based on literature concerning a similar subsystem.
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It should however be noted that the resulting utility may be inaccurate compared to an
actual subsystem. However, from the separation of Green MeOH, presented in Section
4.2, the combined utility was 13.1 MW, which included both the degasser and distillation
column. Comparatively, e.g. the electrolyser has a power utility usage of 88.5 MW and
further cooling utility of 22.4 MW, from which it may be assumed that the variation of the
estimated utility for the BTX separation process does not affect the total utility relatively
much. This hypothesis will be further investigated from a sensitivity analysis, which will
be conducted in Chapter 6 on page 103.

Chen et al. [2015] produced Aromatics from ethane of which the product stream of
the study consisted of 10 species: H2, CH4, C2H4, C2H6, C3H6, C3H8, C6H6, C7H8, C8H10
and C9H12 which is somewhat comparable to those given in Table 4.11 on the previous
page. Chen et al. [2015] performed the separation in four main components: a multistage
compressor, a flash separator and two distillation columns, which is illustrated in Figure
4.19.
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Figure 4.19: Separation procedure used by Chen et al. [2015].

The combined multistage compressor and flash separator, separates a lumped gaseous
product, due to them being reactants in the production of Aromatics. The species within
the lumped gaseous product, which is the least volatile, is the C3H8. Contrary, in the
lumped BTX product, C6H6 is the species which is the most volatile. Therefore, in order
to separate the lumped gaseous product from the rest, these two species are of interest.
The boiling point difference between them is 122.04 �C at ambient pressure, from which
the simplest separation method can be utilised, a flash separator. It is combined with a
multistage compressor which enhances the separation.

Approximately 97.36 wt % of the combined mass flow of the lumped gases are sepa-
rated by the previously mentioned components, from which further separation of the gases
are required. The liquid stream enters a distillation column where the remaining gases are
separated. Finally, the now gas-free liquid stream enters a distillation column where C6H6,
C7H8 and C8H10 are separated as a lumped product from C9H12. It can therefore be con-
cluded that they do not utilise any of the previously described extraction methods, making
ordinary distillation an option.

If the procedure from Chen et al. [2015] is performed for the product stream of the
presented study, the outcome of the separation will be as shown by the divisions in Table
4.12 on the next page.
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Table 4.12: Separation specified by Chen et al. [2015] applied to its product composition and the composition
of the presented study.

Species Boiling Point [�C] Chen et al. [2015] Presented study Product lump
H2 -252.76 X X

Gaseous

CO -191.45 - X
CH4 -161.49 X X
C2H4 -130.70 X -
C2H6 -88.60 X X
CO2 -78.45 - X
C3H6 -47.70 X X
C3H8 -42.04 X X
C4H10 -0.50 - X

Liquid

C5H12 36.07 - X
C6H14 60.26 - X
CH3OH 64.70 - X
C6H6 80.09 X X
H2O 100.00 - X
C7H8 110.63 X X
C8H10 139.12 X X
C9H12 169.38 X X

Remaining
C10H14 196.84 - X

However, from Table 4.12 it may be seen that this separation results in three lumped
products, being Gaseous, Liquid and Remaining, where additional species now exist. As
previously stated the species must be separated in order to be sold, from which consider-
ations must be made regarding which products are worth separating.

In Chen et al. [2015] the gaseous products were lumped since, they are reactants in
the BTX production, whereas the main reactants for the MeOH synthesis are H2 and CO2,
while H2, CH3OH and C3H6 are the main reactants in the BTX synthesis. Given CO2
and C3H6 are present in the lumped Gaseous stream for the presented study, there is a
potential of recirculating them to the latter mentioned processes. However, this results in
the necessity of separating them from the lumped Gaseous stream, where the remaining
can be discarded. Another approach is to separate each species in the lumped Gaseous
stream, after which they can be sold. However, the motivation of both approaches would
be based on an economical perspective, in order to determine the feasibility of each. The
mass flow of CO2 in this stream is 0.85 wt % of the CO2 input to the MeOH synthesis.
Similarly, the influence of recirculating the C3H6 is determined to be insignificant, since it
is approximately five times smaller than the mass fraction of CO2. Likewise, the turnover of
selling all the species in the lumped Gaseous stream, if all the species were to be separated,
is approximately 0.591 MUSD, according to Table 4.11 on page 83. This is however less than
1 % compared to the total turnover if all the species in the product stream are sold. As
such it may be concluded that it is not worth to separate the each species in the lumped
Gaseous stream, where it will instead be discarded. Due to the majority of the stream
being CO2 it is assumed it can be released into the atmosphere, and as such there is no
further expense associated with this stream. Given that no separation of the species which
are within the Gaseous lumped product is needed for the presented study, it is assumed
that the separation can be achieved from a multistage compressor and a flash separator as
stated by Chen et al. [2015].
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The rest of this product stream consists of the lumped Liquid- and Remaining stream
presented in Table 4.12 on the preceding page. The rest of the separations will be per-
formed by distillation, from which the boiling point becomes the decisive variable.

The Liquid lumped product consists of three Alkanes, three Aromatics, H2O and
MeOH. It would be of interest to separate each species within the Liquid lumped prod-
uct, however, this will not be done. The study of Chen et al. [2015] assumes BTX can be
sold as one lumped product, from which it is also assumed that the three Alkanes can be
sold as one. However, the least volatile species of the three Alkanes is C6H14 which has a
boiling point approximately 4 �C lower than MeOH. This could result in the distillation of
Alkanes being infeasible, as earlier presented, whereas an alternative method could be the
extraction- or extractive distillation processes. In order to avoid the alternative methods, a
simplification has instead been made, which is that this stream, consisting of MeOH and
Alkanes, can be sold as one product. As such the distillation method is utilised where the
distilled product consists of MeOH and the previously mentioned Alkanes.

The remaining species in the lumped Liquid stream is BTX and H2O. Since Chen et al.
[2015] states that it is possible to sell BTX as a lumped product, it is also the approach
of the presented study. However, as may be seen in Table 4.12 on the previous page the
boiling point of H2O is in between the boiling point of C6H6 and C7H8. This leads to
two approaches, either being to separate C6H6 and then H2O by distillation, from which
C6H6 can be sold separately and further C7H8 and C8H10 as a lumped product. Otherwise
the H2O can be separated from this mixture by the extraction- or extractive distillation
method from which the three Aromatics can be sold as a lumped product. However,
the income of C6H6 is only associated with a turnover of 0.143 MUSD/year, which is
approximately 0.21 % compared to the total revenue if all the species are sold individually
as shown in Table 4.11 on page 83. Since the turnover with respect to C6H6 is deemed
insignificant another approach can be made, which is to distil the C6H6 along with the
H2O and afterwards sell C7H8 and C8H10 as a lumped product.

The content of H2O in the distillate stream will become 99.82 wt %. Due to this rel-
atively high purity, it might be a possibility to discard the stream into a water reservoir
and hereby not result in an additional expense. However, C6H6 is known to be a toxic
chemical, as such it must be further investigated if the content of C6H6 is sufficiently low
to be discarded, or if a purification process is required [for Disease Control and Preven-
tion, 2021]. The amount of C6H6 permitted in waste water, which is to be discarded into a
water reservoir, is not publicly available, but an estimate can be made based on the restric-
tions for drinking water. This assumption is based on the expectation that the tolerance of
chemicals in drinking water is similar to those in waste water. The maximum allowable
content of C6H6, and other Aromatics, within drinking water in Denmark is 0.001 mg/kg
[Scientific, 2003]. Since the current concentration of C6H6 within the stream is 1,800 mg/kg
it becomes a necessity to purify this stream. Numerous methods exists for treating H2O
containing C6H6 such as solvent stripping and biological treatment, yet, these processes
are considered out of scope for modelling in the presented study [ATSDR, 2007]. It will
instead be further discussed and accounted for in Chapter 6 on page 103.

With the Liquid lumped product being separated, only C9H12 and C10H14 remain,
which can be separated by a distillation column due to the difference in their boiling
points being 27.46 �C. The separation process of the products produced by the BTX syn-
thesis, is as such achieved from six key components: one multistage compressor, one flash
separator and four distillation columns, as shown in Figure 4.20 on the facing page.
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Figure 4.20: Separation subsystem for the product stream from the BTX synthesis subsystem.

The estimation of the utility requirement for the different components is based on the
utility listed in Chen et al. [2015], where the difference in mass flow between their study
and the presented study will be used as a scaling factor. The compression is done in four
stages where the stream is cooled in between the stages. The total electricity and heat
duty listed in Chen et al. [2015] for the multistage compressor is 215.13 MW, however the
mass flow of the stream is approximately 20.76 times larger than the mass flow shown
in Table 4.10 on page 79. By scaling the utility, the estimated utility for the multistage
compressor utilised in the presented study becomes 10.36 MW. The second component is
the flash separator, however, this is treated as a passive component of which there is no
utility requirement.

The remaining components are the distillation columns, which are all equipped with a
condenser and a reboiler. In order to estimate the utility of the four distillation columns,
the two distillation columns in Chen et al. [2015] have been analysed.

The first distillation column in Chen et al. [2015] separated the remaining gases, which
were not separated by the combined compressor and flash separator. The difference in
boiling point, between the least volatile species in the Gaseous lumped product, C3H8,
and the most volatile liquid in the remaining stream, C6H6, is approximately 120 �C. The
second distillation column in Chen et al. [2015] separates BTX from C9H12. The difference
in boiling point, between the least volatile species in the Liquid lumped product, C8H10,
and the remaining species, C9H12, is approximately 30.26 �C.

The difference in boiling points between the least volatile distillate compared to the
most volatile bottom product for the four distillations columns for the presented study are
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in the range of 10.6 �C to 30.26 �C. As such the following estimations of utility for the four
distillation columns, will be based on the utility for the second distillation column listed
by Chen et al. [2015]. The total utility of the condenser and reboiler for this distillation
column is 16.96 MW with an input mass flow of 57,076 kg/hr.

The first distillation column in the presented study will separate the Alkanes and
CH3OH as a lumped product, where the mass flow of the feed stream is approximately
4.67 times less than the feed stream of the reference distillation column, of which the scaled
utility becomes 3.64 MW. This procedure is repeated for the remaining three distillation
columns where their utility becomes 3.19 MW, 0.53 MW and 0.08 MW, respectively. The
total utility of the four distillation columns hence becomes 7.44 MW. However, as previ-
ously discussed, these values may not be representative which will be further analysed in
the sensitivity analysis in Chapter 6 on page 103.

Throughout this chapter the steady state subsystems have been defined from which either MeOH or
BTX may be produced. Additionally, combining the dynamic subsystems presented in Chapter 3
with these steady state subsystems, System 1 and System 2 may be defined. With System 1 and 2
defined, heat- and mass integration within both systems may be incorporated as will be done in the
following Chapter 5 on the next page.



Chapter 5

Heat- and Mass Integration

Throughout Chapter 3 and 4 the different subsystems have been modelled independently
of each other, with the exception that the output stream from one subsystem was defined
as the inlet for the subsequent subsystem. However, by coupling the subsystems, optimi-
sation can be performed in order to reduce the OPEX, which can be done with respect to
the mass- and energy balances. Some of the individual subsystems produce species which
can be used as inputs in other processes. Furthermore, the temperature varies throughout
the two systems from �38 �C to 431 �C, hence heat exchangers can be implemented to
exchange energy between the streams in the system, and thereby decrease the required
utility. These modifications will reduce the OPEX, however, it should also be mentioned
that these modifications will increase the CAPEX, due to the introduction of additional
components. Furthermore, these additional components will also increase the complexity
of the overall system, meaning more maintenance are required which affects the OPEX.
This aspect will be used to determine where it should be feasible to implement feedback
loops as well as heat exchangers.

The above mentioned analysis will only be done for the two steady state subsystems,
which is the MeOH synthesis to purified MeOH and the MeOH synthesis to BTX, while
the dynamic subsystems of electrolysis, carbon capture and gas storage are omitted as
explained below.

The carbon capture has three mass stream outlets, being the CO2 stream, a drain and
the remaining flue gas. However, none of the two latter mass streams can be utilised
elsewhere in the overall system, hence mass integration for the carbon capture will not
be done. Heat integration is however also of interest, where a heat exchanger is already
implemented. This is incorporated in order to preheat the CO2 rich solvent before the
stripper, and cool the CO2 lean solvent before the absorber. A cooler is also implemented
before entering the absorber. However, no additional cold streams are available to remove
this excess energy, neither by the carbon capture subsystem, nor from the steady state
subsystems with the heat integration presented later in this chapter. Further mass- or heat
integration for the carbon capture will therefore not be done. Similar to the carbon capture,
the electrolyser and the storage subsystems for CO2 and H2 also require cooling, however,
as discussed no excess cooling streams are available making external utility a necessity.
From the upcoming analysis it is determined that relatively large quantities of H2O exits
the steady state subsystems which could be recycled to the electrolyser. However, since
these are not modelled in the same software, this feedback is not recycled, but it will
be further discussed when determining the OPEX for the electrolyser in Chapter 6 on
page 103.

89
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The following analysis will therefore only be conducted for the two steady state sub-
systems, one where Green MeOH is the desired end product, and the other where BTX is
the desired end product.

5.1 System 1: Methanol as End Product

The integration of heat exchangers are based on its influence on the economic balance
between CAPEX and OPEX. In order to perform the heat exchanger integration the energy
content within each individual stream are analysed, determined by the mass flow and
the specific heat capacity. Figure 5.1 on the next page illustrates the entire steady state
subsystem of System 1, with the stream names and their belonging heat capacity and
temperature.



5.1. System 1: Methanol as End Product 91

V
al

ve
 2

M
ix

er

M
eO

H
 R

ea
ct

or
M

eO
H

 R
ea

ct
or

Fl
as

h

Se
pa

ra
to

r
C

om
p 

2

C
om

p 
1

V
al

ve
 1

C
on

de
ns

er

Re
bo

ile
rD

eg
as

se
r

C
on

de
ns

er

Re
bo

ile
r

Li
qu

id
-L

iq
ui

d
Se

pa
ra

to
r

Li
qu

id
-L

iq
ui

d
Se

pa
ra

to
r

H
ea

te
r 1

C
oo

le
r 1

C
oo

le
r 3

6.
2

25
.0

30
.0

99
.3

30
.0

13
.3

30
.0

99
.4

-3
8.

3
0.

3

66
.7

3.
3

10
2.

1
5.

9
25

.0
5.

5

18
.4

13
.3

75
.1

14
.2

T 
[°

C]
C

p 
[k

J/K
]

H
ea

te
r 2

C
oo

le
r 2

25
.0

6.
4

3.
8

25
.0

10
2.

6
35

.0

11
2.

3
34

.8
11

5.
8

20
7.

6
11

4.
3

24
4.

0
11

4.
3

25
0.

1
11

2.
7

30
.0

0.
1

30
.0

0.
1

17
.2

25
.0

0.
4

T 
[°

C]
C

p 
[k

J/K
] S6

S2
S3

G
A

S

I-H
2

O
-P

U
RG

E 
1

I-C
O

2

PU
RG

E 
1

S5
S4

C
O

2-
O

U
T

M
EO

H

H
2O

O
-H

2O

RE
C

YC
LE

S1

M
EO

H
-H

2O

O
-M

EO
H

O
-C

O
2

LI
Q

U
ID

S1
7

Figure 5.1: Steady state subsystem of System 1 with belonging stream names and their heat capacity and
temperature.
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From Figure 5.1 on the preceding page it can at first be concluded that the heat capacity
for the majority of the streams within the feedback loop of the MeOH synthesis, are more
than 10 times greater than the streams outside the feedback loop. This was expected due to
the relatively large difference in the mass flow from the input of CO2 and H2 compared to
the recycled stream, which corresponds to relatively large utility requirements for Heater
1 and Cooler 1. From streams S1 , S2 , S4 and S5 it can be concluded that the feed
which enters this subsystem must be heated from 35 �C to 208 �C and cooled from 250 �C
to 30 �C, which has been done by Heater 1 and Cooler 1, respectively. Instead a heat
exchanger can be utilised, where a countercurrent heat exchanger is used in order to obtain
a greater heat transfer compared to a cocurrent heat exchanger. This type of heat exchanger
will be used for any additional heat exchangers which are to be implemented, all with a
pinch temperature of 10 �C since this value is commonly used [Klein and Nellis, 2017].
The objective of implementing heat exchangers is to reduce the utility and if possible,
the number of heaters and coolers. In order to determine whether Heater 1 or Cooler 1
can be removed, the theoretical amount of heat transfer between the two streams must
be determined from an energy balance as in Eq. 5.1. This energy balance determines
the theoretical equilibrium temperature for two streams which can be used in order to
implement a heat exchanger

ṁ1 · cp,1 · (T1 � Teq) = ṁ2 · cp,2 · (Teq � T2) (5.1)

where cp,n is the individual specific heat capacity and Teq is the equilibrium temperature.
Since the temperature of S1 and S5 are similar, neither Heater 1 nor the Cooler 1 can be
removed, however, their utilities can be decreased if a heat exchanger is implemented.

In order to further utilise the energy within the stream S5 , a second heat exchanger
can be implemented. The recycled stream RECYCLE has a temperature of 35 �C from
which further heat transfer should be possible. When implementing heat exchangers the
quality of the energy for the different streams must be taken into account where the tem-
perature is the decisive variable. The stream S4 should therefore firstly supply heat to
S1 and thereafter RECYCLE in order to reduce the utility of Heater 1 and Cooler 1.

If the purifying process of the produced MeOH is analysed it may be seen that the fi-
nal temperatures of streams CO2-OUT , MEOH and H2O are �38 �C, 67 �C and 102 �C,
respectively. Since these are the end products, they should be heated or cooled to ambi-
ent temperatures. Stream CO2-OUT is the only stream which needs heating whereas
MEOH and H2O require cooling. From Figure 5.1 on the preceding page it may be seen

that the heat capacity of CO2-OUT is relatively low compared to the other two streams.
Due to its relatively low heat capacity only one of the other two streams can be cooled.
H2O consists of approximately 100 wt% H2O which could potentially be recycled to the

electrolyser. However, a purifier might be a necessity in order to achieve the purity re-
quirement in the electrolyser. Since the electrolyser operates at 80 �C it could be feasible
to maintain the energy within the H2O such that less heat is required for the electrolyser,
assuming the purifier can operate at elevated temperatures. Regardless of this assumption,
the MeOH must be cooled, from which stream MEOH is chosen to be cooled by stream
CO2-OUT . Since the assumption regarding the recycling of the H2O stream H2O can-

not be verified at this point, the stream is cooled to 25 �C similar to MEOH . As mention
there is a relatively large difference between stream CO2-OUT and MEOH with respect
to their individual heat capacity, and furthermore the MeOH exiting the liquid-liquid sep-
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arator is at vapour state and its temperature is 67 �C. Given these conditions and the
predefined pinch temperature of 10 �C, the temperature of CO2-OUT should be able to
reach a value of 57 �C. This is however not desired since this stream should be recycled
into the MeOH synthesis from which an elevated temperature above 25 �C would affect
the two mentioned heat exchangers, from which 25 �C is chosen.

The CO2 stream O-CO2 could, as mentioned, be incorporated into a feedback loop
since this stream consists of approximately 100 wt% CO2 and with a mass flow of 12.3 wt%
compared to the inlet mass flow of I-CO2 . Since relatively much energy has been put
into the carbon capture subsystem to separate the pure CO2 from the flue gas, and given
the mass flow of this stream, it should be recycled. This would increase both the income
of the system and its CAPEX since the entire system would have to be upscaled. This
results in the necessity of repeating the optimisation algorithm for the MeOH synthesis
which would affect the required supply of H2 and thereby the electrolyser and storage.
Furthermore, the degasser and liquid-liquid separator would also have to be upscaled.
With respect to the system, where BTX is the desired end product, the optimisation and
fitting of the BTX production would also have to be redone. Due to limitations this will
not be done.

The heat exchanger network, for the system where Green MeOH is the end product,
may be seen in Figure 5.2 on the next page.
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Figure 5.2: Heat exchanger network incorporated in the steady state subsystem of System 1, where Green
MeOH is the desired end product.
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As presented, three heat exchangers are incorporated in the system, as illustrated in
Figure 5.2 on the facing page. It is also shown that the stream exiting the reactor is able
to supply enough heat to the inlet stream of the reactor such that it may reach its desired
temperature of 208 �C without any additional heating from a heater. It may however also
be noticed that a heater, named Easer, remains implemented before the reactor, though, it
may also be seen that there is no temperature difference through it. This heater should not
be installed in real applications as it is only used to ease the model convergence of this
subsystem.

Cooler 1, before the flash separator, is however still required as may be seen in Figure
5.2 on the preceding page. Yet, its utility has been decreased since it is only required to
cool the exit stream of the reactor from 83 �C to 30 �C instead of 250 �C to 30 �C.

The third heat exchanger is, as discussed, implemented between the outlet stream of
CO2-OUT and MEOH in order to heat the CO2 to 25 �C. Regardless, if this stream is

recirculated in a feedback loop to the MeOH synthesis or discarded into the atmosphere,
the latter being the current approach, it is assumed that it must be heated. It may be
seen that the temperature of the MeOH does not decrease throughout this heat exchanger,
which is due to its latent heat of condensation. Prior to the heat exchanger the MeOH is
at vapour state, but afterwards a fraction of the vapour is condensed. Further cooling of
the MeOH stream as well as the H2O stream is still required.

Given the integration of the heat exchanger network, a comparison of the subsystem
with and without heat exchangers can be done. For this comparison it is of interest to
analyse the total utility cost of the heaters, coolers and heat exchangers. This may be seen
in Table 5.1, where the total number of heaters, coolers and heat exchangers are also listed.

Table 5.1: Utility cost and number of components for System 1 with- and without a heat exchanger network
(HEN) incorporated. The savings between System 1 with and without a HEN is also shown.

Without HEN With HEN
No. Heaters 2 0
No. Coolers 3 3
No. Heat Exchangers 0 3
Utility cost [USD/year] 11,495,748 341,640
Savings 97.0%

From Table 5.1 it may be seen that the total utility cost is reduced by 97.0 %, due to the
integration of the heat exchangers. In order to achieve this reduction of the utility cost, the
two heaters are replaced by three heat exchangers. This affects the CAPEX, however, due
to the significant saving in utility cost this is deemed profitable.

With this system, where MeOH is the end product, now also optimised in regards to
utility, its OPEX and CAPEX can be determined. This is explored in the following Chapter
6 on page 103.
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5.2 System 2: BTX as End Product

In this system, where the BTX synthesis is incorporated as an extension to System 1 with-
out the liquid-liquid separator, the heat exchanger network until and including the MeOH
synthesis subsystem is kept equal. However, in order to produce the BTX a second reac-
tor is implemented, from which relatively large temperature differences occur once again,
similar to the MeOH synthesis. This may be seen in Figure 5.3 on the next page where the
entire steady state subsystem of System 2, with the stream names and their belonging heat
capacity and temperature are illustrated.
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98 Chapter 5. Heat- and Mass Integration

Due to the relatively big temperature differences between the inlet and exit of the BTX
reactor, a heat exchanger network can be implemented similar to the one for the MeOH
synthesis. From the streams S10 , S11 , S13 and S14 it can be concluded that the feed
which enters the BTX reactor must be heated from 162 �C to 360 �C and cooled from 429 �C
to 32 �C, which currently has been achieved by a heater and a cooler.

Similar to the MeOH synthesis, a heat exchanger is firstly implemented between the
stream exiting the reactor and the inlet stream due to the elevated temperatures. Contrary
to the MeOH synthesis, an additional heat exchanger is not implemented to the feed-
back loop stream. Instead the liquid stream MEOH-H2O exiting the degasser is utilised.
Several aspects affect the placement of the second heat exchanger, due to the different
pressures throughout the BTX production. The pressure of the liquid stream exiting the
degasser MEOH-H2O is 1.1 bar, whereas the pressure for the stream entering the BTX
reactor must be 18 bar. After the BTX reactor the pressure must be reduced to 4.2 bar
for the flash separator, Flash 2. Since compression of a stream also increases its temper-
ature this must be accounted for when placing the second heat exchanger. The feedback
stream RECYCLE2 currently enters Mixer 2 with a pressure of 4.2 bar, which must be
pressurised to 18 bar prior to this mixer. The pressure of the streams entering and exit-
ing Mixer 2, should be equal in order to avoid back flow. The fluid mixture in stream
RECYCLE2 is at vapour state from which a compressor can be implemented. Contrary,

the fluid mixture MEOH-H2O which exits the degasser is at liquid state, which should be
vaporised before compression. The second heat exchanger can therefore be implemented
to this stream in order to vaporise the liquid before the compression. However, since
the temperature increases when compressing a gas, this must be accounted for when de-
signing the heat exchanger network. If the heat transfer for the second heat exchanger
is too great the additional temperature increment from the compression will result in a
temperature too high before the reactor from which cooling would then be required. Fur-
thermore, when compressing a vapour its saturation temperature is affected, which could
make the vapour condense within the compressor, if the initial temperature is not high
enough. Both of these considerations must therefore be accounted for when designing the
heat exchanger network.

Similar to System 1, the CO2 stream O-CO2 must also be heated from �38 �C to 25 �C
since it should be recycled back to the MeOH synthesis as previously discussed. This is
achieved from the BTX product stream O-BTX .

As presented in Section 4.3, H2 is separated from the feedback loop in the BTX produc-
tion which is then incorporated in a separate feedback loop to the MeOH synthesis. This
is done through Separator 2, from which the stream O-H2 is recycled. The molar flow
of this stream is approximately 6 mol% of the initial H2 flow in stream I-H2 . This would
reduce the CAPEX and OPEX with respect to the electrolyser and the storage subsystem.
The implementation of the heat exchanger network as well as the additional feedback
stream may be seen in Figure 5.4 on the facing page.
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Figure 5.4: Heat exchanger network as well as the feedback streams incorporated in the steady state subsystem
of System 2, where BTX is the desired end product.
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From Figure 5.4 on the previous page it may be seen that the heat exchanger network
with respect to the MeOH synthesis is equal to system 1, as mentioned. Three additional
heat exchangers, Heat Exchanger 3, Heat Exchanger 4 and Heat Exchanger 5, are imple-
mented in the MeOH to BTX process. Heat Exchanger 4 is incorporated between the outlet
and inlet of the BTX reactor, whereas Heat Exchanger 3 is incorporated before the com-
pression of the liquid output from the degasser. Given these two heat exchangers and
further the compressors Comp 3 and Comp 4, the heater before the BTX reactor can be
removed. However, similar to the MeOH production a heater, denoted Easer, is still im-
plemented before the BTX reactor, whose function remains to ease the model convergence.
In total, five heaters, which have no contribution to the system except easing the model
convergence, are implemented in Figure 5.4 on the preceding page named Easer 1 to Easer
5. Cooler 2 located before the flash separator Flash 2 remains, but its utility has been de-
creased since it is only required to cool the exit stream of the BTX reactor from 98.1 �C to
32 �C instead of 429 �C to 32 �C.

The last heat exchanger, Heat Exchanger 5, is used to heat the CO2 stream O-CO2 .
However, due the temperature of the BTX product stream S28 being 32 �C and the pinch
temperature defined as 10 �C, the outlet temperature of O-CO2 is limited to 21 �C. This
limit is imposed since the product stream O-BTX exits at a temperature of 31 �C. It was
desired to heat the O-CO2 stream to 25 �C. As it should be heated regardless if it is
used in a feedback loop to the MeOH synthesis or discarded into the atmosphere, the
latter being the current approach. It is however determined that an additional heater is
not necessary due to its heat capacity being insignificantly small compared to the recycled
MeOH stream RECYCLE1 . The BTX product stream O-BTX exits at a temperature
of 31 �C which is accepted since further separation of the individual species is required
anyway. Lastly, it may also be seen from Figure 5.4 on the previous page that the separated
H2 is recycled back to the MeOH synthesis.

Given the integration of the heat exchanger network, a comparison of the system with
and without heat exchangers can be done. For this comparison it is of interest to analyse
the total utility costs for the heaters, coolers and heat exchangers. This may be seen in
Table 5.2, where the total number of heaters, coolers and heat exchangers are also listed.

Table 5.2: Utility cost and number of components for System 2 with and without a heat exchanger network
(HEN) incorporated. The savings between System 2 with and without a HEN is also shown.

Without HEN With HEN
No. Heaters 4 0
No. Coolers 2 2
No. Heat Exchangers 0 5
Utility cost [USD/year] 18,228,859 484,603
Savings 97.3%

From Table 5.2 it may be seen the total utility cost is reduced by 97.3 %, due to the
integration of the heat exchangers. In order to achieve this reduction of the utility cost, the
four heaters are replaced by five heat exchangers. This affects the CAPEX, however, due
to the significant saving in utility cost this is deemed profitable.

With this system, where BTX is the end product, now also optimised in regards to
utility, it may be determined what the costs of construction and operation are. This is
explored in the following Chapter 6 on page 103.
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Throughout this chapter heat- and mass integration for the steady state subsystems of System 1 and
2 have been conducted. This yielded a reduction in the utility of the heaters and coolers of 97.0 %
and 97.3 % for System 1 and 2, respectively. Additionally, mass integration was performed for
System 2, where the H2, produced in the BTX synthesis, was recirculated to the MeOH synthesis.
With System 1 and 2 defined, the CAPEX and OPEX for both can be estimated, which will be done
in the following Chapter 6 on page 103.
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Chapter 6

Economic Assessment of the Systems
This chapter seeks to investigate the economic aspects of the two systems described in
the previous chapters. The economic aspects will concern the equipment cost, cost of
operation, income from sale of products and loan repayment. The costs of some of these
parameters are deemed difficult to estimate, of which a cost range will be listed. A baseline
value will therefore be defined from which a sensitivity analysis for each system will
further investigate the influence of these varying parameters. The goal of this economic
analysis is therefore to assess the feasibility of the two systems and thereby indicate if
they produce a profit or deficit. The rate of exchange has been fixed at 0.16 DKK/USD in
accordance to the rate on the 1st of May, 2021.

6.1 Economics of Subsystems

The initial equipment investment and cost of operation are often classified as capital ex-
penditures (CAPEX) and operational expenditures (OPEX), respectively. CAPEX consists
of all facets in regards to initial purchase of any equipment, installation of the equipment,
acquisition of land and further development of used technologies. OPEX concerns day
to day expenditures such as maintenance of equipment, and in the case of the presented
study the consumption of utility and other feed materials for the system. Hence, in sum-
mation, CAPEX is any one-time expenses which will last for many years to come, while
OPEX is continuously paid expenses on a daily to annual basis.

In order to estimate the feasibility of the two different systems, it is therefore necessary
to investigate both the CAPEX and OPEX in conjunction to determine the potential profit
of the systems. To do so the CAPEX and OPEX of the individual subsystems must be
determined, which will be presented in Section 6.3 on page 110 and 6.4 on page 112.

It should be noted that any CAPEX and OPEX not listed in the sections below, are
values determined by the Aspen Plus Process Economic Analyzer (APEA). The price esti-
mated by APEA includes the equipment and installation costs. Equipment cost concerns
the bare cost of the components that make up the system. Installation cost concerns any
material used to construct the system and other expenditures. Together they make up the
expected total cost of constructing the given system, which is hence the CAPEX. Regard-
ing OPEX, APEA estimates the demand for electricity, cooling and heating for the different
components in the subsystem.

Before considering the given CAPEX- and OPEX values, it should be noted from which
year the respective values originate. In APEA, the CAPEX and OPEX are both determined
using a price basis from the year of 2015, as may be reviewed in the APEA help menu.
Similarly, for any subsystem not determined in APEA, the price is dependent on the spe-
cific year that the sources acquired their prices from. As a result, it would be a complicated
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process if these values were to be converted to values of the year 2021. Although a rough
estimate could be achieved by considering both the inflation rate and a price index for ev-
ery component of every subsystem, it was chosen not to account for either. Therefore, the
various values displayed in the following tables, are based on the values acquired directly
from their source of origin.

6.1.1 Carbon Capture

The CAPEX and OPEX of the carbon capture subsystem is determined by APEA. How-
ever, the cost of the solvent used, MEA, is based on the current market price. The price
presented by Echemi [2021f] is from 2021, while the price in Intratec [2007] is from 2007.
Since the lowest price presented by Intratec [2007] matches the price by Echemi [2021f], this
price is assumed to be representative of the current market value being 1,400 USD/tonne.
In ASPEN Plus, only the flow rate of the MEA can be defined, and since no pipe sizes are
specified, the total amount of MEA in the subsystem cannot be specified. It can however
be approximated from the volume of the absorber and stripper, since they are assumed to
contribute most of the total volume for the subsystem. Their combined volume is 310 m3,
where the absorber constitutes 300 m3 of this volume. The volume occupied by the solvent
in the absorber is presumed to be 10 vol%, and the concentration of MEA in the solvent is
30 wt%, from which the resulting volume of MEA is approximately 9 m3. Which, when its
density is accounted for, equals about 10 tonne thereby costing a total of 14,000 USD.

With respect to the degradation of the solvent, this has been investigated by Davis and
Rochelle [2009]. They present a MEA degradation rate of about 13.5 wt% on an annual
basis under conditions similar to those observed in the carbon capture subsystem. Hence,
13.5 wt% of the MEA must be replaced annually, resulting in an additional OPEX.

The CAPEX and OPEX of the carbon capture subsystem are listed in the Tables in
Section 6.3 and 6.4.

6.1.2 Hydrogen and Carbon Dioxide Storage

The CAPEX of the two storage tanks, where the first stores CO2 and the second stores H2,
are assumed equal due to their pressure and volume being identical at 32 bar and 100 m3.
An investment cost is estimated by C. van Leeuwen [2018], resulting in 45.6 USD/m3.
Furthermore, they estimate an operation and maintenance (O&M) cost, which due to the
relatively low pressure in the storage tank, is taken as 0.5 % of the initial CAPEX.

The storage units also require compression before their respective stream may enter
the MeOH reactor, hence a multistage compressor is required as presented in Chapter 3,
which is determined through APEA.

The CAPEX and OPEX of the H2 and CO2 storage subsystems are listed in the Tables
in Section 6.3 and 6.4.

6.1.3 Electrolysis

The CAPEX of the electrolyser is based on Brynolf et al. [2018], where a price inter-
val is given for the expected alkaline electrolyser cost in 2030, where an interval of
480 USD/kW to 1,080 USD/kW is given, with the baseline specified to equal the median
being 780 USD/kW. Hence, the CAPEX of the electrolyser is determined according to its
power input.
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The OPEX for the electrolyser includes its O&M, power consumption, stack replace-
ment and its H2O supply. The O&M is defined by Brynolf et al. [2018] to equal about
3.5 % of the baseline CAPEX. Additionally, the stacks are specified to have a lifetime of
approximately 10.85 years, after which a stack replacement is required. The cost of this re-
placement is specified to equal 50 % of the baseline CAPEX cost, hence this annual OPEX
can be expressed as 4.6 % of the baseline CAPEX of the electrolyser.[Brynolf et al., 2018]

Regarding the H2O supply to the electrolyser, it must be taken into account that it op-
erates on purified H2O. To achieve purified H2O, a demineraliser subsystem is required.
Firstly, the tap water is acquired from the local water supply, which has an asking price
of 2.2 USD/m3 [AalborgForsyning, 2021b]. However, in order to reduce this expense, the
excess H2O produced in both systems could be recirculated. The demineralisation of H2O
is achieved using a subsystem similar to the one constructed by Commission [2000]. The
input H2O investigated by Commission [2000] contains more than three times the maxi-
mum allowable amount of Na+ and Cl– ions in Danish tap water, hence if only these ions
were to be removed the subsystem of the presented study would be overdimensioned.
Although the recirculated H2O in the present study contains other species than the impu-
rities present in Commission [2000], which is MeOH for System 1 and C6H6 in System 2,
the overdimensioning is assumed to equalise this. Hence, the CAPEX and OPEX of the
H2O demineraliser is determined by scaling their system to match the given flow rate in
the presented study, the costs of which are listed in the Tables in Section 6.3 and 6.4.

6.1.4 Wind- and Solar Power

Wind- and solar power is desired, not only to produce free power in the long term, but
also to compensate for the relatively large power consumption of the systems, which is
mainly attributed to the electrolyser. The total installed wind- and solar capacity are, as
mentioned in 3.3.1, 84 MW and 9.54 MW, respectively. The CAPEX and OPEX of both
technologies are based on Agency [2019], where their CAPEX are listed as 1,325 USD/kW
and 750 USD/kW, while their OPEX are 30 USD/kW and 9.5 USD/kW, for wind- and
solar power, respectively.

6.1.5 Methanol Synthesis

The CAPEX and OPEX of the MeOH synthesis subsystem is determined by APEA. How-
ever, the cost of the catalyst, Cu/ZnO/Al2O3, used in the reactor must be estimated by
alternative means. The price is approximated based on the information provided by Cat-
Cost [2020], where the catalyst price can be estimated based on its metallic composition.
This resulted in a price of about 17,500 USD/tonne.

Regarding the degradation of the catalyst, this is investigated by Alarifi [2016]. They
present a catalyst degradation rate resulting in a lifetime of four years, meaning all of the
catalyst must be fully replaced at this frequency, resulting in an additional OPEX.

The CAPEX and OPEX of the MeOH synthesis subsystem are listed in the Tables in
Section 6.3 and 6.4.

6.1.6 BTX Synthesis

Similar to the MeOH synthesis, the CAPEX and OPEX of the BTX synthesis subsystem is
also determined by APEA. However, the cost of the catalyst, ZSM-5, used in the reactor
is based on Hannon et al. [2020] and Alibaba [2021], where an interval of approximately
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5,000 USD/tonne to 30,000 USD/tonne is reported. Due to the difficulty of estimating
which price is representative, the median price is taken.

The degradation of this catalyst is investigated by Hannon et al. [2020]. They present
the catalyst degradation rate which results in a lifetime of nine months, meaning all of the
catalyst must be fully replaced at this frequency, resulting in an additional OPEX.

The CAPEX and OPEX of the BTX synthesis subsystem are listed in the Tables in
Section 6.3 and 6.4.

6.1.7 Separation of System 2 Products

The modelling associated with the separating of the products produced by System 2 was
concluded to be out of scope for the presented study. Instead, the number of components
and their required utility were estimated based on literature concerning a similar subsys-
tem. This resulted in a separation subsystem with a multistage compressor, a flash vessel
and four distillation columns. The utility of each component was estimated based on the
required utility listed in this literature and scaled by the difference in mass flow to the
presented study. This procedure is repeated when estimating the equipment costs of each
of the latter mentioned components. It is likely that the equipment costs cannot be scaled
linearly, however, since the modelling has not been performed for the components it has
been assumed.

According to Chen et al. [2015] the cost of the multistage compressor and flash vessel
are approximately 32,137,300 USD and 496,300 USD, respectively. The distillation column,
which is to be scaled, is coupled to a condenser and reboiler where the cost of the entire
unit is 1,688,200 USD.

The multistage vessel have both the highest utility requirement according to Section
4.3.2, further it is also the component with the highest cost. This indicates that it may
be beneficial to investigate if other components could replace the multistage compressor.
However, the subsystem defined by Chen et al. [2015] is similar to the subsystem of the
presented study, as such the components remains the same.

If the cost is scaled linearly the cost of the multistage compressor and flash vessel be-
comes 1,548,000 USD and 23,900 USD, respectively. The cost of each of the four distillation
columns becomes 358,000 USD, 313,800 USD, 52,100 USD and 7,900 USD.

6.2 Economics of Additional Parameters

The previous section concerned the economics of each subsystem, whereas this section
includes the economics of additional parameters which affect both systems.

6.2.1 Electricity Price

The costs associated with electricity is of significant importance due to the relatively large
consumption of power for both systems, which is mainly attributed to the electrolyser.
Hence, it is assumed that the determination of the economics of the systems are sensi-
tive to a variation in electricity prices. The price of the electricity is specified according
to Energistyrelsen [2021b], Energistyrelsen [2021c] and eurostat [2021], corresponding to
0.043 USD/kWh, 0.05 USD/kWh and 0.073 USD/kWh, respectively. It should be noted
that these prices are only achievable since both systems exceed an annual power con-
sumption of 150 GWh.
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6.2.2 Initial CAPEX Loan

Due to the relatively large CAPEX of the two systems, presented in Table 6.1 and 6.2,
it is deemed a necessity to borrow the capital from financial institutions, such as a bank.
However, it is difficult to gather decent estimates for such loans without making an enquiry
to the banks. Due to these difficulties, the interest rate and payback period will be varied
between 1 % to 5 % and 10 years to 30 years, respectively, in the sensitivity analysis in
Section 6.6 on page 115.

6.2.3 Oxygen Production and Price

O2 is a byproduct produced in the electrolyser, which has not earlier been evaluated in the
presented study. However, the produced O2 mass flow from the electrolyser is 3.44 kg/s
in System 1 and 3.25 kg/s in System 2 of which the production volume is considered sig-
nificant. The difference in O2 production is due to the recirculation of excess H2 produced
from the BTX synthesis, as such the production volume of the electrolyser in System 2 is
reduced.

The possible usage of O2 in RenoNord’s incineration plant was evaluated in Section
2.1, which concluded that it would increase the concentration of CO2 in the flue gas since
the flue gas would contain less N2. This would result in a reduction of the dimensions of
the absorber in the Carbon Capture subsystem, since it was dimensioned in regards to the
mass flow of flue gas. Additionally, it was mentioned that utilising O2 in the incineration
plant may increase the adiabatic flame temperature within the combustor, hence increase
the power output of the incineration plant. The O2 can therefore be used on site by the
incineration plant of RenoNord, or it could be sold.

A company which is known to have a high consumption of O2 is Rockwool, which is
located in Hobro approximately 36 km from the incineration plant of RenoNord. Currently,
the O2 is supplied to their factory by trucks, from which it could be lucrative to install a
pipeline between the proposed plant of the presented study and Rockwool. From a similar
study it was concluded that Rockwool would support such a deal.[EnergiNet, 2018]

It is difficult to estimate the possible revenue associated with the sale of O2 to Rock-
wool, since the asking price would have to be negotiated. It is of interest for Rockwool to
purchase the O2 cheap compared to other suppliers, meanwhile it is of interest for the pre-
sented study to sell the O2 without further processing. This could be possible if a pipeline
was to be connected between RenoNord and Rockwool, where the distance of 36 km is
deemed to not pose any problems. The assumption is made according to pipelines that
transport natural gas, which are known to exceed more than 1,000 km [Husseini, 2018].
Since the O2 will be delivered to Rockwool by pipelines, the asking price will be based on
the costs associated with onsite production costs. A study done by Dorris et al. [2016] es-
timates the asking price to be within 26 USD/tonne to 40 USD/tonne [Dorris et al., 2016].
It should however be noted that this price range is based on literature from 2005 and 2007
of which this asking price range might not be representative. It is expected that the asking
price will be lowered as the technology develops. Yet, FRED [2021] states the opposite,
where the asking price of O2 has only increased since 2003. As a result, it becomes uncer-
tain if the current asking price associated with onsite production of O2 should be above or
below the range of 26 USD/tonne to 40 USD/tonne. This will be accounted for in the sen-
sitivity analysis by varying the asking price of O2 from 20 USD/tonne to 60 USD/tonne,
with the baseline being 40 USD/tonne.
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6.2.4 Green Chemicals

The asking prices for the MeOH and the products produced from the BTX synthesis,
previously listed in Table 4.11 on page 83, were all asking prices for what is considered
Black chemicals. This classification is equal to the one initially presented for, for example
H2, which can be classified as either Black, Grey or Green, depending on its production
method.

The classification ’Green product’ is a relatively modern term, from which prices for
the products under consideration are difficult to estimate. It is expected that Green prod-
ucts are more expensive than Black products, due to additional production expenditures.
Although Green products are more expensive to produce, it provides companies with the
option of branding their products as being Green, making them able to charge a premium
price for their products.[Klenert et al., 2018] The ability to sell Green products at premium
prices are stated by EnergiNet [2019] and DrivKraftDanmark [2021], where bio-diesel is
shown to have a value of 1.6 to 2.0 times the value of Black diesel. Similarly, Mikulski
[2018] states a Green MeOH price which is approximately two times the price of Black
MeOH.

The support towards the use of Green products is hence assumed to also be applicable
to the products of consideration in the presented study. Hence, the influence of being able
to sell these products at premium prices will be investigated during the sensitivity analysis
in Section 6.6.

6.2.5 Heating and Cooling

Independently of which system is of consideration, external cooling and heating is re-
quired. Chapter 5 concluded that the utility costs associated with heaters and coolers
could be reduced by heat integration. This reduced the utility costs of these components
by 97 % and 97.3 % for System 1 and System 2, respectively. However, additional com-
ponents require heating such as the reboilers that are coupled to the distillation columns,
which become an expense determined by APEA. This is represented in Table 6.3 and 6.4
where the heating is provided by steam.

APEA also determines the costs associated with cooling, yet this is not used. The
cooling could instead become an income rather than an expense, if the excess heat is
sold as district heating. The plant of the presented study will be located next to the
incineration plant RenoNord which is already coupled to the district heating network,
of which it is expected that the installation costs associated with coupling this plant to
the network, will be insignificant. Depending on the season of the year, the temperature
of the water returning from the consumers vary. However, independently of the season
the temperature should drop approximately 30 �C to 35 �C from the initial temperature
at the consumers.[Forsyning, 2020] Assuming an inlet temperature of 40 �C and an outlet
temperature of 75 �C the integration of the district heat network into both systems can be
analysed.

In System 1, the distilled H2O exits the distillation column at a temperature of 102 �C
which could be used for district heating, since it must be cooled. However, it is expected
that this revenue is insignificant due to its relatively low mass flow compared to other
streams in this system. As such district heating will not be integrated for System 1.

In System 2, the output of the BTX reactor is cooled to 137 �C by two heat exchangers
after which it is cooled by a cooler to 32 �C. The mass flow rate for this stream compared
to the formerly mentioned stream in System 1 is approximately 22 times larger. Given
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the elevated temperature and mass flow a part of the heat, removed by the cooler, could
instead be utilised in the district heating network. The heat transfer for this heat exchanger
is determined from the inlet and outlet temperature for the district heating stream, yielding
a total of approximately 327,000 GJ on an annual basis. The price at which the energy can
be sold is 4.15 USD/GJ, corresponding to a total income of approximately 1,300,000 USD
[PwC.dk, 2020].

Additional cooling is required for different components throughout the systems, where
district cooling could be an option. A district cooling network is currently being es-
tablished which transfers energy to the quarry located near Rørdal. This network will
be available for industrial partners in the eastern part of Aalborg, which also includes
RenoNord, and it is already connected to Aalborg University Hospital.[AalborgForsyning,
2021a] According to AalborgForsyning [2021a], the pipelines are placed relatively close to
RenoNord and as such it is expected to be possible to connect to these pipelines, hence the
instillation costs would be minor. Utilising the district cooling would be an expense, how-
ever, it is expected that this expense will be insignificant compared to the overall OPEX of
the plant, as such its influence is excluded in the remainder of the presented study. The
assumption regarding cooling from district cooling will be further discussed in Chapter 7
on page 121.
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6.3 CAPEX of the Systems

The CAPEX assessment of the different subsystems used in the two systems, illustrated in
Figure 5.2 and 5.4 in the former Chapter 5, is determined using APEA and the results are
listed in Table 6.1 and 6.2. Furthermore, the CAPEX of the wind and solar power, H2O
demineraliser, electrolyser, storage units, and BTX separation unit is determined using the
information presented in the above Section 6.1.

Table 6.1: CAPEX of System 1, where distilled MeOH is sold as the final product. The cost of the subsystems
and the total CAPEX is given in USD.

Subsystem Component Equipment cost [USD] Installation cost [USD]

Carbon Capture

Absorber 1,996,200 2,464,600
Comp 15,000 100,000
Cooler 1 2,000 20,000
Cooler 2 57,100 158,500
Flash 1,800 10,200
Heat Exchanger 1,562,200 2,575,000
Pump 16,400 73,300
Stripper 190,200 516,000
MEA solvent 14,000 -

Total - 3,854,900 5,917,600
Wind power - 111,300,000 -
Solar power - 7,158,000 -
H2O demineraliser - 1,179,400 -
Electrolyser - 68,987,900 -
H2 storage - 12,898,800 -
CO2 Storage - 7,213,300 -
Total - 208,737,400 -

Figure 5.2

Comp 1 61,100 223,700
Comp 2 853,000 1,067,800
Cooler 1 152,200 293,400
Cooler 2 127,600 255,600
Cooler 3 16,600 76,700
Degasser 78,800 487,500
Flash 10,000 20,000
Heat Exchanger 1 123,300 255,900
Heat Exchanger 2 65,500 187,100
Heat Exchanger 3 7,800 46,200
L-L-Separator 328,500 839,700
MeOH Reactor 85,400 232,800
MeOH catalyst 291,900 -

Total - 2,201,700 3,986,400

CAPEX - 224,698,000
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Table 6.2: CAPEX of System 2, where MeOH is converted to BTX and other chemicals which are sold as the
final products. The cost of the subsystems and the total CAPEX is given in USD.

Subsystem Component Equipment cost Installation cost

Carbon Capture

Absorber 1,996,200 2,464,600
Comp 15,000 100,000
Cooler 1 2,000 20,000
Cooler 2 57,100 158,500
Flash 1,800 10,200
Heat Exchanger 1,562,200 2,575,000
Pump 16,400 73,300
Stripper 190,200 516,000
MEA solvent 14,000 -

Total - 3,854,900 5,917,600
Wind power - 111,300,000 -
Solar power - 7,158,000 -
H2O demineraliser - 1,112,500 -
Electrolyser - 65,076,200 -
H2 storage - 12,827,500 -
CO2 Storage - 7,213,300 -
BTX separation - 2,303,700 -
Total - 206,991,200 -

Figure 5.4

BTX Reactor 181,800 511,400
Comp 1 61,100 223,700
Comp 2 853,000 1,067,800
Comp 3 2,342,700 2,544,800
Comp 4 1,640,600 1,872,400
Comp 5 1,400,600 1,518,700
Cooler 1 152,100 293,300
Cooler 2 68,300 178,400
Degasser 78,600 487,300
Flash 1 10,000 20,000
Flash 2 34,400 133,900
Heat Exchanger 1 126,600 259,400
Heat Exchanger 2 65,500 187,100
Heat Exchanger 3 24,700 105,800
Heat Exchanger 4 40,300 241,100
Heat Exchanger 5 8,300 44,900
MEOH Reactor 85,400 232,800
Separator 2 28,000 144,400
MeOH catalyst 291,900 -
BTX catalyst 296,800 -

Total - 7,780,600 9,999,500

CAPEX - 234,543,800
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6.4 OPEX of the Systems

The OPEX assessment of the different subsystems used in the two systems, illustrated
in Figure 5.2 and 5.4 in Chapter 5, is determined using APEA and the results are listed
in Table 6.3 and 6.4. Furthermore, the OPEX of the wind and solar power, H2O supply,
H2O demineraliser, electricity, electrolyser, storage units, catalysts, and BTX separation is
determined using the information presented in the above Sections 6.1 and 6.2.

Table 6.3: OPEX of System 1, where distilled MeOH is sold as the final product. The annual cost of the
subsystems and the total OPEX is given in USD.

Subsystem OPEX Type Unit Quantity Unit cost Annual cost [USD]

Carbon
Capture

Electricity kW 89.6 0.05 USD/kWh 39,300
Cooling water MW 5.0 ⇡ 0 0
Low P. steam tonne 211,800 17.95 USD/tonne 3,801,800
MEA solvent tonne 1.4 1,400 USD/tonne 1,900

Wind power O&M MW 84.0 30 USD/kW 2,520,000
Solar power O&M MW 9.5 9.5 USD/kW 90,700
Tap water Consumable m3 81,730 2.20 USD/m3 179,400
H2O demin. O&M m3 1.22e+5 0.54 USD/m3 66,000

Electrolyser

Electricity MW 88.6 0.05 USD/kWh 38,739,300
Cooling MW 22.4 ⇡ 0 0
O&M - - 3.5% CAPEX 2,414,600
Stack rep. - - 4.61% CAPEX 3,179,200

CO2 Storage
Electricity kW 505.0 0.05 USD/kWh 221,200
Cooling kW 373.7 ⇡ 0 0
O&M - - 0.5% CAPEX ⇡ 0

H2 Storage
Electricity kW 1173.7 0.05 USD/kWh 514,100
Cooling kW 1029.3 ⇡ 0 0
O&M - - 0.5% CAPEX ⇡ 0

Figure 5.2

Electricity kW 520.7 0.05 USD/kWh 228,100
Cooling water MW 16.068 ⇡ 0 0
Refrigerant tonne 52,800 ⇡ 0 0
Low P. steam tonne 105,400 17.95 USD/tonne 1,890,900
High P. steam tonne 800 25.82 USD/tonne 21,100
MeOH catalyst tonne 4.2 17,500 USD/tonne 73,000

OPEX 53,980,400
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Table 6.4: OPEX of System 2, where MeOH is converted to BTX and other chemicals which are sold as the
final products. The annual cost of the subsystems and the total OPEX is given in USD.

Subsystem OPEX Type Unit Quantity Unit cost Annual cost [USD]

Carbon
Capture

Electricity kW 89.6 0.05 USD/kWh 39,300
Cooling water MW 5.0 ⇡ 0 0
Low P. steam tonne 211,800 17.95 USD/tonne 3,801,800
MEA solvent tonne 1.6 1,400 USD/tonne 1,900

Wind power O&M MW 84.0 30 USD/kW 2,520,000
Solar power O&M MW 9.5 9.5 USD/kW 90,700
Tap water Consumable m3 36,638 2.20 USD/m3 80,400
H2O demin. O&M m3 1.15e+5 0.54 USD/m3 62,200

Electrolyser

Electricity MW 83.4 0.05 USD/kWh 36,542,800
Cooling MW 21.1 ⇡ 0 0
O&M - - 3.5% CAPEX 2,277,700
Stack rep. - - 4.61% CAPEX 2,998,900

CO2 Storage
Electricity kW 505.0 0.05 USD/kWh 221,200
Cooling kW 373.7 ⇡ 0 0
O&M - - 0.5% CAPEX ⇡ 0

H2 Storage
Electricity kW 1,107.2 0.05 USD/kWh 484,900
Cooling kW 1,029.3 ⇡ 0 0
O&M - - 0.5% CAPEX ⇡ 0

Figure 5.4

Electricity kW 4,614 0.05 USD/kWh 2,021,000
Cooling water MW 19.0 ⇡ 0 0
Refrigerant tonne 52,800 ⇡ 0 0
Low P. steam tonne 27,500 17.95 USD/tonne 494,000
MeOH catalyst tonne 4.2 17,500 USD/tonne 73,000
BTX catalyst tonne 22.6 17,500 USD/tonne 395,700

BTX Sep.
Column Electricity MW 7.4 0.05 USD/kWh 3,258,700

BTX Sep.
Compressor Electricity MW 10.4 0.05 USD/kWh 4,537,700

OPEX 59,904,800
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6.5 Economic Assessment

The costs associated with the above CAPEX and OPEX Tables of 6.1 to 6.4 are compiled
into pie-charts, shown in Figure 6.1, to signify the distribution of the various subsystems.
The category Others in the pie-charts with respect to the CAPEX, consists of the H2O
demineraliser and storage units. With respect to OPEX it consists of H2O supply, H2O
demineraliser and storage units.

4.3% C.C.
49.5% Wind P.
3.2% Solar P.

30.7% Electro.
2.8% Figure 5.2
9.5% Others

(a) CAPEX of System 1.

4.2% C.C.
47.5% Wind P.
3.0% Solar P.

27.7% Electro.
7.6% Figure 5.4
1.0% BTX Sep.
9.0% Others

(b) CAPEX of System 2.

7.1% C.C.
4.7% Wind P.
0.2% Solar P.

82.1% Electro.
4.1% Figure 5.2
1.8% Others

(c) OPEX of System 1.

6.4% C.C.
4.2% Wind P.
0.2% Solar P.

69.8% Electro.
5.0% Figure 5.4

13.0% BTX Sep.
1.5% Others

(d) OPEX of System 2.

Figure 6.1: Distribution of CAPEX and OPEX from Table 6.1 to 6.4. The pie-charts include the following:
carbon capture (C.C.), wind power (Wind P.), solar power (Solar P.), electrolyser (Electro.), the subsystems
shown in Figure 5.2 and 5.4, and BTX separation (BTX Sep.) for System 2.

According to Table 6.1 and 6.2 the CAPEX is increased by approximately 10 MUSD
from System 1 to System 2. The majority of this increment is due to the steady state
subsystem of System 2 being more expensive than for System 1. In addition, the separation
of the products produced by the BTX synthesis result in an additional expense. This is
illustrated in Figure 6.1(a) and 6.1(b). Additionally, the electrolyser is reduced for System
2 compared to System 1 resulting in lowering the fractional CAPEX of this unit.

With respect to the OPEX, System 2 is approximately 6 MUSD/year more expensive
than System 1, where the differences of the two systems are indirectly shown in Figure
6.1 (c) and (d). System 2 introduces the separation of BTX which increases the OPEX.
Additionally, the steady state subsystem in System 2 further increases the OPEX. However,
as seen from Table 6.4 on the previous page the contribution of the electrolyser, with
respect to the OPEX, is reduced for System 2. This occurs since H2 is recirculated from the
BTX synthesis to the MeOH synthesis, of which the utility requirement of the electrolyser
is reduced.
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6.6 Sensitivity Analysis

Given the CAPEX and the OPEX, a sensitivity analysis can be conducted for each system.
As discussed, some of the parameters with respect to both the CAPEX and OPEX are
relatively unreliable, meaning their values may not be representative. Even though this is
the case for multiple parameters, only a few are of interest due to their expected significant
influence towards the profit. Within the first eight rows in Table 6.5 on the following page
are the parameters which are of interest for both systems, whereas the last row is only
investigated when considering System 2. In total, seven parameters are of interest for both
systems: the electricity price, CAPEX and OPEX of the electrolyser, the interest rate and
payback period for the loan, the asking price of the O2 and lastly the asking prices for the
products.

The price of the electricity, as well as the interest rate and payback period, are param-
eters which are affected by the size of the system. Independent of which end product is
desired, the total electricity demand is of a magnitude which corresponds to the cheapest
available prices, since both exceeds 150 GWh/year. However, these values differ, and fur-
thermore they have a significant influence on the profit. A baseline value of 0.05 USD/kWh
was chosen, where the minimum and maximum value were defined to be 0.043 USD/kWh
to 0.073 USD/kWh due to the variation in the literature. The interest rate and payback
period are dependent on multiple aspects, however both of these values are expected to
have a relatively large impact towards the profit. An interest rate of 3 % and a payback
period of 20 years were chosen to define as the baseline values. Due to their influence,
these have been cross varied as may be seen in Table 6.5 on the next page, such that the
interest rate and payback period has been investigate for 1-, 3- and 5 % for 10-, 20- and
30 years.

As discussed, the electrolyser has the greatest power consumption within the systems
independent of which end product is desired. In Section 3.3 it was stated that the model
of the electrolyser was based on empirical data obtained from a bench scaled setup. It
was further also concluded that if a commercial electrolyser was to be scaled, the power
consumption could be reduced by 13 %. Therefore, as the baseline value for the electrol-
yser is defined from the bench scaled model, the influence of a power consumption being
90 % and 80 % of the baseline power consumption is investigated. Similar to the power
consumption for the electrolyser, its CAPEX is also known to vary due to technological de-
velopment. The baseline value for the CAPEX has been defined to be 780 USD/kW where
the influence of a lower value at 480 USD/kW and an increased value at 1,080 USD/kW
are further analysed. The primary product from the electrolyser is the H2, however O2 is
also produced, which could be sold. As previously discussed the price of the O2 can vary
from which it is included in the sensitivity analysis. The baseline value is defined by an
asking price of 40 USD/tonne from which it has been varied by ±50 %.

The last parameter which is expected to influence both systems is the asking price for
the end products. Initially the asking prices of the products were defined to equal those
produced from non-renewable sources. However, it is expected that the asking prices
should be greater when the products are produced from renewable sources. All of the
product prices have therefore been upscaled by a factor of 1.5 and 2.0 in the sensitivity
analysis.

For System 2, an additional parameter is of interest, which is the separation of the prod-
ucts produced from the BTX synthesis. As stated in Section 2.6 the product stream, when
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producing BTX, consists of 17 different species from which the complexity of modelling
this separation was deemed out of scope for the presented study. Instead it was based on
literature with a similar product stream, however, due to the inequality of product species,
the CAPEX and OPEX for this process is expected to differ. The major difference between
the product streams is the absence of H2O in the literature. This occurs due to their re-
actant being ethane instead of MeOH. Since the separation of H2O is relatively energy
demanding, the baseline values for the CAPEX and OPEX are only upscaled, by a factor
of 1.5 and 2.0.

All the values used in the sensitivity analysis may be seen in Table 6.5.

Table 6.5: Parameters which will be analysed in the sensitivity analysis.

Parameter Unit Baseline Value Variation 1 Variation 2
Electricity Price [USD/kWh] 0.05 0.0426 0.0726
Electrolyser OPEX [%] 100 90 80
Electrolyser CAPEX [USD/kW] 780 480 1080
Interest Rate - 10 years [%] 3 1 5
Interest Rate - 20 years [%] 3 1 5
Interest Rate - 30 years [%] 3 1 5
O2 Price [USD/tonne] 40 20 60
Green Price factor [-] 1.0 1.5 2.0
Worst/Best Case [-] - Worst Best
BTX separation factor [-] 1.0 1.5 2.0

From Table 6.5 the discussed variations may be seen, as well as their initial values.
However, an additional factor is also investigated denoted Worst/Best Case. This is in-
cluded in order to investigate the minimum and maximum obtainable profit. The Best
case is defined with the lowest prices for the electricity as well as the CAPEX and OPEX of
the electrolyser. Furthermore, it is also defined with the lowest BTX separation factor and
with the highest asking price for the products. The interest rate is reduced to 1 % whereas
the payback period is kept at 20 years. Contrary, the Worst case is defined opposite to the
Best case.

With the baseline values defined for both systems, the sensitivity analysis can be con-
ducted.

6.6.1 Sensitivity Analysis for System 1

Given the baseline values, the CAPEX and profit can be estimated for System 1 as may
be seen in Table 6.6 on the facing page. The annual profit during the loan is determined
using Eq. 6.1, which predicts the necessary yearly payment needed to pay back the loan
with a fixed interest rate

 = b · (1 + g)l � t

g
· ((1 + g)l � 1) (6.1)

where  is the balance after l number of periods, b is the initial loan, t is the yearly
payment, and g is the interest rate per period.  is set equal to zero to determine the
yearly payment required to payback the loan, and the equation is isolated with respect to
t.
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Table 6.6: CAPEX for baseline System 1 where MeOH is the desired end product, as well as the total loan
expenditure. The profit during the payback of the loan and the profit after the loan is also shown.

Price [USD]
CAPEX 224,698,000
Total Loan Expenditure 302,064,500
Annual Profit During Loan -25,576,100
Annual Profit After Loan -10,472,900

From Table 6.6, the CAPEX and the total loan expenditure may be seen, which cor-
responds to a cost for the loan of approximately 77,366,500 USD. It may further be seen
that both during and after the payback of the loan, System 1 produces a deficit. However,
as formerly discussed, different parameters have a relatively significant influence on the
possible profit from which a sensitivity analysis is required. The sensitivity analysis for
System 1 may be seen in Figure 6.2.
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Figure 6.2: Sensitivity analysis for System 1, varied according to Table 6.5 on the preceding page.

As was shown in Table 6.6 it may also be seen in Figure 6.2 that the baseline value for
System 1 results in a deficit. This was expected since the asking price for the Green MeOH
is defined to equal the price of MeOH produced by non-renewable sources. However, in
order to be classified as Green MeOH, electrolysis is required for the supply of H2. This
has a relatively large impact on the baseline value for the MeOH which may be seen from
the first three variations in Figure 6.2. Here it is shown that a reduction in the electricity
price can reduce the deficit by approximately 15 %. Furthermore, the variations of the
OPEX for the electrolyser, corresponds to reductions of the deficit by approximately 15 %
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and 30 %. Lastly, with respect to electrolyser, the CAPEX has also been varied which
corresponds to a change in the baseline value by ±12 %. It can therefore be concluded that
as an isolated component the electrolyser has a relatively significant influence towards the
possible profit, from which more precise values with respect to the electrolyser is required
in order to determine the possible profit.

From the consecutive three variations, the influence of the interest rate linked with the
payback period may be seen. As expected it can be concluded that with a higher interest
rate, the deficit increases. Likewise, the shorter the payback period, the greater the deficit
becomes. The latter occurs since the price for the loan decreases as the payback period
is shortened, however, the loan has to be payed back faster which affects the possible
profit during the payback period. Also, the relative change between 10- and 20 years is
greater than for 20- and 30 years, which is due to the influence of the interest rate. It can
therefore be concluded that the interest rate has a relatively significant influence towards
the possible profit.

Additionally, the asking price of O2 was varied. It may be seen that this variation has
the smallest influence towards the baseline value. It was varied by ±50 % from the baseline
value corresponding to a change in the deficit by approximately ±9 %. It can hereby be
concluded that the asking price for the O2 is the least significant value of those which were
varied.

From Figure 6.2 on the previous page it may be seen that the variation of the asking
price for the end products has the greatest influence on the baseline value as an isolated
parameter. Yet, by up-scaling the asking price of the Green MeOH by a factor of 1.5
System 1 will remain unprofitable, whereas a factor of 2.0 corresponds to a profit of ap-
proximately 2,056,300 USD. This trend was expected since the production of MeOH from
non-renewable sources are well developed, resulting in relatively cheap prices. However,
by producing Green MeOH the processes are more energy demanding as was concluded
due to the electrolyser. It can therefore be concluded that it is necessary to increase the
asking price for the Green MeOH in order to produce a profit. This influence may further
also be seen in the last variation which is the Worst- and Best case. From this analysis it
can be concluded that the Worst case results in a deficit of 47,445,500 USD, whereas the
Best case results in a profit of approximately 21,041,000 USD.

From the sensitivity analysis regarding System 1, it can be concluded that the baseline
value produces a deficit. It can further be concluded that the model is mostly sensitive with
respect to the asking price for the Green MeOH. Therefore, in order to estimate if System
1 can become profitable, a precise value for the asking price of the produced Green MeOH
is required.

6.6.2 Sensitivity Analysis for System 2

Given the baseline values, the CAPEX and profit can be estimated for System 2 where
BTX is the desired end product as may be seen in Table 6.7 on the facing page. The
annual profit during the loan is determined using Eq. 6.1 on page 116, which predicts the
necessary yearly payment needed to pay back the loan with a fixed interest rate.
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Table 6.7: CAPEX for baseline System 2, where BTX is the desired end product, as well as the total loan
expenditure. The profit during the payback of the loan and further also the profit after the loan is also shown.

Price [USD]
CAPEX 234,543,800
Total Loan Expenditure 315,300,400
Annual Profit During Loan 1,212,300
Annual Profit After Loan 16,977,300

From Table 6.7 the CAPEX and the total loan expenditure may be seen, which cor-
responds to a cost for the loan of approximately 80,756,600 USD. Contrary to System 1,
System 2 produces a profit both during and after the payback period of the loan. Also,
similar to System 1, different parameters have a relatively significant influence towards the
possible profit from which a sensitivity analysis is required. The sensitivity analysis for
System 2 may be seen in Figure 6.3.
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Figure 6.3: Sensitivity analysis for System 2, varied according to Table 6.5 on page 116.

As was shown in Table 6.7 it may also be seen in Figure 6.3 that the baseline value
for System 2 results in a profit. From System 2, H2 was separated and recycled back
to the MeOH synthesis from which the electrolyser was reduced in size. This reduction
affects the absolute influence of the electrolyser towards the baseline value. The sensitivity
analysis of System 1 showed that regardless of the variation in the electricity price and
the CAPEX or OPEX of the electrolyser, a profit would not be produced. However, these
variations affect System 2, such that it may produce a deficit, instead of the profit defined
from the baseline value. Given the baseline value for System 2 being relatively close to
0 MUSD, a variation of the electricity price changes whether System 2 produces a profit
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or deficit. This trend is also equal for the variation of the CAPEX for the electrolyser.
However, as expected the reduction of the OPEX for the electrolyser only increases the
profit. It can therefore be concluded that System 2 is relatively sensitive to the electrolyser,
when determining whether it produces a profit or deficit.

The variation of the interest rate and payback period also affects whether System 2
produces a profit or deficit. Regardless of the interest rate, when the payback period is
10 years, System 2 produces a deficit. However, depending on the interest rate with a
payback period of 20 years, System 2 either produces a profit or a deficit. Though, with a
payback period of 30 years System 2 produces a profit regardless of the interest rate. It can
therefore be concluded that the interest rate and payback period is crucial when estimating
whether System 2 will produce a profit or deficit.

The variation of the O2 asking price affects the baseline value by approximately ±80 %,
however, regardless of which value is chosen, the output remains a profit. It can be con-
cluded that the possible profit is relatively sensitive to the asking price of the O2. It can
however be seen from the figure that the parameter which has the greatest influence to-
wards the possible profit, is the asking price for the products. By increasing the asking
price for the products by a factor of 1.5 and 2.0, the profit increases by a factor of 13 and
25, respectively. This may further also be seen from the Best case scenario which increases
the profit by a factor of 32, yielding a profit of approximately 80,469,000 USD. The Worst
case corresponds however to a deficit of approximately �35,267,100 USD. One of the pa-
rameters which contributes to this relatively large deficit is the separation of the product
stream from the BTX subsystem. The conversion of MeOH to BTX results in a product
distribution of 17 species. In order to separate these and thereby sell them, a number of
simplifications were made. To account for this simplification, the CAPEX and OPEX for
the BTX separation have been increased by a factor of 1.5 and 2 which both result in a
deficit.

From the sensitivity analysis of System 2, it can be concluded that the baseline value
produces a profit. However, this profit is relatively sensitive with respect to the mentioned
parameters, from which it could produce a deficit instead of profit. Similar to System 1,
System 2 is also most sensitive with respect to the asking price of the Green products.
However, similar to System 1, precise values for the asking prices are required in order to
estimate the potential of the System 2.

From both sensitivity analyses it may be concluded that two parameters have the greatest influence
towards the baseline value, being the electricity price and the asking prices for the products. In
general, System 1 is less sensitive to all the parameters compared to System 2, with respect to a
change in whether it produce a deficit or profit. This occurs since System 1 produces a relatively
large deficit, compared to System 2 which produces a small profit. Since System 2 only produces a
small profit it is more sensitive to all the parameters with respect to whether or not it produces a
deficit or profit.

Since the electricity price and the asking prices for the products have such significant influence,
it can be concluded that these values should be further investigated in order to estimate a more
representative feasibility for both systems. Nonetheless, System 2, where BTX is the desired end
product, displays the greatest possible profit, from which it may be concluded that System 2 should
be chosen rather than System 1. It should however be noticed that the possible profit from System 2
is based on a product distribution which has not been validated. Therefore, in order to definitively
conclude which system is the most profitable, this product distribution must be validated.
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Discussion
In this chapter the most considerable assumptions will be discussed. The first concerns
the cooling and the second concerns the product distribution of System 2. A significant
amount of cooling is required throughout the two systems, where an initial assumption
was applied that it could mainly be supplied by district cooling. With respect to the
product distribution for System 2, this assumption was made due to literature listing the
species as lumped products. However, this clearly influenced the feasibility of System 2 as
presented in 6.

7.1 Cooling

Cooling is required throughout the systems which was either supplied by the district
heating network or district cooling. If district heating is utilised the cooling could become a
revenue, whereas the district cooling could be supplied from the quarry located in Rørdal.
Regarding district heating, only one stream was chosen, in System 2, to transfer energy,
due to the constraint that the integration of district heating must result in an income.
However, the Danish government has designed the law regarding district heating such
that it is not profitable for companies to rely on this income to be significant in their total
profit. This has been done in order to force companies to become more energy efficient
[Energistyrelsen, 2021a]. Therefore, since the additional income is used as the constraint,
it results in only one stream being utilised, from which the remaining cooling must be
supplied from district cooling. The required district cooling of System 1 was determined
to be 44.86 MW and 46.46 MW for System 2, according to Table 6.3 and 6.4 on page 113. It
has been assumed that the district cooling is supplied from the quarry located in Rørdal.
A district cooling network from the formerly mentioned quarry, is already connected to
"Aalborg University Hospital" where the pipelines are located near RenoNord. As such
it is expected that the installation costs would be insignificant if either system of this
presented study was to be connected. Even though this cooling system should be fairly
easy to access, the capacity must be considered. The currently established district cooling
network has a capacity of 7.3 MW which is able to be upgraded to a capacity of 11.0 MW
[Pedersen, 2021]. This suffices the cooling requirement of "Aalborg University Hospital" of
which it is expected that an excess cooling of at least 3.7 MW would be available from the
quarry located in Rørdal. Yet, this does not suffice the cooling requirement of the systems
of the presented study, hence an alternative solution must be made. As such the cooling
of "Nordjylland Power Station" will be investigated in order to assess if the cooling of the
systems of the presented study could utilise the same cooling procedure.

This power station is a coal fired combined heat- and power plant located just north
of Aalborg, by the coast of the Limfjord. The cooling of the power plant is supplied by
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water from the fjord, after which the heated water is discharged back into the fjord. It was
assessed in 1993, prior to the establishment of the plant, that it would not significantly
impact the fjord if this method was utilised [Amt, 1993]. The temperature difference be-
tween the inlet and outlet of the cooling water is 12 �C and its maximum volume flow
is estimated to be 27 m3/s [Naturstyrelsen, 2011][Kommune, 2011]. Applying the same
temperature difference, the corresponding volume flow of cooling water in the presented
study can be compared to the quantity used by this power station, to estimate if it would
be realistic to utilise the fjord to cool the systems. Assuming the H2O to be at standard
conditions for the calculations, the corresponding volume flows of System 1 and System
2 become 0.89 m3/s and 0.93 m3/s, respectively. However, even if this implementation is
deemed achievable, it would require further agreement with Aalborg municipality and
the Danish government due to the possible environmental impact. Utilising this method,
the assumption regarding negligible OPEX associated with cooling is accepted. Yet, this
implementation might increase the CAPEX significantly which should also be included.

7.2 Product Distribution of System 2

In Table 4.11 on page 83 the prices for the different species produced in the BTX synthesis
were shown where it was found that they varied from 51 USD/tonne to 34,571 USD/tonne.
Since the distribution of the species has not been validated, the income for the products
formed in the BTX synthesis may not be representative, due to this relatively large price
variation. The study of which the reaction scheme is based on, only defines the lumped
product distribution of the Light Gases, Alkanes, Aromatics, Others and Heavy. Since the
individual molar fraction of the species within these lumped products cannot be validated
and their individual prices vary significantly, the profit for these products may not be rep-
resentative. This could influence the economics such that System 1 may be more lucrative
than System 2. Therefore, in order to validate the possible income of selling the products it
is required that experiments are conducted in order to determine the product distribution
of each species.
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Conclusion
The objective of the presented study was to conduct a techno-economic analysis, in order
to determine if the production of Green methanol would be more profitable compared
to converting it to Green BTX. In order to make this assessment, modelling of the entire
system was required, from the initial constituents being the CO2 captured in the flue gas
of RenoNord and the H2 dissociated from H2O electrolysis. Two models were designed,
one for each system, depending on the desired end product. Both models were designed
equally up to the point where the produced methanol should either be distilled or con-
verted into BTX.

Both the carbon capture and electrolyser were made as dynamic models, due to the
fluctuation of the CO2 flow caused by variations in heat and electricity produced by
RenoNord. Furthermore, the electricity supplied to the electrolyser varied, due to it partly
being supplied from renewable sources. The renewable energy was partly produced by
20 4.2 MW wind turbines and PV panels with a capacity of 9.5 MW, while the remainder
was supplied by the grid. The modelling of the carbon capture subsystem was based on
literature. The electrolyser was based on a bench scaled system, where it was determined
that the energy contribution could be reduced by 13 % if it was scaled according to the
performance of a commercialised electrolyser. It was of interest to operate the methanol
synthesis at steady state in order to avoid partial loading which could reduce its efficiency.
In order to achieve this, storage of both CO2 and H2 was incorporated to convert the
fluctuating inputs into steady state outputs. The methanol synthesis was also based on
a literature, from which an optimisation algorithm was implemented, in order to achieve
the highest yield of methanol. The end product for the first system was Green methanol
from which two different distillations were implemented to achieve high purity Green
methanol. The purpose of the first distillation, was to remove the gases which were dis-
solved in the liquid. Secondly, a liquid-liquid distillation was implemented in order to
separate the remaining mixture, consisting of water and methanol.

System 2 was implemented as a continuation of System 1 after its first distillation,
where only the liquids remained from the methanol synthesis. The BTX synthesis was
also based on literature. The conversion of methanol into BTX is unexplored from which
limited data were available. The study, from which the BTX conversion was based upon,
only defined the lumped product distributions and not the individual species. As such
it became difficult to verify the resulting product distribution. In order replicate the re-
sults listed in the study, an optimisation algorithm was implemented which resulted in
acceptable differences, from which the product distribution was defined. Following the
BTX synthesis, separation of these products was required. The methanol to BTX con-
version resulted in 17 species from which modelling this separation would be complex.
Instead the separation of these species would be based on literature. A relatively similar
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study was found, which defined a separation subsystem for the products acquired from
the conversion of Ethane to BTX. The major difference, between the presented study and
this literature, was the water that occurred when converting methanol to BTX compared
to Ethane to BTX. However, from the study a separation subsystem was defined such that
the most profitable species could be separated.

With both systems defined, heat integration was applied for both systems in order to
reduce their utilities. This resulted in a utility cost reduction for heaters, coolers and heat
exchangers at 97.0 % and 97.3 % for System 1 and System 2, respectively. Before concluding
which system would be the most profitable, a sensitivity analysis was conducted for each
system in order to investigate the influence of different parameters, which were expected
to significantly influence the profit. From these sensitivity analyses it was determined that
System 1, where methanol was the desired end product, produced a deficit, contrary to
System 2 where BTX was the desired end product. System 1 produced an annual deficit
of 25,576,100 USD but showed the potential profit of 21,041,000 USD when considering the
Best case. System 2 produced an annual profit of 1,212,300 USD but showed a potential
profit of 80,469,000 USD when considering the Best case scenario. Initially, the asking
prices were based on products which were produced from non-renewable sources. How-
ever, the products of the presented study were produced from renewable sources from
which they could be classified as Green products, of which it was expected that these
products had a greater asking price. As such the asking prices of the products were varied
in the sensitivity analysis, which concluded that these had the greatest influence on their
profitability.

Initially, it could be concluded that System 2 was the most profitable system, however,
one simplification must be taken into account, which was with respect to the separation of
the products produced in the BTX subsystem. The Alkanes: C4H10, C5H12 and C6H14 were
separated as one lumped product along with the excess methanol, and sold as one, which
was known to not be representative. BTX consist of benzene, toluene and xylene where
the two latter species were separated together and sold as one. The benzene was separated
along with the excess water and further discarded due to its relatively low annual amount.
Both C9H12 and C10H14 were separated and sold individually.

The presented study can hence conclude that two robust models have been designed which
can be used to determine which end product is most profitable. Yet, it is necessary to ac-
quire precise prices for the end products to determine the profitability of the two systems,
as well as the product distribution of the BTX production.
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Appendix A

Acquired Results from the Sensitivity
Analysis of Flash Distillation

T MeOHD MeOHB H2OD H2OB MeOHD MeOHB Recovery
[�C]

h
kg
s

i
[wt%]

72 0.00 0.65 0.00 0.35 0.00 65.00 0.00
73 0.07 0.58 0.01 0.34 86.64 63.17 10.38
74 0.20 0.45 0.04 0.31 85.04 58.81 30.88
75 0.30 0.35 0.06 0.29 83.39 54.54 46.50
76 0.38 0.27 0.09 0.26 81.71 50.41 58.61
77 0.44 0.21 0.11 0.24 79.97 46.43 68.12
78 0.49 0.16 0.14 0.21 78.17 42.64 75.68
79 0.53 0.12 0.17 0.18 76.31 39.06 81.76
80 0.56 0.09 0.19 0.16 74.36 35.68 86.71
81 0.59 0.06 0.23 0.12 72.34 32.50 90.79
82 0.61 0.04 0.26 0.09 70.21 29.53 94.18
83 0.63 0.02 0.30 0.05 67.98 26.76 97.02
84 0.65 0.00 0.35 0.00 65.00 0.00 100.00

Table A.1: Mass flow outputs from the flash distillation at different temperatures. The distillate is denoted D,
whereas the bottom is denoted B. The weight fractions of the input is 65 wt% MeOH and 35 wt% H2O.
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T MeOHD MeOHB H2OD H2OB MeOHD MeOHB Recovery
[�C]

h
kg
s

i
[wt%]

73 0.00 0.60 0.00 0.40 0.00 60.00 0.00
74 0.04 0.56 0.01 0.39 85.04 58.81 6.43
75 0.16 0.44 0.03 0.37 83.39 54.54 26.29
76 0.25 0.35 0.06 0.34 81.71 50.41 41.74
77 0.32 0.28 0.08 0.32 79.97 46.43 53.92
78 0.38 0.22 0.11 0.29 78.17 42.64 63.65
79 0.43 0.17 0.13 0.27 76.31 39.06 71.51
80 0.47 0.13 0.16 0.24 74.36 35.68 77.92
81 0.50 0.10 0.19 0.21 72.34 32.50 83.22
82 0.53 0.07 0.22 0.18 70.21 29.53 87.64
83 0.55 0.05 0.26 0.14 67.98 26.76 91.36
84 0.57 0.03 0.30 0.10 65.64 24.17 94.52
85 0.58 0.02 0.34 0.06 63.16 21.76 97.23
86 0.60 0.00 0.40 0.00 60.00 0.00 100.00

Table A.2: Mass flow outputs from the flash distillation at different temperatures. The distillate is denoted D,
whereas the bottom is denoted B. The weight fractions of the input is 60 wt% MeOH and 40 wt% H2O.



Appendix B

Distillation Column Diameter
This appendix will present the procedure of calculating the diameter of the distillation
column which distillates the MeOH-H2O solution. The feed stream is shown in Table B.1.

Table B.1: Feed stream components.

Species Weight fraction [%] Mass flow [kg/s]
MeOH 63.94 2.27
H2O 36.16 1.28

The following two specifications are applied for the mechanical designing of the col-
umn diameter. The MeOH purity of the distillate stream must be 99.85 wt % or 99.73 mol%
and the molar reflux ratio is fixed to 1.08, which was gained from the process design.

The operational conditions throughout the distillation column is defined based on the
boiling point of the MeOH and H2O, as such it is assumed that the temperature at the top
plate is the same as the saturation temperature of MeOH. The distillation column oper-
ates at 1.1 bar of which the saturation temperature of MeOH becomes 67.12 �C. Multiple
component properties are required in the following calculations. These are shown in Table
B.2.

Table B.2: Properties at top plate conditions, T = 67.12 �C and P = 1.01 bar.

Species State Property Symbol Value Unit
MeOH N/A Molecular Weight MWMeOH 32 [kg/kmol]
H2O N/A Molecular Weight MWH2O 18 [kg/kmol]
MeOH Gas Density rMeOH,g 2.26 [kg/m3]
MeOH Liquid Density rMeOH,l 745.7 [kg/m3]
H2O Gas Density rH2O,g 0.70 [kg/m3]
H2O Liquid Density rH2O,l 979.40 [kg/m3]
MeOH Liquid Surface tension sMeOH,l 1.87e-2 [N/m]
H2O Liquid Surface tension sMeOH,l 6.50e-2 [N/m]
MeOH Liquid Viscosity µH2O,l 3.25e-4 [kg/(m · s)]
H2O Liquid Viscosity µMeOH,l 4.20e-4 [kg/(m · s)]

Firstly, the mass flow of the streams must be defined, however, the acquired reflux ratio
from the McCabe-Thiele diagram in Section 4.2 is based on mole fraction, as such the mole
flows of the streams are required to be defined. The mole flow of the distillate stream is
determined by Eq. B.1

ṅD =
ṁMeOH,feed

MWMeOH · 0.9973
= 0.07 kmol/s (B.1)
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where ṅ is molar flow, the subscript D denotes the distillate stream, ṁ is mass flow, MW is
the molecular weight and 0.9973 is the molar fraction purity requirement. The mole flow
of the vapour stream is determined based on the distillate stream and the reflux ratio as
shown in Eq. B.2

ṅV = ṅD · (1 + R) = 0.15 kmol/s (B.2)

where R is the reflux ratio and the subscript V denotes the vapour stream. The mole flow
of the liquid stream is determined by subtracting the distillate stream from the vapour
stream as shown in Eq. B.3

ṅL = ṅV � ṅD = 0.08 kmol/s (B.3)

where L denotes the liquid stream. The mass flow rate of the distillate stream is then
determined by the composition of each component and their molecular weight as shown
in Eq. B.4

ṁD = ṅD · xMeOH,D · MWMeOH + ṅD · xH2O,D · MWH2O = 2.63 kg/s (B.4)

where x is the molar fraction within the liquid. This procedure repeats for the liquid
stream, however, the composition of this stream is unknown of which a sensitivity anal-
ysis is conducted in order to determine the influence of the composition on the resulting
diameter. As such the MeOH composition of the liquid stream is varied between 0 wt %
to 100 wt %. The following presents the calculations, when the liquid consists of 50 wt %
of MeOH in the liquid stream. At first the equivalent molar fraction of MeOH is based on
the weight fraction by Eq. B.5

xMeOH,L =
wtMeOH,l/MWMeOH

wtMeOH,l/MWMeOH + wtH2O,l/MWH2O
= 0.36 (B.5)

where wt is the weight fraction and l denotes that the property is based on the specie
being on liquid state. The molar fraction of H2O is then determined by subtracting the
molar fraction of MeOH, calculated in Eq. B.5, from unity. Then, the liquid mass flow is
determined by Eq. B.6.

ṁL = ṅL · xMeOH,L · MWMeOH + ṅL · xH2O,L · MWH2O = 1.76 kg/s (B.6)

Finally, the vapour mass flow is calculated by adding the distillate- and liquid mass flow
as shown in Eq. B.7.

ṁv = ṁD + ṁL = 4.03 kg/s (B.7)

The weight fraction of the MeOH in the vapour stream is determined by Eq. B.8.

wtMeOH,V =
ṁD · wtMeOH,D + ṁL · wtMeOH,L

ṁV
= 0.78 (B.8)

The weight fraction of the H2O in the vapour stream is then defined by subtracting the
result of Eq. B.8 from unity. The density of both the liquid- and vapour stream is then
determined by Eq. B.9 and B.10

rL = rMeOH,l · wtMeOH,L + rH2O,l · wtH2O,L = 862.55 kg/m3 (B.9)

rV = rMeOH,g · wtMeOH,V + rH2O,g · wtH2O,V = 1.18 kg/m3 (B.10)
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where r is the density of the specie and g denotes that the property is based on the specie
being on gaseous state. The estimation of column diameter for both plate column and
packed column are determined by the maximum vapour velocity, however, the calculation
of the maximum vapour velocity is different for the two cases. As such the column diam-
eter is firstly determined by the procedure of the plate column, where the packed column
is investigated afterwards.

The maximum vapour velocity for the plate column is calculated by Eq. B.11.

vmax = C ·
s

rL � rV

rV
(B.11)

The capacity factor C is estimated by Eq. B.12.

C = FST · FF · FHA · CF (B.12)

where FST is the surface tension factor, FF is the foaming factor, FHA is the hole-to-active
area factor and CF is the Fair’s capacity. The Fair’s capacity is estimated by the Fair’s
correlation as shown in Figure B.1, where the value is determined by the liquid-vapour
flow factor shown in Eq. B.13 and the plate spacing.

FLV =
ṁL

ṁV
·
r

rV

rL
= 0.0162 (B.13)
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Figure B.1: Fair’s capacity correlation for different plate spacing as function of the liquid-vapour flow factor,
FLV. Adapted from Stichlmair [2010].

A plate spacing of 0.46 m is chosen, in accordance with Section 2.5.3, from which the
Fair’s capacity becomes 0.08 m/s. The surface tension of the liquid stream is calculated by
Eq. B.14, from which the surface tension factor (FST) can be determined by Eq. B.15.

sL = xMeOH · sMeOH + xH2O · sH2O = 0.04 N/m (B.14)

FST =
⇣ sL

0.02

⌘0.02
= 1.16 N/m (B.15)

The foaming factor (FF) is going to vary depending on the liquid composition. It is
known from Section 2.5.3 that foam is not present if the MeOH concentration is either
above 50 wt% or if the liquid is purely H2O [Pilling, 2015]. However, within the range of
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0 % < wtMeOH < 50 % it is unsure if foaming occurs and how significant it is. If foaming is
present in the liquid, the foaming factor is between 0.5 to 0.75 depending on the amount
of foam. As such it is a complicated endeavour to properly determine this factor with-
out experimental data. As an estimate the foaming factor is set to 0.5 within the former
mentioned range of the MeOH composition of 0 % < wtMeOH < 50 %. The remaining un-
known in Eq. B.12 on the preceding page is (FHA), which was defined to be 0.9 according
to Section 2.5.3. Since all the unknowns in Eq. B.11 on the facing page are determined, the
diameter of the distillation column can be determined, as shown in Eq. B.16.

D =

0

@ 4 · ṁV

f · p · vmax ·
⇣

1 � Ad
Atot

⌘
· rV

1

A
0.5

(B.16)

The remaining unknown in Eq. B.16 is the flooding factor f and the ratio Ad/Atot. The
flooding factor is set to 0.8 in accordance to Section 2.5.3 and Ad/Atot is determined by
the following

Ad/Atot = 0.1 for FLV  0.1
Ad/Atot = 0.1 + FLV�0.1

9 for 0.1 < FLV < 1.0
Ad/Atot = 0.2 for FLV � 1.0

Since Eq. B.13 on the preceding page yielded approximately 0.02 the corresponding
Ad/Atot becomes 0.1. Applying this values to Eq. B.16 the diameter becomes 1.60 m.
This diameter was determined from a plate spacing of 0.46 m, which is suitable when the
diameter of the distillation column is less than 1.50 m. Instead the plate spacing should
be 0.60 m which is suited when the column diameter ranges from 1.50 m to 6.00 m. By
applying the new value for plate spacing, the diameter of the plate column becomes 1.42 m.
Similar to the tray column, the packed column will be based on a correlation.

The determination of maximum vapour velocity for packed column is estimated by Eq.
B.17.

ṁ?
max =

0

B@
Fpack · rV · (rL � rV)

13.1 · ap ·
⇣

µL
rL

⌘0.1

1

CA

0.5

(B.17)

The unknowns in Eq. B.17 are the correlation factor (Fpack), the surface area per volume
of packing (ap) and the dynamic viscosity of the liquid (µL). The correlation factor is
estimated by Figure B.2 on the next page to be 3.35 when a pressure drop of 0.8 kPa is
applied and FLV = 0.0162.
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Figure B.2: Factor, Fpack, at various flow parameter values FLV and pressure drop curves. Adapted from
Towler and Sinnott [2008]

The surface area per volume of packing (ap) is determined by the chosen packing. Ac-
cording to Section 2.5.3 the packing is chosen to be Mellapak 250.Y, where the number
denotes the (ap) value. The dynamic viscosity of a mixture is known to be difficult to
predict of which it is often based on experimental data at the operating conditions and
composition Viswanath et al. [2007]. It is however often difficult to acquire correct exper-
imental data from literature, since the operational conditions often differ from the actual
system to the systems found in the literature, which is also the case for this study. In
order to overcome this challenge, the dynamic viscosity of the binary MeOH-H2O solution
is based on literature data, where the data will be extrapolated to best possibly fit the
operating temperature of approximately 67.12 �C. This is shown in Figure B.3 where the
dynamic viscosity at temperatures of 25 �C, 30 �C, 35 �C, 40 �C and 50 �C versus the molar
composition is acquired from literature. From this data the dynamic viscosity at 67.12 �C
is estimated based on trend lines.

0 10 20 30 40 50 60 70 80 90 100

0.5

1

1.5

·10�3

Mole Fraction of MeOH, [%]

D
yn

am
ic

V
is

co
si

ty
,[

Pa
·s
] T = 25 �C T = 40 �C
T = 30 �C T = 50 �C
T = 35 �C T = 67 �C

Figure B.3: Dynamic Viscosity versus MeOH molar fraction at different temperatures.

From Figure B.3, the dynamic viscosity is read to be 0.00637 Pa · s. The maximum
vapour velocity, shown in Eq. B.17 on the preceding page is then calculated to be 2.06 kg/s.
The diameter of the packed distillation column is determined by Eq. B.18.

D =

s
4
p
· ṁV

ṁ?
max

= 1.58 m (B.18)



Appendix C

BTX Conversion Rates
Given the information by Na et al. [2018], an optimisation algorithm has been developed,
in order to obtain similar results. From the optimisation algorithm the activity coefficients
are determined as may be seen in Table C.1. The first activity coefficient (R1) corresponds
to the first reaction given in Table 2.5 on page 37, R2 equal the second reaction, etc.

Table C.1: Activity coefficients for the presented study.

Activity Value [-] Activity Value [-] Activity Value [-]
R1 2.0000 R6 1.0199 R11 0.5699
R2 2.8699 R7 1.0199 R12 0.1447
R3 1.0199 R8 0.5699 R13 0.4699
R4 1.0199 R9 0.5699 - -
R5 1.0199 R10 0.5699 - -

Furthermore, the temperature and pressure of the flash separator in the system have
also been fitted in order to obtain similar conversion rates as Na et al. [2018]. This yielded
a temperature and pressure of 32 �C and 4.2 bar, respectively.

The following four figures illustrate the conversion rates and gradients for the five
lumped products, with an inlet flow composition equal to the one presented by Na et al.
[2018]. Figure C.1, C.2, C.3 and C.4 represent the Aromatics, Alkanes, Light Gases and a
combination of the Heavy component and Others, respectively.
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Figure C.1: Aromatics conversion as function of the reactor length and conversion gradient.
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Figure C.2: Alkanes conversion as function of the reactor length and conversion gradient.
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Figure C.3: Light Gases conversion as function of the reactor length and conversion gradient.
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Figure C.4: Heavy and Others conversion as function of the reactor length and conversion gradient.
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